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e i ABSTRACT

Tﬁéfﬁgss transfer characteristics of three phase fluidized beds for
the absorption of oxygen in water were investigated in this work. Overall
volumetric mass transfer coefficients were experimentally measured for the
various types of three phase fluidized beds studied, and it was found that
the mass transfer performance of three phase fluidized beds is very depen-
dent on the particle properties of the bed. Large particles of high density
material produce the best fluidized bed mass transfer performance.

Overall wolumetric mass transfer coefficients were experimentally
measured for an equivalent conventional bubble column, and it was found
that the mass transfer performance of all types of three phase fluidized
beds studied is superior to that of the conventional bubble column. It was
concluded that the three phase fluidized bed may have considerable practi-
cle value as a new efficient means of promoting oxygen transfer.

Overall volumetric mass transfer coefficients were determined based on
two flow (mixing) models, the plug flow model and the dispersion model. The
plug flow model assumes that axial liquid phase dispersion is zero, while
the dispersion model relaxes this assumption. Therefore, for application
of the dispersion model, axial liquid phase dispersion characteristics for
the systems studied were experimentally determined. Mass transfer coeffi-
cients based on the plug flow and dispersion models were compared, with the
expected result that dispersion model coefficients were larger than plug
flow model coefficients.

Since it was determined experimentally that appreciable liquid disper-
sion existed in the systems studied, the mass transfer coefficient based

on the dispersion model is a better approximation to the true mass transfer



coefficient than that based on the plug flow model. Thus, the empirical
correlations obtained from the results of this work were developed from
the dispersion model.

Empirical correlations were developed for the purpose of predicting
liquid phase dispersion and mass transfer characteristics of three phase
fluidized beds, and also for predicting mass transfer to pressure drop
performance of three phase fluidized beds as compared to the conventiomal
bubble column., The empirical correlations obtained were used for the
hypothetical design of a three phase fluidized bed for the absorption of
oxygen in water, and this design was compared to the hypothetical design

of an equivalent conventional bubble column.
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INTRODUCTION

A, Objective

The primary objective of this research was to investigate the mass
transfer characteristics of three phase fluidized beds for the absorption
of oxygen in water, and to compare the results obtained to those obtained
in the corresponding conventional bubble columns. The secondary objective
of this work was to extend the results obtained to the design of large scale
fluidized bed systems for the absorption of oxygen in water.

Recently there has been a great deal of interest in the production of
protein from hydrocarbons and in the field of sewage treatment. The most
basic problem which these two areas have in common is the absorption of
oxygen by a liquid phase, therefore, new efficient means of promoting oxygen
transfer are quite desirable. The three phase fluidized bed has been inves-
tigated in order to determine its applicability to the oxygen transfer
problem,

A great deal of design work has been done by application of two limit—
ing cases, the plug flow model and the perfectly mixed model. The three
phase fluidized bed cannot be adequately described by either of these models,
but is instead an intermediate case, best described by the dispersion model.
Therefore, the three phase fluidized bed provides a very good example of how

the dispersion model can be applied to the design of a mass transfer system.

B. Literature Survey
A search of the literature did not produce any previous work done
specifically on oxygen absorption in three phase fluidized beds. Maxon and

Johnson [7, 13] have reported some experimental work done on carbon dioxide



absorption in a three phase fluidized bed. Their work involved the absorp-—
tion of carbon dioxide in water with both 0.22 mm. sand particles and 0.50-
0.80 mm., glass particles as the fluidized bed material. According to them,
the absorption rate increased with increasing liquid velocity for all parti-
cle sizes and decreased with increasing particle size for all liquid veloc-
ities. The absorption rates were lower than those obtained in an equivalent
gas-liquid system with no particles present. This was explained as being
due to a higher rate of bubble coalescence and, consequently, a lower gas-
liquid interfacial area in the three phase fluidized bed.

Levich [7, 12] has reported some experimental work done on gas-liquid
interfacial area and bubble size in a three phase fluidized bed. According
to Levich, for the air-water system with 6.0 mm, glass particles as the
fluidized bed material, the bubble size decreased and the gas-liquid inter-
facial area increased with increasing height above the fluidized bed inlet.
Bubble breakup occurred at a higher rate in beds of low expansion. From
these results, Levich has suggested that beds of larger particles may be
of practical value because of the improved gas absorption which, presumably,
may be obtained.

In the area of liquid dispersion, Chen and Douglas [3] have reported
that for gas-liquid contact in a countercurrent turbulent bed contactor, the
axial liquid phase dispersion coefficient increases with both increasing gas
and liquid rates. In their work, the gas and liquid rates were of the same

order of magnitude in terms of lbm/hr—ftz.



THEORETLCAL

Two models of flow (mixing) which can be used to describe the mass
transfer characteristics of the three phase fluidized bed absorption system
are the plug flow model and the dispersion model. In this work, overall
volumetric mass transfer coefficients for both the plug flow model and dis-
persion model are based on a unit volume of a fluidized bed. The equations
describing the two models with the indicated basis are derived in the

s ik
Appendix.

For the plug flow meodel

I, = EXP [-(R)p] (1)

For the dispersion model

4REXP (Pe_ /2)
L
I‘e - 2 2 (2)
(1+8)" EXP(BPe; /2) - (1-8)" EXP(-EPe /2)
g=+v 1+ 4(R) p/ Pe. (3)
where
T = C _/C., dimensionless
e e i
- 3
g =¢ - C_, lbmole 0, /lbmole H.O
e e 2 2
- %
Ci =0 - Ci’ lbmole Oz/lbmole HZO
X
c = liquid phase O2 concentration at the gas-liquid interface,

Ibmole Oz/lbmole HQO

lsee Appendix, Section I.



Ce = liquid phase 02 concentration at the fluidized bed exit,
1bmole 02/1bmole H,0

Ci = liquid phase 02 concentration at the fluidized bed inlet,
1lbmole 02/lbmole H,0

(R)PF = (KLa)PFMmZ/L', dimensionless absorption number for the plug
flow model

(R)DM = (KLa)DMMmZ/L', dimensionless absorption number for the dis-
persion model

(KLa)PF = overall volumetric mass transfer coefficient for the plug

flow model, based on a unit volume of fluidized bed, lbmole/
hr—ft3—AC
(KLa)DM = overall volumetric mass transfer coefficient for the dis-

persion model, based on a unit volume of fluidized bed,

1bmole/hr-£t3-AC

PeL = L'Z/me, dimensionless axial liquid phase Peclet number

L' = guperficial liquid mass velocity based on the cross sectional
area of the fluidized bed, lbm/hr—ft2

Z = total fluidized bed length, ft

M = liquid molecular weight, lbm/lbmole

Pis = liquid density, lbm/ft3

D = apparent axial liquid phase dispersion coefficient, ftz/hr

It should be noted that D is defined as the apparent axial liquid phase
dispersion coefficient, because we have more than just the liquid phase pres-—
ent in the three phase fluidized bed. Details are shown in the Appendix.l

Dimensional analysis of PeL shows that our definition is equivalent to

1See Appendix, Section I.



Pe, = uZ/Dm} where u is the liquid velocity and Dm1 is the axial liquid
phase dispersion coefficient. Thus, our definition of PeL is consistent
with the definition found in the literature [5, 10].

The assumptions made in the development of Equations (1), (2) and (3)

are

1. Steady state operation prevails.

2. The 02 - H20 solution is wvery dilute. Therefore L'in = L'Out = L',

3. The principal resistance to mass transfer resides in the liquid
phase.

4, The gas-liquid interface is in equilibrium. The interface is at
the temperature of the liquid and the prevailing system pressure.

5. All mass transfer takes place in the fluidized bed.

6. The rate of dispersion in the radial direction is infinite and the
dispersion coefficient in the axial direction is finite and con-
stant.

7. Wall effects have a negligible influence on the performance of the
fluidized bed.

Assumption number 5 is a written statement of Danckwerts' boundary con-

dition [5] at the fluidized bed exit. This exit boundary condition assumes

that mass transfer (absorption) ceases at the fluidized bed exit, thus,

dC R

I 0 at x = Z, Although this is not exactly correct, experimental measure-
dC .

ments have shown that Pk 0 at x = 2.2 Thus, the assumption is justified.

Assumption number 6 implies that no radial concentration gradients

exist in the fluidized bed. Experimental measurements indicate that this

lSee Appendix, Section I.

2
See Experimental Section.



assumption is justified.

In regard to assumption number 7, wall effects will be negligible as
long as the ratio (Dt/Dp) is large, where Dt is the column diameter and DP
is the particle diameter. Experimental work done in packed beds [1l] indi-
cates that wall effects can be neglected for (Dt/Dp) > 6. In this work,
(Dt/DP) > 10 for all types of fluidized beds. Thus, neglecting wall effects
would appear to be justified.

For the determination of overall volumetric mass transfer coefficients
for the plug flow model, Equation (1) is directly applicable. A sample
calculation is shown in the Appendix.2 For the determination of overall
volumetric mass transfer coefficlents for the dispersion model, Equation (2)
and Equation (3) are applicable when the value of the axial liquid phase
Peclet number (PeL) is known. PeL is determined from liquid phase tracer
studies, and the equations describing the tracer model employed are developed
in the Appendix.3

For an impulse input of tracer [10, 11]

2 1

O‘ =
TG
(o]

]2

Sle/-11% a(oyae = 2(1/pe)) - 2(1/PeL)2 [1-EXP(-Pe )] (4)

where

C(t) = exit liquid phase tracer concentration as a function of time,
gm/ml

CO = bulk liquid phase tracer concentration at t = 0 based on the
liquid holdup, gm/ml

lSee Experimental Section.

2See Appendix, Section IV.

3

See Appendix, Section III.



t = time, sec
T = mean liquid residence time based on the liquid holdup, sec
02 = variance of the C(t) distribution, dimensionless

The assumptions made in the development of Equation (4) are
1. The tracer input is a perfect impulse function.
2. The system is closed. There is no liquid dispersion for x < O
and x > Z.

3. The rate of dispersion in the radial direction is infinite and

the dispersion coefficient in the axial direction is finite and
constant.

Tor the tracer studies model, assumption number 2 merits some discus-
sion. The assumption of a closed system implies that the liquid phase is in
plug flow in the column sections above and below the fluidized bed. Refer-
ring to Figure 3, this assumption is undoubtedly quite good for the entrance
section below the bed support. However, the validity of the assumption for
the exit section above the fluidized bed is questionable. One would suspect
that the turbulent flow of gas bubbles in the exit section might cause some
liquid dispersion. Assuming that D = 0 in the entrance section and allowing
for the possibility that D # 0 in the exit section, the analogous form of

Equation (4) becomes [11]

o = 2(1/Pe)) - 2(1/Pe)? [1-a-3/20° + (0~1)EXP (~Pe )] (5)
where
o = De/D, dimensionless
D = apparent axial liquid phase dispersion coefficient in the exit

section, ft2/hr



D = apparent axial liquid phase dispersion coefficient in the fluid-
ized bed, £t /hr
Comparison of Equation (4) and Equation (5) shows that when De = 0
(a=0), Equation (5) reduces to Equation (4). We also see that for a fixed
value of a < 1, as 02 -+ 1, the respective values of PeL calculated from
Equation (4) and Equation (5) deviate further and further. The largest
experimental value of 62 determined was 62 = 0.74. Tor 02 = 0.74, Equation

(4) predicts the value of PeL to be 1.0. At the same experimental conditions

= 1,0 for the fluidized bed, the value of Pe  was found to be

for which Pe .

L

4.8 for the plain bubble column,l as determined from Equation (4). Assuming
that the value of De for the exit section above the fluidized bed is close

to the value of D in the plain bubble column at the same operating condi-

tions, we can estimate that De/D =0 £ 1,0/4.8 = 0.208 for the situation

where PeL was found to be 1.0 for the fluidized bed from Equation (4).
Using this estimate, for o = 0.208 and o? = 0.74, Equation (5) predicts a

value for PeL of 1.8. Thus, at the worst possible conditions for agreement

between Equation (4) and Equation (5) (62+1, PeL+0) Equation 4 predicts a

value of PeL = 1.0 and Equation (5) predicts a value of PeL = 1.8 for the

_ fluidized bed. This discrepancy is within the range of experimental devia-
tion encountered.2 Thus, the use of Equation (4) to caleculate experimental
is justified.

values of PeL

PeL is determined from Equation (4), and a graphical solution of Equa-
tion (4) is shown in Figure 1 for the range of variance encountered. R is

determined from Equation (2), and a graphical solution of Equation (2) is

1See Figure 14.

ZSee Figure 9 through Figure 13.



shown in Figure Z2a through Figure 2c¢. The overall volumetric mass transfer
coefficient for the dispersion model is determined by application of Equa-
tions (2), (3) and (4). A sample calculation is shown in the Appendix.

The equation describing the perfectly mixed model is also derived in
the Appendix,2 but it is a poor model for the particular system under con-
sideration and will not be considered further. Additionally, equations are
derived in the Appendix3 for the case where the overall volumetric mass
transfer qoefficient is based on a unit volume of liquid. The mass transfer
coefficient determined on this basis is not suited well to design procedures

and will not be considered further.

1
See Appendix, Section V.
2
See Appendix, Section I.

3See Appendix, Section II.
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EXPERIMENTAL

The basic experimental apparatus is shown in Figure 3. A 2.0" I.D.
glass column was used to house the three phase fluidized bed and a fine mesh
copper screen was used as the bed support. The three phase fluidized beds
investigated were composed of various size and density spherical particles.
Copper, stainless steel, and glass spheres were utilized at sizes from
1/16" to 3/16" in diameter and demsities from 0.0938 1b /in® to 0.322 1b_/in’.

The liquid flow rate to the column was controlled with a liquid rotam-
eter in conjunction with an overhead constant head tank. Two different
liquid rotameters were used, one was calibrated for low liquid rates and
the other for high liquid rates. The gas flow rate to the column was con-
trolled with a gas rotameter in conjunction with a compressed oxygen bottle.
The gas inlet to the column was a 1/2" diameter pipe. This was done in
order to produce relatively large bubbles, so that the bubble breakup effec-
tiveness of the fluidized bed could be determined. Also, the gas inlet was
placed within 1" of the bed support in order to eliminate any premixing of
the two phases.

Pressure gauges were installed at the column inlet and outlet in order
to measure average column operating pressures for equilibrium calculations.
For measurement of fluidization onset velocities, the pressure gauges were
removed and a mercury manometer was utilized to measure pressure drop quite
accurately. Liquid sampling points were provided at the column inlet and
outlet in order to measure dissolved oxygen concentration and temperature of
the liquid phase. The liquid sample at the column outlet was obtained by
extending a 1/8" plastic tube down from the top of the column to the top of

the expanded bed. It was found that no dissolved oxygen concentration change
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could be detected between the top of the expanded bed and the top of the
column, when the distance was 5'" or less, TFor a distance of greater than
5", only a very small dissolved oxygen concentration change could be de-
tected., Also, dissclved oxygen concentrations were measured across the
column cross section, and no radial concentration gradients were detected.
Dissolved oxygen concentrations were measured with a lead-silver con-

"oxygen analyzer." Liquid temperatures were measured with a

ductance cell
mercury thermometer for the purpese of equilibrium calculations. All ex—
perimental data was taken at an average liquid temperature of 18.5°C, the
range of deviation being +0.5°C,

Tracer studies were carried out on the liquid phase in order to access
the degree of liquid dispersion over the range of experimental operating
conditions. Sodium chloride solution was used as the tracer material, and
was injected into the three phase fluidized bed as an impulse through a
1/16" stainless steel tube. A ground glass syringe was used to inject the
tracer., The tracer exit concentration as a function of time at the top of
the expanded bed was measured with a salinity probe in conjunction with a
conductance meter and recorder printout.

Experimental values of the axial liquid phase Peclet number (PeL) are

<

<
reported over the range of experimental gas rates, 14.3 = G' 43,0, Ini-

tially, Pe. was measured over this range of experimental gas rates while

L
holding the liquid rate constant. It was found that PeL did not wvary to any
significant extent with gas rate, the variation being on the same order of
magnitude as the experimental deviation found in measurement of PeL at

identical liquid and gas rates on successive runs. Thus, all experimental

measurements of PeL were taken at the median gas rate, and considered to be
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the same over the range of experimental gas rates, 14.3 26" 2 43.0.

At this point it would be well to briefly discuss the rationale behind
the ranges of liquid and gas rates investigated experimentally. The experi-
mental liquid rates were chosen in order to operate the fluidized beds at
fairly small bed expansions, i.e., less than 50%. At a large bed expansion,
the particles are a relatively large distance apart and the fluidized bed
approaches the operation of a plain bubble column. This was to be avoided
since the effect of the fluidized bed on mass transfer was to be determined.
The experimental gas rates were chosen by visual observation. A G' of 14.3
corresponds to a smooth even flow of gas bubbles through the column. A G'
of 43.0 corresponds to a very turbulent flow of gas bubbles through the col-
umn. For G' < 14.3, a pulsating flow of gas bubbles was produced, For
G' > 43.0 considerable gas "slugging" [8, 9] was produced. Both phenomena

are to be avoided in order to obtain reliable experimental data.
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@ Water and Oxygen

r = to sewer

1 (10)

Jn BOINO
Water suEE‘ly from E_'f o f"_\,__\*;\_:\‘ Oxygen supply
constant head tank o from Oxygen bottle
TR /Gloss column
(n (7)

P Fluidized bed

Chly

(3)

(1) Liquid flow control valve

(2) Liquid rotameter

(3) Inlet liquid sampling valve
(4) Tracer Inlet tube

(5) Copper screen bed support

( 6) Gas rotameter

(7) Gas flow control valve

(8) Tracer.outlet probe

(9) Exit liquid sampling valve

(10} Conductance meter and recorder

Fig.3. Experimental apparatus schematic.
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RESULTS AND DISCUSSION
A, Mass Transfer, Axial Liquid Phase Dispersion, Pressure Drop, and Bed
Expansion Characteristics of the Systems Studied.

Experimentally measured overall volumetric mass transfer coefficients
based on the plug flow model (KLa)PF are shown in Figure 4 through Figure 8.
Fluidized bed mass transfer coefficients are presented as a function of
(L'—L'min) with G' as a parameter. Mass transfer coefficients for the plain
bubble column are presented as a function of L' with G' as a parameter. A
sample calculation of the plug flow model mass transfer coefficient (KLa)PF
is shown in the Appendix.l

Experimentally measured axial liquid phase Peclet numbers (PeL) are
shown in Figure 9 through Figure 14, Fluldized bed Peclet numbers are pre-
sented as a function of (L'nL'min) over the range of experimental gas rates,
14.3 < G' £_43.0.2 Peclet numbers for the plain bubble column are presented
as a function of L' over the range of experimental gas rates. A sample cal-
culation of Pe_ is shown in the Appendix.3 From Figure 9 through Figure 14,

L

we see that PeL decreases with increasing liquid rate. From the definition

of PeL,4 it is obvious that the apparent axial liquid phase dispersion coef-
ficient (D) increases rapidly with liquid rate. Chen and Douglas [3] have
reported that for gas-liquid contact in a countercurrent turbulent bed con-

tactor, the axial liquid phase dispersion coefficient increases with both

increasing gas and liquid rates. Obviously, we have obtained the same result

1

See Appendix, Section IV.
2

See Experimental Section.
3

See Appendix, Section V.

4
See Theoretical Section.
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for increasing liquid rates, however, we found that gas rate had little
effect on the dispersion coefficient under the conditions employed in this
wvrk.l There are two probable reasons for this. First, in the experimental
work by Chen and Douglas [3], the gas and liquid rates were of the same
order of magnitude in terms of lbm/hr—ftz. In our work, the gas rates were
extremely small compared to the liquid rates. Second, Chen and Douglas [3]
used countercurrent contact. We used cocurrent contact, and would therefore
expect small gas rates to have a negligible effect on liquid phase disper-
sion coefficients.

Using the results shown in Figure 14, values of D for the various sys-—
tems were determined as a function of L' and it was found that for L' > 10.0
1bm/hr~ft2, liquid dispersion in the fluidized beds was gignificantly higher
than that in the plain bubble column. This is to be expected, since we know
that at high flow rates there can be considerable backmixing of the liquid
phase, caused by the turbulent motion of the fluidized particles. For
L' < 10.0 lbmhruftz, it was found that liquid dispersion in the fluidized
beds and that in the plain bubble column were essentially the same.

Experimentally measured mass transfer coefficients based on the disper-
sion model (KLa)DM are shown in Figure 15 through Figure 19. Here again,
fluidized bed mass transfer coefficients are presented as a function of
[L'-L"' . '] with G' as a parameter, while mass transfer coefficients for the
plain bubble column are presented as a function of L' with G' as a parameter.
A sample calculation of the dispersion model mass transfer coefficient

(K_a) is given in the A endix.2
L%/ DM PP

lSee Experimental Section.

2
See Appendix, Section V.
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From Figure 4 through Figure 8 and Figure 15 through Figure 19, we see
that the mass transfer coefficient (KLa) increases with increasing gas rate,
while holding the liquid rate constant. This is to be expected, due to the
increase in gas-liquid interfacial area as the gas rate is increased at con-
stant liquid rate. We also see that the fluidized bed mass transfer coeffi-
cient varies with the liquid rate, while holding the gas rate constant. The
degree of variation seems to depend on the type of fluidized bed. For the
plain bubble column, the mass transfer coefficient also varies with the
liquid rate, while holding the gas rate constant., However, in general it is
less dependent on liquid rate than for the fluidized beds.

Measured pressure drop data are shown in Figure 20 through Figure 24,
and are presented as a function of L' and G'. The pressure drop data shown
in Figure 20 through Figure 23 has been corrected for the contribution of
the column, and therefore represents the actual pressure drop behavior of
the particle bed.

For a hed of particles, pressure drop increases rapidly with flow rate
until the onset of fluidization is reached. Theoretically, this corresponds
to the point at which the bed pressure drop attains a constant value as the
flow rate is increased. Actually, the bed pressure drop deoes not attain an
absolute constant value, but instead increases very slowly with flow rate
after the onset of fluidization. The method used for determination of
(L'min) from pressure drop data is indicated in Figure 20 through Figure 23,
This method is the standard procedure for determination of fluidization on-
set velocities [9].

It must be pointed out here that (L'min) is the minimum liquid mass

velocity required for fluidization at zero gas rate, G' = 0. This value of
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L' was used as the base point for all liquid rates, in order that experi-
mentally measured values of PeL and (KLa) correspond to the fluidized state.
From Figure 20 through Figure 23, we see that as G' is increased, the
value of L' required for fluidization is decreased. Since the magnitude of
G' is exceedingly small compared to the magnitude of L' (L'+G'2L'), we need
to explain this phenomena. In order to estimate minimum fluidization veloc-

ities, a correlation given by Leva [9] can be used

Gmf - 688 Dpl.BZ[DF(pp B QF)]O.QA/UO.SS (6)
where
Gmf = minimum fluidization wvelocity required, lbm/hr--ft2
Dp = particle diameter, inches
Pp = fluid density, 1bm/ft3
pp = particle density, lbm/ft3
u = fluid wviscosity, ep.
Once Gmf is determined from Equation (6), if DPGmf/u > 10, a correction

factor must be applied to Gm as shown in Figure 3-15 of Leva [9]. Using

f
the correlation of Equation (6) for 0.0625" copper spheres, the value of Gmf

required for fluidization by only gas (02) was estimated to be O.lelD4

lbm/hr—ftz, and the wvalue of Gm required for fluidization by only liquid

(HZD) was estimated to be 3.68X104 lbm/hr—ftz. We see that Gm

f

£ for the gas

fluidized bed is much smaller than Gm for the liquid fluidized bed. Thus,

£
it requires a much smaller mass velocity of gas to produce fluidization than
liquid. This fact would seem to verify the results of Figure 20 through
Figure 23; even though G' is exceedingly small compared to L', it has a

significant effect upon the value of L' required for fluidization.

The fluidization pressure drop for the three phase fluidized bed is
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given byl

p_ =P 2 =
wp = [ 2 ) + BB (7

where

AP = pressure drop, lbf/ft2

W = weight of the particle bed, 1bf

A = fluidized bed cross sectional area, ft

pp = particle density, lbm/ft3

P = liquid density, lbm/ft3

pg = gas density, lbm/ft3

By = volume fraction occupied by liquid, dimensionless

Ep = volume fraction occupied by particles, dimensionless

Eg = yolume fraction occupied by gas, dimensionless

By making the assumption that (pp—pg) = pp, and using the fact that

1, Equation (7) is readily reduced to the following form

e + e + ¢
m P g

AP

Wir1 - -
111 (pm/pp) + (pm/pp) (1_€p)l (8)

We see from Equation (8) that as Eg is increased, AP will increase accord-
ingly. If AP increases monotonically with G', we can conclude that Eg in-
creases monotonically with G'.

For fluidization by only gas (02), e = 0 and Equation (8) reduces to
AP = W/A (9)
For example, using Equation (9) for gas fluidization, the fluidized bed of

lSee Appendix, Section VI.
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0.0625" copper spheres with a settled bed length of 15.5”l yields a wvalue
for AP of 6.50 in. Hg. As shown in Figure 21, the value of AP for liquid
fluidization was found to be approximately 4.10 in. Hg. Comparison of these
two values for AP indicates that AP, and consequently Eg, increases monoton-
ically as G' is increased. This further verifies the results of Figure 20
through Figure 23. Thus, Equation (8) provides a simple method for estimat-
ing the gas phase volume fraction Eg of a three phase fluidized bed from a
pressure drop measurement, which is easily obtained.

Bed expansion characteristics for each type of fluidized bed are shown

in Figure 25 through Figure 28. The bed expansion as a percentage of the

Z-Z
s

settled bed length } is presented as a function of (L‘—L'min) with G'

( Z
s

as a parameter. We see that the bed expansion increases rapidly with liquid
rate at a constant gas rate. As was the case for the pressure drop data, we
again find that even though G' is exceedingly small compared to L' (L'+G'=L'")
it has a substantial effect upon the bed expansion. We need to explain this
phenomena.

The bed expansion for the three phase fluidized bed is given by

Z-Z " L‘am G'eg
g % T 4 =R (10)
5 g
where
Z = total fluidized bed length, ft
Z8 = gettled particle bed length, ft
k = proportionality constant, hr/lbf—ft

lSee Figure 26.

2 ? ;
See Appendix, Section VIT.
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W = weight of the particle bed, 1b

£
L" = superficial liquid mass velocity, lbm/hrmft2
G' = superficial gas mass velocity, lbm/hr-——ft2
Py = liquid density, lbm/ft3
pg = gas density, 1b /ft3
€y volume fraction occupied by liquid, dimensionless
sg = volume fraction occupied by gas, dimensionless
Ep = volume fraction occupied by particles, dimensionless

Inspection of Equation (10) indicates that even though L'Em >> G'sg, the two

terms (L'em/pm) and (G'Eg/pg) may be of the same order of magnitude because

Py > pg. For example, in the sample calculation for PeL,l it was found that
for L' = lD.EOxlO4 and G' = 28.6, Sm,é 0.48 and Eg = 0.23. TFor o = 62.13

] ! = ¥ = 1
and pg 0.084, (L Em/Dm) 787. and (G Eg/pg) 78.3. Thus, even though G

is exceedingly small compared to L', it has a substantial effect upon the
bed expansion, as indicated in Figure 25 through Figure 28.

All data shown in Figure 25 through Figure 28 indicates that the bed
expansion increases with G' while holding L' constant. Several investiga-
tors [4, 14, 15, 17] have reported that for some types of three phase fluid-
ized bed systems, the bed expansion decreases with increasing gas rate while
holding the liquid rate constant, passing through a minimum point before
increasing again. They have found this phenomena to be most common in
fluidized beds of small particles with low liquid rates, and a large gas
bubble size at the injection point. Our experimental systems do not exhibit
this type of behavior.

The results shown in Figure 25 through Figure 28 are necessary for the

1See Appendix, Section V.
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determination of Z at each experimental operating condition, and hence are
1 z . ]
necessary for the calculation of (KLa) and comparison of fluidized bed with

plain bubble column pressure drop.

1
See Appendix, Sections IV and V.
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B. Mass Transfer and Pressure Drop Performance of the Systems Studied,
and Comparison of the Models Used.

In order to compare the mass transfer performance of the various fluid-
ized beds with the plain bubble column, Figure 29 through Figure 34 have been
prepared. Figure 29 through Figure 31 are based on the plug flow model, and
Figure 32 through Figure 34 are based on the dispersion model. We see that
overall volumetric mass transfer coefficients (KLa) for all types of fluid-
ized beds are significantly larger than those obtained for the plain bubble
column. The largest fluidized bed mass transfer coefficient is obtained for
the system of 0.125" copper spheres, and the coefficient is from four to six
times larger than that of the plain bubble column at equivalent operating
conditions. From Figure 29 through Figure 34, it is obvious that the mass
transfer performance of the fluidized beds investigated is superior to the
performance of the plain bubble column.

Qur experimental results are contrary to those of Maxon and Johnson
[7, 13]. In their work on carbon dioxide absorption in a three phase fluid-
ized bed, they reported that absorption rates were lower than those obtained
in an equivalent gas-liquid system with no particles present. They have
explained this as being due to a higher rate of bubble coalescence and,
consequently, a lower gas-liquid interfacial area in the three phase fluid-
ized bed. Maxon and Johnson used both 0.22 mm, sand particles and 0.50-0.80
mm. glass particles as the fluidized bed material. We used much larger
particles, varying from 1,6 to 4.8 mm., and different type particles. There-
fore, experimental results for absorption in three phase fluidized beds would
appear to be valid only for the particular type of fluidized bed material
employed. Maxon and Johnson have also pointed this out.

Our experimental results are in agreement with those of Levich [7, 12].
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He has reported that for the air-water system with 6.0 mm. glass particles
as the fluidized bed material, bubble breakup occurred to the extent of in-
creasing the gas-liquid interfacial area significantly. From these results,
Levich has suggested that beds of larger particles may be of practical value
because of the improved gas absorption which, presumably, may be obtained.
Our experimental results are in agreement with this. It does appear that
three phase fluidized beds do have practical value.

Referring to the experimental results reported by Maxon and Johnson
[7, 13] and Levich [7, 12], it might be worthwhile to briefly speculate on
the causes of the phenomena they observed. Given particles of equal den-
sity, small particles are lifted much more easily by the fluidizing media
than are large particles. Thus, in a three phase fluidized bed an ascending
gas bubble would 1ift a small particle much easier than a large particle.
For large particles then, an ascending gas bubble could meet with consid-
erable resistance and be squeezed between particles, causing bubble breakup
and a resultant increase in gas-liquid interfacial area. In contrast, small
particles may be pushed aside quite easily by an ascending gas bubble. In
this case, there would be negligible bubble breakup and the particles would
only serve to occupy volume at the expense of the gas and liquid holdups,
with the resultant decrease in gas-liquid interfacial area.

We see from Figure 29 through Figure 34 that there are significant
differences in mass transfer performance between the different types of
fluidized beds. The best mass transfer performance was obtained from the
system of 0.125" copper spheres, and visual observations lend credence to
this result. It was observed that the fluidized bed of 0.125" copper

spheres was very effective in breaking up large gas bubbles into many
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smaller ones. The large gas-liquid interfacial area produced undoubtedly
accounts for the large values of (KLa) obtained for the 0.125" copper
spheres. The second best mass transfer performance was obtained from the
system of 0.1875" stainless steel spheres. Here again, it was observed

that the fluidized bed was very effective in breaking up large gas bubbles
into many smaller ones. However, it was also observed that a considerable
amount of "slugging' [8, 9] occurred in the system of 0.1875" stainless steel
spheres. Slugs of liquid containing very few dispersed gas bubbles ascended
the column in a periodic fashion. This "slugging" phenomena reduces the
overall gas-~liquid interfacial area, resulting in smaller values of (KLa).
This phenomena was almost entirely absent for the system of 0.125" copper
spheres.

We see from Figure 29 through Figure 34 that the mass transfer perform-
ance for the system of 0.0625" copper spheres and that for the system of
0.1875" glass spheres are relatively poor compared to the two systems pre-
viously discussed. However, thelr performance is still superior to the
equivalent plain bubble column. For these two systems, it was observed that
they were both fairly ineffective in breaking up large gas bubbles into many

smaller ones. It was also observed that a considerable amount of "slugging"
occurred in the system of 0.1875" glass spheres, but was almost entirely
absent in the system of 0.0625" copper spheres.

With respect to the differences in mass transfer performance between
the different types of fluidized beds, several conclusions can be drawn.
First, for particles of equal density, increasing the particle size increases

the mass transfer performance of the fluidized bed. Second, for particles

of equal size, increasing the particle density increases the mass transfer



54

performance of the fluidized bed. Third, as particle size increases, fluid-
ized bed "slugging" increases. It must be pointed out here that the above
generalizations apply only to the range of fluidized bed properties investi-
gated.

To compare the mass transfer coefficients determined from the plug flow
model and the dispersion model, Figure 35 through Figure 39 have been pre-
pared. We see that for all types of fluidized beds as well as the plain
bubble column, the values of (KLa)DM are larger than the wvalues of (KLa)PF
at equivalent operating conditioms. Liquid dispersion in the systems lowers
the concentration driving force (C*-C) causing the mass transfer. Since
(C*—C) is smaller for the dispersion model than for the plug flow model,
(KLa) must be larger than (K for the same experimentally measured

DM 13 pp

value of T',. The difference between the experimentally determined values of

1

(KLa)PF and (KLa)DM depends both on the value Pe  and the value of Tg.

L
This causes the difference between (KLa)PF and (KLa)DM to be a function of
L', G', and the type of system, as is apparent from Figure 35 through Figure
39, Since it was determined experimentally that liquid dispersion existed
in our experimental systems (PeL%w), the mass transfer coefficient based on

the dispersion model (KLa) is a better approximation to the true mass

DM

transfer coefficient than (KLa)P Therefore, all following discussion will

B
deal exclusively with (KLa)DM.

Up to this point, all discussion has been in terms of mass transfer
performance. For completeness, we must discuss the relationship between

mass transfer performance and pressure drop for the various systems investi-

gated. In order to do this, Figure 40 through Figure 42 have been prepared.

1 ; ; : ;
See Theoretical Section, Figure 2a through Figure Z2c.
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As indicated in Figure 40, (KLa)* is a ratio of the fluidized bed mass
transfer coefficient to the plain bubble column mass transfer coefficient,
at equivalent experimental operating conditions. (KLa)* has been determined
from the dispersion model mass transfer coefficients, Figure 15 through
Figure 19. As indicated in Figure 40, (AP)* is a ratio of the fluidized bed
pressure drop to the plain bubble column pressure drop, at equivalent experi-
mental operating conditions, and at the same length and cross sectional area.
Thus, the experimental data from Figure 20 through Figure 28 have been used
to determine (AP)* for equivalent lengths.

In Figure 40 through Figure 42, the ratio [(KLa)*/(AP)*] is presented
as a function of (L‘—L'min) and G'. [(KLa)*/(AP)*] is a measure of mass
transfer performance as related to pressure drop for the fluidized beds as
compared to the plain bubble column. Ideally, we would like this ratio to
be large, preferably greater than 1.0. We see that in general, the ratio
[(KLa)*/(AP)*] increases with increasing liquid rate at a constant gas rate,
and appears to level off at the upper end of the experimental liquid range,
approaching 1.0 for several of the systems. We also see that the ratio
[(KLa)*/(AP)*] changes somewhat with gas rate at a constant liquid rate, but
the behavior is erratic and no generalization can be made.

From Figure 40 through Figure 42, we see that in general the two sys-—
tems of 0.125" copper spheres and 0.1875" stainless steel spheres yield the
best mass transfer to pressure drop performance as compared to the plain
bubble column. Relative to these two systems, the performance of the system
of 0.1875" glass spheres is intermediate and that of the 0.0625" copper

spheres is poor.
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C. Empirical Correlations Derived from Experimental Data.

In order to apply the results obtained to the design of large scale
three phase fluidized beds for the absorption of oxygen in water, it is
necessary to develop generalized correlations for predicting design param-—
eters as a function of fluidized bed properties and operating conditioms.
To this end, the following correlations have been developed.

The experimental results from Figure 20 through Figure 23 have been
used to develop the correlation shown in Figure 43. The particle Reynolds

number at the fluidization omset point (Re ., ) is defined as D o L' ., /up .
min pp min'"mm
A least=-squares fit of the experimental data yields the following empirical

correlation shown in Figure 43 [6].

% -
(Re ;)" = (7.75)(Dp) + 6.82
(11)

2,53 <Dp_ < 7.82
PP~

Empirical correlations for predicting the fluidization onset point are avail-
able in the literature [9]. These correlations generally apply to a very
wide range of particle properties and operating conditions., The correlation
shown in Figure 43 applies only to our experimental systems.

For a given set of fluidized bed particle properties and liquid proper-
ties, the correlation in Figure 43 may be used to estimate the minimum re-

As previously discussed, (L' )

. 1 . . ]
quired fluidization onset wvelocity (L min)' min

is the minimum required liquid mass velocity for fluidization at zero gas
rate, G' = 0. Attempts were made to develop a correlation similar to Figure
43 for G' » 0, however, this was not successful. Since the actual value of

L' required for fluidization will be smaller than (L‘min) when G' > 0, the
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use of the correlation in Figure 43 for design calculations will always
insure an adequate liquid rate for fluidization.

The experimental results from Figure 9 through Figure 12 have been used
to develop the correlation shown in Figure 44. The particle Reynolds number
(Re) is defined as DpppL'/umpm. A least-squares fit of the experimental

data yields the following empirical relationship shown in Figure &44.

%y _ Ry %
ln(PeL ) = 2,154 (0.0176) (L' /L min)Re

(12)

1 1 1/2
26.2 < (L'/L' . )Re® < 116.0

| A

14.3 < G' < 43.0

For a given set of fluidized bed particle properties and operating condi-
tions, the correlation in Figure 44 may be used to estimate the wvalue of Pe
for the fluidized bed. Thus, the liquid dispersion characteristics of the
particular fluidized bed may be predicted from the correlation in Figure 44,
The experimental results from Figure 9 through Figure 12 and Figure 15
through Figure 18 have been used to develop the correlations shown in Figure
45 through Figure 47. (KLa)c is defined as (KLa)DM/(KLa)base in these
figures and is based on dispersion model mass transfer coefficients, (KLa)DM.
Least-squares fits of the experimental data yield the following empirical

relationships shown in Figure 45 through Figure 47.

For Figure 45

14 _ "'3 1 1 7/2
[(KLa)c/PeL] = (8.12x10 ) (L'/L min)Re + 0.242

1
26.2 < (L'/L'_ )Re” < 116.0 (13)

G' = 14.3
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For Figure 46

7

[(k;a) /Pe 1% = (8.91x1077) (L1 IRe* + 0,252

1
26.2 < (L'/1'_. )R’ < 116.0 (14)

in

G' = 28.6

For Figure 47

,/4___ -3 1 1 T/2
[(KLa)C/PeL] = (9,.40x10 “)(L'/L min)Re + 0.259

1

26.2 < (L'/L'_, IRe® < 116.0 (15)

111

G' = 43,0

The results of Figure 45 through Figure 47 are combined into Figure 48 for
ease of comparison. The results from Figure 45 through Figure 47 have been
used to develop the correlation shown in Figure 49 for the experimental

' . . 1 1
range of gas rates. (G )c is defined as G'/G —_l

A least-squares fit of the experimental data yields the following

empirical relationship shown in Figure 49,

[(K, 2) C/PeL]%/[(G')c]l/S = (9.00x10™ %) (L'/L'miH)Rej/Q + 0.189

1
26.2 < (L'/L' . )Re® < 116.0 (16)

in

14.3 < G' < 43.0

For a given set of fluidized bed particle properties and operating conditions,
the correlations shown in Figure 48 or Figure 49 may be used to estimate the

value of [(KLa)c/PeL]. Enowing the wvalue of Pe. from Figure 44 determines

L
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the value of (KLa)c. Thus, the dispersion model mass transfer coefficient
(KLa)DM for the fluldized bed may be determined from Figure 48 or Figure 49.
The experimental results from Figure 40 through Figure 42 have been
used to develop the correlation shown in Figure 50. 1In Figure 50, we see
from the scatter of data that there is no discernible dependence of the
ordinate on gas rate. Therefore, the correlation is presented for the ex—
perimental gas rate range, 14.3 < G' < 43.0, and is assumed to be applicable
anywhere within this range. A least-squares fit of the experimental data

yields the following empirical relationship shown in Figure 50.

1

(L) T2 T4/ Tp fo 7% = 2.10 - (0.0122) (L' /1", IRe®

1
26.2 < (L'/L'_, IR’ < 116.0 (17

14.3 < G' < 43.0

For a given set of fluidized bed particle properties and operating condi-
tions, the correlation shown in Figure 50 may be used to estimate the value
of [(KLa)*]%[(AP)*]k. (KLa)* may be determined from the correlations in
Figure 48 or Figure 49 for the fluidized bed, along with the experimental
data for the plain bubble column, Figure 19. Knowing the value of (KLa)*
determines the wvalue of (AP)*. Thus, the correlation shown in Figure 50 may
be used to compare mass transfer and pressure drop performance between a
fluidized bed and a plain bubble column,

In order to determine how well the linear relationships shown in Figure
43 through Figure 50 fit the experimental data; it is desirable to make some
statistical analyses. As defined by Draper [6], we have used two statistical

2 2 2 , i ; ;
measures, g -~ and R©. ¢ - is the variance of the experimental data points
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about the least-squares line. For a perfect fit of the data points, Gzyx
will be zero, therefore a small value of Gzyx close to zero is desirable.

R2 is the percentage of the total variation about the mean value of the
ordinate which is explained by the least-squares line. For a perfect fit

of the data points, R? will be 100%, therefore a large value of R2 close to
100% is desirable. The following values of Uzyx and R? have been determined

for the correlations shown in Figure 43 through Figure 50,

For Figure 43

0.0100

Qa
]

e
1l

99.8%

For Figure 44

0.0158

Q
It

]
Il

0z.3%

For Figure 45

0.00700

Q
I

==]
|

84.8%

For Figure 46

= 0,00813

Q
I

=]
I

85.7%

For Figure 47

Qa
I

0.00838

s
]

86.5%
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For Figure 49

= 0.00702

Q
I

=l
I

84.7%

For Figure 50

= 0.0312

Q
|

P
Il

73.5%

The foregoing values of Uzyx and R2 indicate that the linear relationships
shown in Figure 43 through Figure 49 are reasonably good fits of the experi-
mental data. The correlation in Figure 50 is only fair. Considering the
complexity of a three phase fluidized bed, considerable scatter of experi-
mental data is not unexpected,

The variables of importance in the development of the correlatiomns
shown in Figure 43 through Figure 50 were known from the literature [3, 9,
18]. From this starting point, the correlations have been developed empiri-
cally. The correlations shown in Figure 43 through Figure 50 are applicable
over a fairly large range of fluidized bed particle properties and operating
conditions. The range of particle size investigated was between 0.0625" to
0.1875", and the range of particle density investigated was between 0.0938
1bm/in3 to 0.322 lbm/inB. The range of liquid mass velocity was between

4.27x104 to 13.27x104 lbm/hr—ftz, and the range of gas mass wvelocity was

between 14.3 to 43,0 lbm/hr—ftz.



76

‘saijadoad 9joind uo ™' Jo aduspuadeq ‘¢ B4

ssojuoisusw1p ‘3 {*u )
0 QL
8 Q. 09 6 o 0f @ @ 0
IEI&..EI:up—_Eﬂa

_.__Ew_ dy dqg —2
~¥

71 Kusuep pinby = M4
H-1/"q) Kysoosia-pinbyy = Wy 19

<4/ *Ausuep apiung = 4d

4 “J8j3WDIP 3|21}404 = 9a
2H-14 )1 ‘0= 910} 7 49su0 uoyozipingy S | 8

47" 9



77

LH-14/'01 '0'Ep5.9F€ bl 40} UOLID|aLI0D JaqUINU 431034 9soyd pinblj |DIXY i b1

ssajuoisuawIp' 32 (G P B

0zl Oil 00l 06 08 oL 09 0s ob 0t t2
_ ! ! _ ’ T _ 1 T S0~

4 7a1 *Kysuep pinbyy =23
S u-247"q) *Ausoosia pinbyy Sy 710 |

/a1 *Kusuop apd1ping = %)

B ssewop 9o1nd =99

gH-uMa) ‘0=,9 10) 7] jesuo uoljDzipIng A

24 =34/"q) * K4190]3A ssow pinbyj 01314 s9dnG =7
(o]

G0

—1S°1

$So[UOISUIWIP* ( ;:ad yu)



78

.Nt-._c\.._n_.m&_ =,©) 40} UOIID]a1102 JUBID1}}800 19jSuDd} SSDW paq pazipinil4 ‘G 614

ozl

Ol

00l

SSO[UOISUBWIIP* 7,8 "Y1/ 1)

06 08 0L 09 0s Oob o 2

1

! I P i I | !

OV =chi-ay 7 spwq) =A0(0Ty))

IV-Hi-u/ 8j0wq; ‘00 = (D! H) “

9309 0 1y) Moy =J(0Ty)

9°0

80

(O

A

14l

ssouoisuownp’, [Yod/ Yo'
| .



79

S4-14/Yq1°9'82 =,9 10} UOHD|2AI00 JUSIONYI0D JaySUD} SSOW paq pazipin|4 "ot b4

02l Ol

ss3juoisudwIp’ 3 r (W=, )

0L

09

e
©

U.QInﬁ%lhn—\ ajowq| mnvdﬁaﬂn_v_ v
V- -4 / sjowq] *00g =**2% 0 Ty)

=290 Ty) s W90y = (0 Ty)

¥0

80

Ol

1 A

90

$SojuocISUAWIp*



80

WY /YgI°0"C=,9 10} UOD|21I00 JUBIDI}}O0D J9SUDL} SSDW paq pazipini{ ")t B4

sSajuojsuswlp .«%E«._Ew_ /)

oci Oll 00l 06 08 0L 09 0s ot 0g be

IV-gh-u/sowq amMGoly) |,
V- H-1u/30wal "00§ =**%p Tx)
%0807 y)/ W0y = (o Ty)

ssojUOISUBWP' y ["ad / 3(0-')1)]




81

1.4
(Kl = (K alppy/ (K 0)page

1.3} (K Qlgge= SOO- Ibmole / hr-ft3-AC
(K L0)peiF Ibmole /hr- f-AC
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Fig.48. Comparison of fluidized bed mass transfer correlations
at different gas rates.
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D. Application of Results.

This work has shown that the mass transfer performance of three phase
fluidized beds can be considerably better than that of the conventional
bubble column. It has also been shown that the type of fluidized bed mate-
rial employed has a significant effect upon mass transfer performance., This
work indicates that large particles of high density material produce the
best mass transfer performance.

The experimental results obtained for the O 0 system have direct

27
application in the field of sewage treatment. The use of the three phase
fluidized bed for oxygen absorption in waste water could prove to be a con-
siderable improvement over the conventional gas bubbling technique. Also,
in the production of protein from hydrocarbons, the three phase fluidized
bed is applicable to the problem of oxygen absorption by the liquid phase
hydrocarbon.

The results of this work suggest that the three phase fluidized bed
might be used to enhance the mass transfer performance of many two phase
systems. This includes liquid-liquid systems as well as gas-liquid systems.
Any operation which contacts a continuous and dispersed phase would be a
possible area for application of the three phase fluidized bed.

Application of the experimental results obtained in this work can only
be strictly applied over the range of fluidized beds and operating condi-
tions investigated. Also, problems related to scaleup from laboratory
equipment to industrial size equipment would probably be encountered. How-
ever, it is felt that reasonable estimates can be made for the design of

large scale three phase fluidized beds from the results of this research

work, A design example follows.



E. Design Example.

Suppose that we are given the following information

1.

2.

3.

4,

5.

02-H20 system.
Required liquid processing rate = 100.GPM.
Liquid temperature = 20.°C.

3/32" brass spheres are available for the fluidized bed material.

A gas rate of 15. lbm/hr is available.

With the above information given, let us pose the following design

problems

L.

Design a three phase fluidized bed absorption system based on the
dispersion model, for which Te = 0.10.

Design a conventional bubble column absorption system at the same
operating conditions determined in Problem 1 based on the disper-
sion model, for which I'y, = 0.10.

Make a comparison of the two designs determined in Problem 1 and

Problem 2.

Solution to Problem 1

3/32" = 7.82x10 £t

(o
]

5 hSEnh® 1bm/ft3

0.316 1b /in>
m

©
I

1.005 cp.

]

g =
|

2.43 lbm/hr—ft
20°C

0,908 emlen® = §2.3 lbm/ft3

k=)
Il

20°C

Dp = (7.82x1072 £t)(5.46x10° lbm/ft3) = 4.27 lbm/ft2

PP
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From Figure 43 for D p_ = 4.27 1b /ft2
' PP m

Re (39.)2 = 1520.

min

Il

L _ (Remin)pmpm
min Dp
PP
(1520.)(2.43 1b_/hr-ft) (62.3 1b /ft) ;
A L = 2 = 5,39x10" 1b /hr-ft
(4,27 1b_/ft") o

2

For the correlations developed in Figure 44 through Figure 50, 1 < [L'/L'min]

< 2. Therefore, assume that we operate at a value of L' such that

[L'/L'min] = 1.5

Thus

8.1ox104 1bm/hr—ft2

L' = (1.5)(5.39x10% lbm/hrmftz)

4.99}:].04 lbm/hr

Required liquid processing rate = 100 GPM

Therefore

4.99}:104 lbm/hr

4 1b /hr~ft2
m

- 0.616 ft2

Required column cross sectional area :
8.10x10

P
(4)(0-316 £t _ 0.886 £t = 10.63"

Required column diameter =

Thus

15.0 1b_/hr

G' = ————~——11—5— = 24.4 1b_/hr-ft
0.616 ft

2



From Figure 44

Dp L' (4.27 1b /ftz)(s.loxlo4 1b /hr—ftz)
Re = m m

PP
Hp 3
m m (2.43 lbm/hr—ft)(62.3 lbm/ft )

1 1
[L'/L'min]Re/2 = (1.5)(2280.)°% = 71.6

1

From Figure 44 for [L'/L'Im.__ﬂjlli,e/2 = 71.6 and 14.3 < G' < 43.0

7
%

ln[PeL ] = 0.90

2

Pe. = 82997 = §.05

L

T
From Figure 48 for [L',/L'm._n]R.e/2 = 71.6 and G' = 24.4 1bm/hr~-ft2

[(KLa)C/PeL]% = 0.871

_ 4 _
(KLa)c = (0.871) (PeL) (0.575)(6.05) = 3.48

(3.48) (500. lbmole/hr—ft -AC)

(KLa)DM = (KLa)c(KLa)base

1740. lbmole/hr—ft3—AC

[

From Figure 2¢ for 'y = 0.10 and Pe. = 6.05

L
B = 1.746
Therefore
4(R) Pe
DM _ . _ L 2
1+ = = 1,746 ; (R)DM = [ i 10(1.746) 1]

L

= = 2280.
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2
lbmHZO/hr—ft )

_ 6.05 3 _
|
- (R oy T
(Kp )y My
4
(3.10) (8.10x10
- 5 1bmolel,
(1740. lbmoleOzlhr—ft - m"e'ﬁ;{')—
= 8.02 ft
Therefore
Required columm height = 8.02 ft

Solution to Problem 2

) (18.0 lbmﬂZO/lbmoleHZO)
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The operating conditions are to be the same as determined in Problem 1.

Therefore

L' 2

8.1ox104 lbm/hruft

G' 2

24.4 1b /hr-ft
m

Required column diameter = 10.63"

4

From Figure 13 for L' = 8.10x10" and 14.

1
[PeL]é = 3.25 ; Pe = (3.25)2

From Figure 19 for L' = 8.10x104 and G'

3

< G' < 43.0

10.57

24,4

— - 3—
(KLa)DM = 363. lbmole/hr-ft AC
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From Figure 2c for 'y, = 0.10 and PeL = 10.57

B = 1.454
Therefore
4(R) Pe
DM _ . - L 2_
1+ PeL L..654 3 (R)DM [ A 10(1.454)7-1]
_ 10.57 y _
(R)DM = [ A 1[2.120-1] = 2.96
L}
7 = (R)DML
(Kpa) oy My
4 2
(2.96)(8.10x10 lbmHZO/hr—ft )
B ; 1bmole0
(363. lbmoleOZ/hr—ft - mﬁz—o) (18.0 lbmHZO/lmelEHZO)
= 36,7 ft
Therefore

Required column height = 36.7 ft

Solution to Problem 3
In order to make a thorough comparison of the two designs we must esti-
mate the relative pressure drop for the two designs.

For the proposed design in Problem 1

1

[L'/L . ] Re? = 71.6

1

From Figure 50 for [L'/L' . ] Re? = 71.6 and 14.3 < G' < 43.0

1 1

% 2 % 4 %
{[(KLa) 1 [(ap) ] }/{[pP/pmJ } =123
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1740. 1bmole/hr-ft -AC _
363. lbmole/hr—ft3—AC

K a)" = (Ka) /(K a),, = 4.79

[(KLa)*] = (4.79)% = 2,19

3
. 546. 1b_/ft” ,

1
[p_/p ]/2 = 1% = (8.77)°% = 2.96
g 62.3 1b /£t
m
Therefore
x4 (1.23)(2.96)
[(aP) 1 = 2.19) = 1,66

% 4
(AP) = (1.66)7 = 7.59

Thus, (AP)FB/(AP)PC = 7.59, when the fluidized bed and plain bubble column
are of the same length and cross sectional area. Comparison of pressure
drop based on column heights determined in Problem 1 and Problem 2 then
gives

8.02 ft

- 79l 78

AP 1y /AP oy ] = 1.66

Thus, for the given operating conditions and the desired results, the design

criteria are

1. Three phase fluidized bed of 3/32" brass spheres

Required column diameter = 10.63"

8.02 ft

]

Required column height



Plain bubble column

Required column diameter

Required column height
Comparison of the two designs

8.02 ft

Z2y/22) = 36,7 £c) = 0-219

~ 8.02 ft
AP(1)/“’(2) = 7.9 55 7]

10.

36.

63”

= 1.66
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CONCLUSIONS

For the types of three phase fluidized beds investigated in this work,
the mass transfer performance of the three phase fluidized beds was found
to be superior to that of the conventional bubble column. As seen from the
design example, this superior mass transfer performance allows the three
phase fluidized bed to be much shorter than the conventional bubble column
for equivalent absorption requirements. The pressure drop, and consequently,
the power requirements for the three phase fluidized bed are greater than
for the conventional bubble column. Also, the conventional bubble column
does not require a particle bed. In most cases, these two disadvantages are
of minor concern compared to the much improved mass transfer performance
provided by the three phase fluidized bed.

The empirical correlations developed in this work allow a three phase
fluidized bed absorption system to be designed based on the dispersion model,
which is a much more realistic model than either the plug flow or perfectly
mixed models. Thus, the system design obtained from our empirical correla-

tions should be reasonably reliable.
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NOMENCLATURE

A = fluidized bed cross sectional area, ft2
C = liquid phase 02 concentration, lbmole Oz/lbmole H20
*
C = liquid phase 02 concentration at the gas-liquid interface,

lbmole 02/lbmole HZO
- %
G = (C = C, lbmole Ozflbmole H20

C = bulk liquid phase tracer concentration at t = 0 based on the

liquid holdup, gm/ml

C(t) = exit liquid phase tracer concentration as a function of time,
gm/ml

D = apparent axial liquid phase dispersion coefficient, ft2/hr

D = axial 1liquid phase dispersion coefficient, ft2/hr

Dp = particle diameter, ft or in.

Dt = column diameter, ft

Ef = energy for fluidization, lbf.ft/hr

EfT = total energy for fluidization, lbf.ft/hr

E(8) = exit age distribution for an impglse input of tracer,
dimensionless

G' = superficial gas mass velocity based on A, lbm/hr—ft2

(G')C = G'/G'base, dimensionless

‘base = smallest experimental gas rate, 1bm/hr—ft2

Gf = superficial fluid mass velocity, lbm/hr—ft2

Gmf = minimum fluidization velocity required, lbm/hr—ft2

H = Henry's law equilibrium constant, atm./mole fraction

k = proportionality constant, hr/lb_-ft

f



K. a = pverall volumetric mass transfer coefficient based on a unit
volume of fluidized bed, 1bm01e/hr—ft3—AC

overall volumetric mass transfer coefficient based on a unit

(K a)'

volume of 1iquid, Ibmole/hr-ft>-AC

(KLa)C (KLa)DM/(KLa)base’ dimensionless

- 3
(KLa)base = 500. lbmole/hr-ft™-AC

%

(KLa) = (KLa)FB/(KLa)PC’ dimensionless
L! = superficial liquid mass velocity based on A, 1bm/hr--ft2
L' = fluidization onset L' for G' = 0, 1b /hr—ft2

min m
M.m = liquid molecular weight, lbm/lbmole

- = atmospheric pressure, atm.
P = average fluidized bed operating pressure, atm.
Eo = oxygen partial pressure, atm.

2
PeL = L'Z/me, dimensionless axial liquid phase Peclet number
AP = pressure drop, in.Hg or lbf/ft2

%

(AP) = (AP)FB/(AP)PC, dimensionless
R = (KLa)MmZ/L', dimensionless absorption number

T = 1 L] ] . 4
R (KLa) EmMmZ/L , dimensionless absorption number
R2 = percentage of the total variation about the mean value of the

ordinate which is explained by the least=-squares line, 7

Re = DpppL'/umpm, dimensionless particle Reynolds number
Re . =Dp L' . /up , dimensionless particle Reynolds number at the

min PP min mm

fluidization onset point

t = time, sec
TL = liquid temperature, °C

u = liquid velocity, ft/hr



W = weight of the particle bed, lbf
X = fluidized bed length, ft

z = x/Z, dimensionless

Z = total fluidized bed length, ft
ZS = gettled particle bed length, ft

Greek Letters

o = De/D, dimensionless

B = Jff:—ZE7§E£ , dimensionless

B! = /I_;_Z§T7§E;—, dimensionless

Eg = volume fraction occupied by gas, dimensionless

Em = volume fraction occupied by liquid, dimensionless

Ep = yvolume fraction occupied by particles, dimensionless

B = fluid density, 1b_/ft

Dg = gas density, lbm/ft3

o = liquid demsity, 1bm/ft3

Py = particle density, lbm/ft3

02 = variance of the C(t) distribution, dimensionless

Uzyx = variance of experimental data points about the least-squares
line, dimensionless

] = t/1, dimensionless time

T = mean liquid residence time based on the liquid holdup, sec

T = E/Ei’ dimensionless

u = fluid viscosity, cp.

U = liquid viscosity, lbm/hr—ft

97
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Additional subscripts

DM - pertains to the dispersion model

PF - pertains to the plug flow model

FB ~ pertains to the three phase fluidized bed

PC - pertains to the plain bubble column

i - pertains to inlet conditions

e - pertains to exit conditions

(1) - pertains to a hypothetical three phase fluidized bed design

(2) ~ pertains to a hypothetical plain bubble column design



99

APPENDIX
I. Derivation of the Model Equations with the Overall Volumetric Mass
Transfer Coefficient Based on a Unit Volume of Fluidized Bed.
The assumptions made in the development of the model equations are
1. Steady state operation prevails.

2. The 0 0 solution is very dilute. Therefore, L', = L' =L'.

2-H2 in out

3. The principal resistance to mass transfer resides in the liquid
phase.

4, The gas—liquid interface is in equilibrium. The interface is at
the temperature of the liquid and the prevailing system pressure.

5. All mass transfer takes place in the fluidized bed.

6. The rate of dispersion in the radial direction is infinite, and
the dispersion coefficient in the axial direction is finite and
constant.,

7. Wall effects have a negligible influence on the performance of the
fluidized bed.

Referring to Figure 51, a liquid phase oxygen balance on the differential

section Ax of the three phase fluidized bed yields

output = input + production (A-1)
output = [&} = [h e 4SS lbmoles 0,/h (A-2)
P M M mm” dx out ° IBRLEE S s
m out m
input = [L0A) L [Bf—“ T g & E5 1bmoles 0, /h (A-3)
P Mm in Mm m m dx in ° RO Vot

*
production = (KLa) AAx (C -C) , lbmoles 02/hr (A-4)
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where
Py = liquid density, lbm/ft3
Mm = liquid molecular welght, lbm/lbmole
Dm = axial liquid phase dispersion coefficient, ftzlhr ft3H o
e, = volume fraction occupied by liquid, dimensionless (—;;ng)
C = liquid phase 02 concentration, lbmole 02/lbmole H20
C* = liquid phase 02 concentration at the gas-—liquid interface,
lbmole Oz/lbmole HEO
x = fluidized bed length, ft
A = fluidized bed cross sectional area, ft2
L' = superficial liquid mass velocity based on A, lbm/’nr—ft2

KLa overall volumetric mass transfer coefficient based on a unit
volume of fluidized bed, lbmole/hr—ftB-AC
We now define an apparent axial liquid phase dispersion coefficient such

that, D = Dmem. Using this definition, and substitution of Equation (A-2)

through Equation (A-4) into Equation (A-1) yields

L'CA Pm . dC _ ek °n . dC
vt S vl =l I v 3 DA 5l
m out m out m 1in m in
*
+ (KLa) AAx (C -C) (A-5)

where
D = apparent axial liquid phase dispersion coefficient, ftz/hr
Division of Equation (A-5) by A followed by rearrangement yields
L' P dc dc P
o Cour™pn) = b DG - G 1~ (K@) ax (C-0) = 0 (46)

out in
m m out
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Division of Equation (A-6) by Ax and taking the limit as Ax approaches zero
yields
P dZC

M 2

e f@%ﬂ %§'+ (KLa)(C*—C) = (A-7)
m dx m

According to Danckwerts [5], the boundary conditions are

p D
_ m ., dC _ ot _
G =g, [ L'] o 2t x=0 (A-8)
dC _ BT _
I 0O at x =12 (A-9)

where

C, = liquid phase 0, concentration at x = 0, lbmole Oz/lbmole H,0

2 2

Z = total fluidized bed length, ft

Let
§ = ¢ ~g, Tbusls 0,/Ibmole H,0 (A-10)
c, = ;- C,» lbmole 0,/lbmole H,0 (A-11)
g_ - ¢ - C_, Ibmole 0,/Ibmole H0 (A-12)
r =¢ / Ei’ dimensionless (A-13)
e = Ee / Ei’ dimensionless (A-14)
z =x [/ Z , dimensionless (A-15)

where
C, = liquid phase 0, concentration at x = Z, lbmole Oz/lbmole H,0

Thus

e bl u ol B (A-16)
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2 Py
d"C _ d .dC _ _ i, dT o
oo el = Rl ) el
dx

Substitution of Equation (A-16) and Equation (A-17) into Equation (A-7)

followed by simplification yields

LiEE] QEE _ar [Eﬁéilﬁgi} T =0 (A-18)
L'Z dzz dz L'

Substitution of Equation (A-10), Equation (A-11), Equation (A-15), and

Equation (A-16) into Equation (A-8) followed by simplification yields

p D
+
re 1+ P -%2 at z =0 (A-19)

Substitution of Equation (A-15) and Equation (A-16) into Equation (A-9)

yields .
0
i, dr _ o =
[ =0 at z=1 (A-20)
Let
(KLa)MmZ
R = i el dimensionless absorption number (A-21)
LYZ 2 : .
PeL = E—ﬁ-, dimensionless axial liquid phase Peclet number (A-22)
i ;

Substitution of Equation (A-21) and Equation (A-22) into Equation (A-18);
Equation (A-22) into Equation (A-19), and simplification of Equation (A-20)

yields the dimensionless equationg [2]
%

p .
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ey ST L gy a g (A-23)

Boundary conditions

I =1+ [ﬁéfﬂ %g- at z =0 (A-24)
L

4ar 0 at z =1 (A-25)

Case I.1. Plug flow model
If the liquid phase of the fluidized bed is in plug flow, then D»0 and
PeL+W. For this case, the exit boundary condition (Equation (A-25)) is not

required and solution of Equation (A-23) and Equation (A-24) yields

Lo = EXP(-R) (A-26)

Case I.2. Dispersion model
If the liquid phase of the fluidized bed is not in perfect plug flow,

then D # 0 and PeL # », For this case, solution of Equation (A-23) through

Equation (A-25) yields [5, 10]

4BEXP(PeL/2)
Lo (A-27)

- (1+8)°EXP (gPe, /2) - (1-B)“EXP (-BPe, /2)

where

B=y 1+ AR/PeL (A-28)
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Case I.3. Perfectly mixed model

If the liquid phase of the three phase fluidized bed is perfectly
mixed, a differential oxygen balance is not required and Equation (A-1)
becomes

L'CeA L'CiA &
- 5 + (K a) AZ (C-C_) (A-29)

M
m
Division of Equation (A-29) by A followed by rearrangement yields

Ce = Ci ) (KLa)ZMm

(A-30)
% H
C =2C L
e
Substitution of Equation (A-11), Equation (A-12), Equation (A-14) and
Equation (A-21) into Equation (A-30) followed by rearrangement yields
I o e (A-31)
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II. Derivation of the Model Equations with the Overall Volumetric Mass
Transfer Coefficient Based on a Unit Volume of Liquid.

For this basis Equation (A-1), Equation (A-2), and Equation (A-3) are

again applicable; however, the production term becomes
%
production = (KLa)'(em) AAX (C -C), lbmoles Oz/hr (A-32)

where

[
m

(KLa)'

volume fraction occupied by liquid, dimensionless

overall volumetric mass transfer coefficient based on a unit

volume of liquid, lbmole/hr—ft3~AC

Proceeding through the derivation as previously shown with the new production

term yields
Case II.1. Plug flow model

Iy = EXP(-R') (A-33)

Case II.2, Dispersion model

AB'EXP(PeL/Z)
Te = 7 5 (A-34)
(1+8") EXP(B'PeL/Z) - (1+8") EXP(—B'PeL/2)

Case T11.3. Perfectly mixed model

Py = gy ; (A-35)

where
T
. (KLa) (em)MﬁZ
& 7
B' = vV 1 + AR'/PeL
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III. Development of the Equations Describing the Tracer Model Employed.
The assumptions made in the development of the tracer model equations
are
1. The tracer input is a perfect impulse function.
2. The system is closed. There is no liquid dispersion for x < 0 and
x > Z.
3. The rate of dispersion in the radial direction is infinite and the
dispersion coefficient in the axial direction is finite and con-
stant.

For a closed system, the variance of 6 is defined as follows [10]

var(s) = 7(6-1)" E(6)do (4-36)
where
g = t/1, dimensionless time
t = time, sec
T = mean liquid residence time based on the liquid holdup, sec
E(6) = exit age distribution for an impulse input of tracer, dimension-

less

Equation (A-36) is equivalent to [10]

2

¢ = e/1-1)% c(t) dt (A-37)

08

.
C
o]

g = var(9), dimensionless

lSee Figure 52,
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CO = bulk liquid phase tracer concentration at t = 0 based on the
liquid holdup, gm/ml
C(t) = exit liquid phase tracer concentration as a function of time,

gm/ml.,

For a closed system, 02 is given as [10, 11]

Q
I

2(1/pe) - 2(1/PeL)2 [1-EXP (-Pe, )] (A-38)
Therefore

1 e g
g —;-é;.cr)(t/r-—l) Cc(t)dt

I

2(1/Pe;) - 2(1/PeL)2 [1-EXP (-Pe, )] (A-39)

Thus, the value of PeL is determined experimentally from C(t) versus t curves

for an impulse input of tracer.
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IV. GSample Calculation of the Plug Flow Model Mass Transfer Coefficient
(KLa)PF, Based on a Unit Volume of Fluidized Bed.
Case I.1, Sample Calculation
Fluidized bed
0.125" copper spheres

Operating conditions

L' = 8.10x104 1bm/hr—ft2
G' = 28.6 lbm/hr—ft2
i = 1.56 ft
TL = 18.0°C
P = 1,001 atm.
atm
F = 0.282 atm.
where
G' = superficial gas mass velocity based on A, lbm/hr—ft2
TL = liquid temperature, °C
_— = atmospheric pressure, atm.
P = average fluidized bed operating pressure, atm.
Thus

50 = 1,001 + 0.282 = 1,283 atm. (oxygen partial pressure)
2

For 50 = 1.283 atm. and T, = 18.0°C
2

H = 3.9lx1043tm./mole fraction (Henry's law comstant) [16]

p_ /H
¢ - 2 : [”Wt'oz | - [-0:0000328  32.0,
-5 /a Wt. Soln. 1= 0.00003281 '18.0
o _s &m0,
= 5.83x10

gm.H20
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For T. = 18,0°C :

L S Ppo 0.998 gm/ml
2

Therefore

_5 &m 02

C* = (5.83x10?5)(0.998) = 5.82x10 © ———— = 58.20 mg 0,/% Soln.
ml H20 2

The experimentally measured values of Ci and Ce are

Ci = 9,93 mg/2
C, = 35.95 mg/L
Therefore
_ 58,20 - 35.95. _
Te = [5g 50 = g.931 = 0.461

Note that for the calculation of T, C=E}mg/2 has been used instead of

Cqulbmole Oz/lbmole HZO' The units of C do not affect the value of Foo

From Equation (A-26)

I, = EXP[-R] , 1nT_ = -R

R = In[1/T.] 1n[1/0.461] = 1n[2.170] = 0.775

From Equation (A-21)

(KLa)M Z '
- m_ = = .._.._.._RL
B == P B8 S w0y
m
_ (0.775) (8.10x10%)

- — 3—
KLa (18.0) (1.56) = 2235. lbmole/hr-ft -AC

Therefore

(K a), = 2235. Thmaie hip-fes =40
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V. Sample Calculation of the Dispersion Model Mass Transfer Coefficient
(KLa)DM, Based on a Unit Volume of Fluidized Bed.

Case I.2. Sample Calculation
Fluidized bed
0.125" copper spheres

Operating conditions

L' = 10.20x10" 1bm/hr~ft2
' = 28.6 lbm/hr—ftz
7 = 1.78 ft.
_ o
T, = 18.0°C
= 1,001 atm,
atm
P = 0.349 atm.

= *
For P, = 1.350 atm. and TL = 18.0°C, C = 60.95 mg 02/2 Soln.
2

The experimentally measured values of Ci and Ce are

Ci = 9,93 mg/2
C, = 34.55 mg/e
Therefore
r 60.95 - 34.55 = 0.518

e = 50,95 = 9.93]
, 2 2 , 2 -2_2
Column cross sectional area = 1/4mD° = 1/47(2.0in)” = win~ = 2.18x10 “ft

4 "zftz)(1ft3/62.31bm)(1hr/3ﬁoosec)

i

Liquid rate = (10.20x10 lbm/hrmftz)(2.18x10

9.90x10”3ft3/sec
2

]

Total Volume of fluidized bed (zZ)(C.5.A,) = (1.78 ft)(2.18x10_2ft

3.88x10 2 £t

)
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Volume occupied by copper spheres = l.llxlD_zft3

Gas holdup = (0.23) VTOT = (O.23)(3.88x10—2ft3) = 0.89X10_2ft3

Therefore
i =2 -2 -2 -2..3
Liquid holdup = [3.88x10 "] - [1.11x10 "] - [0.89x10 "] = 1.88x10 “ft
1.88x1072£t>
T = Liquid holdup/Liquid rate = — = 33 = 1.90 sec
9.90x10 ~“ft~/sec

Concentration of NaCl tracer solution injected = 0.13 gm/ml

Volume of NaCl tracer solution injected = 4.0 ml

1

Total mass of NaCl injected (0.13 gm/ml) (4.0 ml) = 0.52 gm.

Therefore
1.88x10 “ft
4

For C_ = 9.78x10 ' gm/ml, the recorder reading is

C = 37.1 c.u.
(o]

Note that the NaCl tracer concentration in units of recorder reading (c.u.)
is used for calculation of 02 instead of gm/ml. The units of CD and C(t)
do not affect the value of 02.

An experimental C(t) versus t curve is shown in Figure 53 for an impulse
]2

input of tracer (CO=37.1 c.u.). Also, a plot of [t/1-1]" C(t) wversus t is

shown in Figure 53.
TCO = (1.90 sec)(37.1 c.,u.,) = 70.5 sec *c.u.

By graphical integration, the area under the [t/T—l]2 C(t) wversus t plot is

30.8 sec *c.u.
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Therefore
Z’[t/r—l]2 c(t)dt = 30.8 sec *c.u.

The tracer experiment was run twice for each experimental operating condi-

tion. For the second run

% 2

é[t/T—l] C(t)dt = 28.0 sec "c.u.
From Equation (A-37)

2 L % 142
o- = TCD g[t/T 117 c(t)dt

Therefore

2 _ 30.8 sec sc.u. _
% 1st Run _ 70.5 sec »c.u., 05636
2 _ 28.0 sec s c.u. _ 0.398

a 2nd Run 70.5 sec «c.u.

From Figure 1, graphical solution of Equation (A-38) yields

Pe = 2,95
1st Run

Pe
2nd Run

3.52

Using the average wvalue of PeL for mass transfer calculations

_ 2,95 + 3,52

1 5 = 3.24

Pe

From Figure 2e¢, graphical solution of Equation (A-27) for I'y = 0.518 and
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PeL = 3,24 yields
B =1.389
From Equation (A—28j for PeL = 3,24 and B = 1.389, solution for R yields

R = 0,753

From Equation (A-21)

o RpRIRE _RL'
L' » Lawgs
m
a = (0.753) (10.20x10") _ 2400. 1bmole/hr—f£t>-AC
e (18.0) (1.78) ‘
Therefore

— — 3—
(KLa)DM = 2400. lbmole/hr—ft~=AC

The preceding calculations are repeated for each type of fluidized bed as
well as the plain bubble column, over the entire range of experimental

operating conditions. The results are shown in Figure 4 through Figure 19.
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VI. Fluidization Pressure Drop for a Three Phase Fluidized Bed.
From Equation (3-21) in Leva [9], the fluidization pressure drop for

a two phase fluidized bed is given by

AP = ZEP(DP‘DF) (A-40)
where
AP = pressure drop, lbf/ft2
Z = total fluidized bed length, ft
Ep = wolume fraction occupied by particles, dimensionless
pp = particle density, 1bm/ft3
pp = fluid density, lbm/ft3

The total weight of the bed is

W= ZAppsp (A-41)
where
W = weight of the particle bed, lbf
A = fluidized bed cross sectional area, ft2

Substitution of Equation (A-41) into Equation (A-40) yields

P_=-pP
AP = ({-) (—lp—ﬁ) (A=42)
P

For a three phase fluidized bed, the fluidization pressure drop will be
a linear combination of the contributions of both gas and liquid phases.

Application of this fact to Equation (A-42) yields

— (A-43)

Py~ R E PP €
82 = G Ry + ) BBy R
p m g P m g
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m
[l

volume fraction occupied by liquid, dimensionless

™
I

volume fraction occupied by gas, dimensionless

We know that

1 (A-44)

e +e + ¢
m g

Substitution of Equation (A-44) into Equation (A-43) yields

p_=p e p_=p >
ap = (—pp—“%(l_‘sp) + G (BB () (A-45)

Equation (A-45) gives the fluidization pressure drop for a three phase

fluidized bed.
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VII. Bed Expansion for a Three Phase Fluidized Bed.
According to Leva [9], the energy for fluidization (which constitutes

bed expansion and particle movement) is given by

GfW E
°r
where

E; = energy for fluidization, lb..ft/hr

Ge = superficial fluid mass velocity, lbm/hr-—ft2

W = weight of the particle bed, lbf

= ; ; 3
Pp = fluid density, 1bm/ft

For a three phase fluidized bed, the energy for fluidization will be a
linear combination of the contributions of both gas and liquid phases.

Application of this fact to Equation (A-46) yields

By = (L;W)(;ﬁe ) + (& (B (4-47)
m m g g m g
where
Egq = total energy for fluidizationm, lbf.ft/hr
L' = superficial liquid mass velocity, 1bm/hr—ft2
G' = superficial gas mass velocity, lbm/hr—ft2
B ™ liquid density, lbm/£t3
pg = gas density, lbm/ft3
B ™ volume fraction occupied by liquid, dimensionless
Eg = yolume fraction occupied by gas, dimensionless

By using the fact that € + Ep + sg = 1, Equation (A-47) is readily reduced

to the following form
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B = B il (A-48)

where
Ep = yolume fraction occupled by particles, dimensionless

According to Leva [9], the bed expansion is proportional to the energy for

Z-Z
, p ]
fluidization, thus, ¢ ZS ) o EfT .
Therefore
Z~Zs
( 7 ) =k EfT (A~49)
8
where
Z = total fluidized bed length, ft
ZS = gettled particle bed length, ft
k = proportionality constant, hr/lbf.ft

Substitution of Equation (A-48) into Equation (A-49) yields

Z---Zs W L'sm G'e
) = [l + = (A-50)
s P m g

When k is known, Equation (A-50) gives the bed expansion for a three phase

fluidized bed.
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ABSTRACT

The mass transfer characteristics of three phase fluidized beds for
the absorption of oxygen in water were investigated in this work. Overall
volumetric mass transfer coefficients were experimentally measured for the
various types of three phase fluidized beds studied, and it was found that
the mass transfer performance of three phase fluidized beds is very depen-
dent on the particle properties of the bed. Large particles of high density
material produce the best fluidized bed mass transfer performance.

Overall volumetric mass transfer coefficients were experimentally
measured for an equivalent conventional bubble column, and it was found
that the mass transfer performance of all types of three phase fluidized
beds studied is superior to that of the conventional bubble column. It was
concluded that the three phase fluidized bed may have considerable practi-
cle value as a new efficient means of promoting oxygen transfer,

Overall volumetric mass transfer coefficients were determined based on
two flow (mixing) models, the plug flow model and the dispersion model. The
plug flow model assumes that axial liquid phase dispersion is zero, while
the dispersion model relaxes this assumption. Therefore, for application
of the dispersion model, axial liquid phase dispersion characteristics for
the systems studied were experimentally determined. Mass transfer coeffi-
cients based on the plug flow and dispersion models were compared, with the
expected result that dispersion model coefficients were larger than plug
flow model coefficients.

Since it was determined experimentally that appreciable liquid disper-
sion existed in the systems studied, the mass transfer coefficient based

on the dispersion model is a better approximation to the true mass transfer



coefficient than that based on the plug flow model. Thus, the empirical
correlations obtained from the results of this work were developed from
the dispersion model.

Empirical correlations were developed for the purpose of predicting
liquid phase dispersion and mass transfer characteristics of three phase
fluidized beds, and also for predicting mass transfer to pressure drop
performance of three phase fluidized beds as compared to the conventiomal
bubble column. The empirical correlations obtained were used for the
hypothetical design of a three phase fluidized bed for the absorptiomn of
oxygen in water, and this design was compared to the hypothetical design

of an equivalent conventional bubble column.



