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Abstract

Industrial acetic acid production based on anaerobic fermentation technology is not
economically viable at present due to the low efficiency and high cost of product recovery by
adsorption or extraction at neutral pH conditions. With the recent advances in fermentation
technology to produce organic acids at low pH conditions, a detailed study on the adsorption
equilibria, kinetics, and dynamics at these conditions is necessary for the design of an efficient
recovery scheme.

Adsorption equilibria and kinetics of acetic acid at low pH conditions on granular
activated carbon (GAC) and weak base resins were studied using batch experiments. A simple
nonlinear estimation method and approximations to analytical solutions of adsorption kinetic
equations were developed to determine isotherm constants and kinetic parameters respectively.
Weak base resins show higher adsorption capacities for the uptake of acetic acid compared to
GAC. Multicomponent sorption equilibria of acetic and lactic acids were determined using the
Ideal Adsorbed Solution Theory (IAST) model, and extended Langmuir and modified extended
Langmuir models. The adsorption of acetic acid is shown to be controlled by both external mass
transfer and intraparticle diffusion resistances in GAC and by intraparticle diffusion resistance
alone in the weak base resins. The estimated transport coefficients are shown to predict batch
adsorption Kinetic data well.

Adsorption dynamics studies were conducted using single and multicomponent solutions
of acetic and lactic acids in fixed-bed adsorbers of different configurations. These studies were
conducted to examine potential enhancements to bed capacity utilization and thereby the overall
efficiency of the recovery process. Five different configurations, namely, a conventional

cylindrical adsorber (CCA), and a tapered bed adsorber with single adsorbent particle size, a



stratified cylindrical adsorber with particle sizes increasing in the direction of flow (SCA), a
reverse stratified cylindrical adsorber (RSCA), and a reverse stratified convergent tapered
adsorber (RSTA) were studied in this research. A general rate model that considers axial
dispersion, external mass transfer, pore diffusion, and nonlinear isotherm was developed to
predict sorption dynamics in single and multicomponent systems. Model predictions were in
good agreement with experimental data.

The adsorption dynamics and breakthrough curves for acetic acid were similar in
cylindrical and tapered beds when a single adsorbent particle size was used. The solute front
becomes dispersive in the SCA and sharpens in the RSTA. Among the different configurations
examined, RSTA gave the maximum bed capacity utilization which is 18.4% higher than that
obtained using SCA. Multicomponent sorption dynamics of acetic and lactic acids on weak base
resins were conducted in RSTA at pH 2.8 and 4.8. At pH 2.8, acetic acid eluted first, while at pH
4.8 lactic acid eluted first. Sensitivity analysis has shown that to achieve 90% bed capacity
utilization, two column lengths or double the quantity of adsorbent will be required in the case of
SCA when compared to RSTA. The model presented will be useful in the selection of optimum
operating conditions to obtain maximum bed capacity utilization, and thereby enhance the

economics of the recovery of organic acids from fermentations.



Multicomponent adsorption dynamics in the recovery of acetic and lactic acids using stratified
fixed-beds

by

Haripriya Naidu

B.Tech., Gandhi Institute of Technology and Management, 2012

M.Tech., National Institute of Technology Warangal, 2014

A DISSERTATION

submitted in partial fulfillment of the requirements for the degree

DOCTOR OF PHILOSOPHY

Department of Civil Engineering
Carl R. Ice College of Engineering

KANSAS STATE UNIVERSITY
Manhattan, Kansas

2020

Approved by:

Major Professor
Dr. Alexander P Mathews



Copyright

© Haripriya Naidu 2020.



Abstract

Industrial acetic acid production based on anaerobic fermentation technology is not
economically viable at present due to the low efficiency and high cost of product recovery by
adsorption or extraction at neutral pH conditions. With the recent advances in fermentation
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equilibria, kinetics, and dynamics at these conditions is necessary for the design of an efficient
recovery scheme.
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activated carbon (GAC) and weak base resins were studied using batch experiments. A simple
nonlinear estimation method and approximations to analytical solutions of adsorption kinetic
equations were developed to determine isotherm constants and kinetic parameters respectively.
Weak base resins show higher adsorption capacities for the uptake of acetic acid compared to
GAC. Multicomponent sorption equilibria of acetic and lactic acids were determined using the
Ideal Adsorbed Solution Theory (IAST) model, and extended Langmuir and modified extended
Langmuir models. The adsorption of acetic acid is shown to be controlled by both external mass
transfer and intraparticle diffusion resistances in GAC and by intraparticle diffusion resistance
alone in the weak base resins. The estimated transport coefficients are shown to predict batch
adsorption Kinetic data well.

Adsorption dynamics studies were conducted using single and multicomponent solutions
of acetic and lactic acids in fixed-bed adsorbers of different configurations. These studies were
conducted to examine potential enhancements to bed capacity utilization and thereby the overall
efficiency of the recovery process. Five different configurations, namely, a conventional
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stratified cylindrical adsorber with particle sizes increasing in the direction of flow (SCA), a
reverse stratified cylindrical adsorber (RSCA), and a reverse stratified convergent tapered
adsorber (RSTA) were studied in this research. A general rate model that considers axial
dispersion, external mass transfer, pore diffusion, and nonlinear isotherm was developed to
predict sorption dynamics in single and multicomponent systems. Model predictions were in
good agreement with experimental data.

The adsorption dynamics and breakthrough curves for acetic acid were similar in
cylindrical and tapered beds when a single adsorbent particle size was used. The solute front
becomes dispersive in the SCA and sharpens in the RSTA. Among the different configurations
examined, RSTA gave the maximum bed capacity utilization which is 18.4% higher than that
obtained using SCA. Multicomponent sorption dynamics of acetic and lactic acids on weak base
resins were conducted in RSTA at pH 2.8 and 4.8. At pH 2.8, acetic acid eluted first, while at pH
4.8 lactic acid eluted first. Sensitivity analysis has shown that to achieve 90% bed capacity
utilization, two column lengths or double the quantity of adsorbent will be required in the case of
SCA when compared to RSTA. The model presented will be useful in the selection of optimum
operating conditions to obtain maximum bed capacity utilization, and thereby enhance the
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Chapter 1
Introduction

1.1 Background

The global demand for resources is increasing due to world population growth and
increasing per capita resource consumption rate. There is an emerging need to reduce
dependence on nonrenewable resources and shift towards a circular economy. A biobased
economy can be achieved by using renewable resources such as biomass and biomass wastes to
produce energy, fuels, and chemicals. Aerobic and anaerobic bioconversion processes are
increasingly being used to produce fuels and chemicals. These bioconversion processes are also
carbon neutral and reduce CO> emissions in the long term thereby mitigating climate change
impacts (Lange, 2007).

Approximately 10% of crude oil imported to the United States is used by the
petrochemical industry to produce chemicals and their derived products (Anonymous, 2010a).
Synthetic chemical production methods typically may need high operating temperatures and/or
pressures. Petrochemical industries account for ~30% of the industrial energy demand and 20%
of the industrial greenhouse gas emissions worldwide (Biddy et al., 2016). On the other hand,
bioconversion production methods operate at relatively lower temperatures, pressures, can
accommodate impure feedstocks, and produce less wastes including toxic materials (Erickson et
al., 2012). Thus, producing chemicals through bioconversion processes using renewable
feedstock will promote sustainability and energy independence. Renewable chemicals
represented 9% of the worldwide chemical sales in 2012 and by 2025, this is estimated to be >
22% (Anonymous, 2018a; Philp et al., 2013). By 2100, more than 95% of the polymers and

chemicals are envisioned to be derived from renewable resources (Devaney, 2016).



1.2 Development of bioconversion processes to produce chemicals

Although bioconversion processes to produce chemicals and fuels were developed
decades ago, the low price and abundant supply of oil led to the rapid growth of petrochemical
industry. In 1970s when the oil price began to rapidly increase, bioethanol production started to
be investigated as an economically viable alternative. Further, phasing out of methyl tertiary-
butyl ether (MTBE), a toxic gasoline oxygenate, and implementation of Renewable Fuel
Standard (RFS) program boosted the production of bioethanol in the US. In 2016, around 15.9
billion gallons of bioethanol was produced in the US (Lane, 2017). However, limitations such as
price volatility of product and feedstock, and tariffs on fuel imports in countries such as China
and Brazil have led to the economic instability of bioethanol industry. These limitations led to
the shutdown of two of the three largest bioethanol plants of DowDuPont (Neveda, 1A) and
Abengoa (Hugoton, KS) companies in the US (Hirtzer, 2017; McCoy, 2017). In order to become
economically viable, while some bioethanol companies are ramping up the capacity, several of
them are focusing on diversifying their product slate. Government initiatives such as the 2014
Farm Bill provided loan assistance and incentives under the biorefinery assistance program,
which was open only to biofuel industries, to biorefineries producing chemicals (Lucas, 2014).
The incentives include mandatory requirement for the federal agencies to purchase biobased
products and a voluntary biobased labelling program to increase the acceptability of customers to
purchase biobased products. Moreover, the production of chemicals through bioconversion
methods is more attractive than that of fuels. This is because of the simple conversion steps in
their production and higher selling price of chemicals (Lane and Stone, 2017). The similar
effective hydrogen to carbon ratio of sugars and chemicals indicate a simpler production of

chemicals compared to fuels through bioconversion methods (Wu et al., 2018). Among various



chemicals, the production of platform chemicals such as acetic and lactic acids using renewable
resources has been gaining a lot of attention in recent years. This is attributed to their high
demand and a wide array of uses for these chemicals in several industries.

1.2.1 Uses of acetic acid

Acetic acid, also known as ethanoic acid, is a monocarboxylic acid with the chemical
formula CH3COOH. It is a colorless liquid with a distinctive pungent odor and is widely used as
a solvent for organic and inorganic substances (Davidson, 1931). The presence of a carboxylic
acid group makes it a weak monoprotic acid and it has a pKa of 4.76 at 25 °C. It is a key building
block in the production of a variety of chemicals such as vinyl acetate monomer, terephthalic
acid, acetic anhydride, and esters. In 2014, 12.1 million tons of acetic acid was produced globally
and it was projected to reach 16.3 million tons by 2018 (Lazonby, 2016). There is a growing
demand to produce renewable polyethylene terephthalate (PET) plastic. Several industries such
as Coca-Cola, Ford Motors, H.J. Heinz, Nike Inc., and Procter & gamble are working to develop
renewable PET for the manufacture of bottles, automobile fabrics, footwear, and apparels
(Anonymous, 2018a). Figure 1.1 shows a pie chart of the percentages of acetic acid, produced
globally in 2016, used to produce various chemicals. It also shows a list of products made from
these chemicals.

Acetic acid also has a large potential market in the production of environmentally benign
road and aircraft deicing chemicals such as calcium magnesium acetate (CMA) and potassium
acetate. The most widely used deicing chemical around the world is rock salt (sodium chloride).
It accelerates the corrosion of reinforced steel, concrete, and other highway infrastructure assets.
It is also harmful to the environment (Murray and Ernst, 1976). In the Western States alone,

deicing using rock salt has led to $1.5 billion in annual costs for repairs of deteriorated bridges,



pavements, and vehicles (Voynick, 2003). However, several factors such as the relatively low

cost of salt and policy to maintain bare pavements and safe roads during winter snow events has

led to its extensive use (Wenta and Sorsa, 2018).
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Figure 1.1: Percentages of total acetic acid, produced globally in 2016, consumed for the
production of various chemicals (Anonymous, 2016a, 2016b, 2017)

In 2017, the total rock salt consumption for roadway deicing was 22 million metric tons (Bolen,
2017). Dunn and Schenk (1980) performed an extensive evaluation of chemical compounds in
order to find a suitable road-deicing chemical to replace sodium chloride. Their study proved that
CMA is an effective deicing chemical due to its low molecular weight and ability to lower the
freezing point of water. CMA also inhibits corrosion, improves soil structure, and does not
interfere with the turnover of lakes and is environmentally benign. However, the high cost of
CMA has limited its application mainly to environmentally sensitive areas such as national parks

and new road infrastructure. In addition, CMA has potential for use in a variety of environmental



applications such as the removal of sulfur and carbon dioxide from gas streams (Wise et al.,
1991). While the industrial demand for acetic acid is about 15 million tons per year, the demand
for its potential use as deicer is quite large at ~25 million tons per year in North America (Lilek,
2017; Pal and Nayak, 2017).

1.2.2 Uses of lactic acid

Lactic acid, also known as 2-hydroxypropanoic acid, is an alpha-hydroxy acid with the
chemical formula CH3CH(OH)COOH. It is an odorless and colorless to yellowish viscous liquid.
The presence of a carboxylic acid group makes it a weak monoprotic acid and it has a pKa of
3.86 at 25 °C. Due to the presence of an asymmetric carbon in its chemical structure, lactic acid
is present as two optical isomers, namely, L- and D- lactic acid. Lactic acid and its derivative
compounds have a wide range of applications in chemical, food, metal, pharmaceutical, polymer,
and semiconductor industries. Lactic acid and its salts such as sodium and potassium lactates
have preservative and antimicrobial properties. The ethyl and butyl esters of lactic acid are used
as biodegradable cleaning solvents and are widely used in the metal and semiconductor
industries.

The United States Department of Energy listed lactic acid as one of the potential building
block chemicals for the future (Komesu et al., 2017). The US was the largest consumer of lactic
acid in 2018 with major demand stemming from its use in the production of polylactic acid
(PLA) polymer (Anonymous, 2018b). The PLA polymer is biodegradable and is considered as
an alternative for synthetic plastics produced using fossil fuels. The PLA polymer, marketed
under the Ingeo® brand, has over 100 million pounds in annual sales volume (Erickson et al.,
2012). In 2018, the price of Ingeo® PLA was ~1.88 $/kg. Whereas, the price of synthetic

polyethylene terephthalate was ~1.44 $/kg (Anonymous, 2018c). The narrow price gap between



PLA and synthetic plastics and the growing awareness among consumers to reduce carbon
footprint has led to the increase in demand for PLA. The global lactic acid demand is expected to
reach 1.9 million tons by 2020 (Komesu et al., 2017).
1.3 Challenges in the production of organic acids through bioconversion methods

Almost 90% of the worldwide demand for acetic acid is met through the synthetic
production methods such as methanol carbonylation by the Monsanto and Cativa processes,
acetaldehyde oxidation, and butane liquid-phase oxidation processes (Jang et al., 2012; Nayak
and Pal, 2013; Vidra and Németh, 2017). Bioconversion production methods accounts for the
remaining 10% and are the sole route to producing food-grade vinegar (3-12% (w/v) acetic acid).
In 2015, CMA produced using synthetic acetic acid was priced at ~ $1896 per ton (WV PO,
2015). This is almost 30 times higher than the price of rock salt. Several authors have reported
that bioconversion processes to produce acetic acid can lower the cost of CMA. Through more
efficient bioconversion production methods, CMA can be produced at a price of $200-500 per
ton (Marynowski et al., 1985; Veeravalli and Mathews, 2019; Yang et al., 1992). Lactic acid is
synthetically produced through the reaction of acetaldehyde and hydrogen cyanide to produce
lactonitrile. It is then hydrolyzed to lactic acid using concentrated acids. This synthetic
production method results in a racemic mixture while bioconversion methods are capable to
produce optically pure lactic acid. Around 90% of the lactic acid produced worldwide is from
microbial fermentation technology (Jang et al., 2012; Komesu et al., 2017). Based on the market
and applications, lactic acid price varies around 1.3-2.3 $/kg (Biddy et al., 2016).

Several commercially successful bioproducts such as bioplastics have shown that
sustainability is not the standalone factor for market success. Bioproducts need to be competitive

in price and performance with respect to their synthetic counterparts. In addition, the market in



which they are introduced is also important (Erickson et al., 2012). For example, PLA polymer
had a competitive advantage over its synthetic counterparts in select markets such as food
packaging, food grade plastics, drink bottles, and plastic bags. This is due to its biodegradability
and displacement of petrochemicals for these applications.

The economic viability of a large-scale microbial fermentation process for acetic acid and
lactic acid production depends primarily on the cost of feedstock and downstream processing
technologies (Chen and Nielsen, 2016; Van Dien, 2013). The use of low cost and non-edible
biomass feedstocks such as agricultural wastes and sugar and starch-rich waste streams of
industries such as breweries, food and beverage industries etcetera, to produce these organic
acids will reduce the overall production cost and aid in effective waste management (Lee et al.,
2014).

Most acidogenic bacteria such as the lactic acid bacteria (LAB) and acetic acid bacteria
(AAB) cannot survive in acidic or extremely alkaline environments (Lee et al., 2014). The
production of undissociated organic acids acts as inhibitor for microbial growth by decreasing
the pH of the fermentation broth. The undissociated acid molecules will diffuse through the
membrane and decrease the intracellular pH (Aljundi et al., 2005). In order to maintain the
process viable, organic acid fermentation processes are typically operated at pH > pKa of the
acid by the addition of bases such as sodium hydroxide and calcium hydroxide. (Tung and King,
1994). The end uses for organic acids usually require the acids in the undissociated form. But the
bioconversion production methods typically result in the salts of organic acids which have high
water solubility and very low vapor pressure (Eggeman and Verser, 2005). The final
concentration of organic acids in the fermentation broth is typically much less than 10%. In order

for a downstream process to be economically viable, typical organic acid concentration must be



at least 5%, and this is above the tolerance limit for many microbial species (Chen and Nielsen,
2016). In addition, fermentation processes often produce a mixture of organic acids instead of a
single organic acid (Li et al., 2010; Veeravalli and Mathews, 2018; Zacharof et al., 2016). There
are some exceptions in industrial-scale organic acid production, where nontraditional microbes
such as Saccharomyces cerevisiae and Rhizopus oryzae have been used to produce a specific
organic acid such as lactic or succinic acids at concentrations > 10% and at pH < pKa of the acid
(Chen and Nielsen, 2016; Van Dien, 2013). However, there will be additional expenses for
engineering and maintaining microbial strains when compared to the natural producers to obtain
organic acids at high titer and under low pH conditions. The downstream processing costs for the
recovery of bioproducts from such low concentrations and neutral pH fermentation broths
represent up to 60% of the total production cost (Angenent et al., 2004; Zhang et al., 2014).
Thus, the economic feasibility of bioconversion methods to produce chemicals is largely
dependent on the efficiency of the recovery technique adopted.
1.4 Methods to enhance recovery and separation of organic acids

Organic acids such as acetic, citric, lactic, and succinic acids are recovered through
precipitation using calcium hydroxide. Large-scale industries such as Cargill have been using
this method for the production of lactic acid (Rush, 2012). In the traditional method, the
fermentation process is carried out at pH of 5.0-7.0 by the addition of calcium hydroxide, thus all
the organic acid that is produced is in the form of calcium salt. After the fermentation is
completed, the broth is evaporated. Then, an acidulant, typically sulfuric acid, is added to the
concentrated broth to free the organic acid. This step produces gypsum as the waste stream.
However, this method is not energy efficient and produces lot of waste materials. In the recovery

of lactic acid, 0.96 kg of gypsum is produced per kg of lactic acid recovered (Eggeman and



Verser, 2005). In order to enhance the recovery and economic viability of bioconversion
production methods, the downstream separation methods need to produce products with high
purity, with low energy requirements, while avoiding the production of waste materials.

lon exchange or adsorption on polymeric resins or activated carbon can be a viable
process for the recovery of organic acids from dilute aqueous solutions. Adsorption technology
has the lowest energy requirement compared to other techniques such as distillation and liquid-
liquid extraction (Abdehagh et al., 2013). When the fermentation process is operated at pH >
pKa: of the acid, it is essential to identify a suitable sorbent which has adsorption capacity for
these acids at pH > pKaz of the acid and can be regenerated with high recovery. However, weak
base resins have high uptake capacities for organic acids at low pH values (pH < pKay of the
acid) and their uptake capacities decrease with increasing pH. Some weak base resins have high
uptake capacities over a wide pH range. But, the recovery of acids is difficult with these resins as
they require stronger bases for regeneration. Evangelista (1994) and Gonzalez et al. (2006) have
proposed acidification of the fermentation broth using a fixed-bed adsorber containing cation
exchange resin to recover organic acids. The cation exchange resin exchanges hydrogen ions
with the salt ions and thereby decreases the pH of the fermentation broth. However, this will lead
to higher capital and operational costs as it increases the number of fixed-bed adsorber units, and
the chemical and adsorbent inventory. The other alternative is to conduct the fermentation at pH
< pKaz of the acid where sorption efficiency is high. Recently in order to address the problems of
downstream separation efficiency and economic feasibility, a novel low pH fermentation process
to produce carboxylic acids from biomass wastes that operates at pH of ~ 4 was developed by
Veeravalli and Mathews (2018). Acetic and lactic acids are produced at high conversion rates

using xylose as substrate. This proposed research will evaluate the extraction of these acids from



synthetic solution of acetic and lactic acids and develop phenomenological models to describe
the adsorption dynamics in fixed-beds.

A second focus of this work is on the sharpening of the solute front in adsorption column
to enhance bed capacity utilization. A high overall rate of adsorption is desirable in the adsorber
to utilize the adsorbent capacity most efficiently to reduce frequent cycling and regeneration
costs. In many applications, layered beds with adsorbent particles with different equilibrium or
kinetic properties have been used to improve bed capacity utilization. Mathews and coworkers
(Mathews, 1997; Mathews, 2005; Pota and Mathews, 2000) have described a novel adsorber
design that utilizes a convergent tapered configuration with adsorbent particles layered according
to size or density. The reactor configuration and particle size variation are such that the influent
fluid contacts an adsorbent bed with decreasing particle size and decreasing velocity in the
direction of flow leading to decreased mass transfer resistance along the bed length. This results
in a solute front that sharpens as it travels through the column. Comparative studies have shown
that breakthrough time can be increased by 46% to 75% for the sorption of a variety of solutes
such as phenol and trichloroethylene from agqueous phase onto activated carbon using tapered
beds with adsorbent layered according to kinetic properties (Pota and Mathews, 2000; Mathews,
2005).

1.5 Research objective

Many studies have been conducted on defining the sorption equilibria and dynamics for
the uptake of organic acids on adsorbents from individual acids. However, in order to effectively
design for recovery with high purity and selectivity from a multicomponent acid solution, an

accurate representation of multicomponent sorption equilibria and dynamics must be obtained.
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The main objective of this research is to study the adsorption dynamics of acetic acid and lactic
acid in single and multicomponent solutions in stratified fixed-bed adsorbers.
The specific objectives intended for this research are:

1. Develop equilibrium data for single component and multicomponent adsorption for acetic
and lactic acids on adsorbents such as granular activated carbon (GAC) and weak base
resins

2. Determine the kinetics of acetic acid adsorption on GAC and weak base resins

3. Study fixed-bed adsorption dynamics and solute front movement for the adsorption of
acetic and lactic acids on GAC and weak base resins in conventional and layered
adsorbers of cylindrical and tapered geometries

4. Develop mathematical models to describe batch kinetics and fixed-bed adsorption
dynamics for multicomponent adsorption of acetic and lactic acids from dilute aqueous
solutions and implement model solutions using COMSOL Multiphysics® software
The thesis has been organized into seven chapters. Chapter 2 is devoted to the review of

literature on adsorption and recovery of acetic and lactic acids using GAC and weak base resins.
This chapter also provides a review on process modeling of organic acids adsorption and
multicomponent adsorption dynamics in fixed-bed adsorbers. Chapter 3 describes the materials
and experimental protocols used for this research. The chapters 4, 5, and 6 will present the
results from experimental and fixed-bed adsorption dynamic modeling studies. Chapter 4
includes the single component and multicomponent adsorption equilibria and adsorption kinetics
of acetic and lactic acids on weak base resins and activated carbon. Chapter 5 includes
adsorption dynamics of organic acids on weak base resins and activated carbon in different

fixed-bed adsorber configurations. Chapter 6 includes the multicomponent adsorption dynamics

11



in fixed-bed adsorber on weak base resins. The results and contributions from this research are

summarized in chapter 7.
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Chapter 2
Literature Review

2.1 Introduction

This chapter is devoted to the review of literature on the objectives of this study. Firstly,
the industrial scale production of acetic and lactic acids through bioconversion methods is
discussed. Then, the existing separation techniques in the literature are detailed. This is followed
by a section on adsorption and recovery of these acids using resins and activated carbon. Factors
such as the basicity of the resin, pKa of the resin, pH of the solution, nature of fermentation
broth, and presence of other acids (i.e., multicomponent acid solutions) are needed to be
considered in the design of fixed-bed adsorbers using weak base resins. This chapter will explain
the effects of these factors on the selection of resins for the recovery of acetic and lactic acids
from fermentation broth. Further, a section of this chapter focuses on the solute front movement
and bed capacity utilization in different fixed-bed configurations. In order to develop
mathematical models to describe the adsorption dynamics in fixed-bed adsorbers, determination
of equilibria, kinetics, and fixed-bed adsorption dynamics is necessary. The later section of this
chapter focuses on the adsorption equilibrium in single and multicomponent solutions, kinetic
models, and fixed-bed adsorption dynamic models.
2.2 Industrial scale production of acetic acid and lactic acid through bioconversion
processes

At present, biochemical methods supply only about 10% of the worldwide demand of
acetic acid. Low cost of natural gas and projections of its increased availability for the
foreseeable future, challenges the economic viability of acetic acid production through
bioconversion methods (Biddy et al., 2016). In addition, the downstream processing costs for the

recovery of acetic acid from fermentation broths close to neutral pH represent up to 60% of the
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total production costs (Erickson et al., 2012; Jang et al., 2012). In the bioproduction of acetic
acid at industrial scale, substrates such as ethanol, cellulosic agricultural products, and
agricultural residues are used as feedstock. Acetous fermentation process is the sole route to
produce food-grade vinegar. It is a two-stage process comprising ethanol production and
subsequent aerobic oxidation to produce acetic acid. This process uses acetic acid bacteria
(AAB) such as Acetobacter, Gluconacetobacter, and Gluconobacter. However, this method is
largely dependent on the cost of raw materials that are used to produce ethanol, which leads to its
higher price compared to synthetically produced acetic acid (Jang et al., 2012). Acetobacter
strains can produce up to 203 g/L of acetic acid using ethanol as a substrate at productivity of 1.6
g/(L h) and with a molar yield greater than 98% (Straathof, 2014). This fermentation process
does not need pH control but requires oxygen to maintain aerobic conditions, which results in
additional costs. Anaerobic acetogens of the genera Clostridium and Acetobacterium produce
acetic acid from fermentation of sugars. Clostridium thermoaceticum (also known as Moorella
thermoacetica) is extensively studied and is considered to have industrial applications for
biobased production of acetic acid (Vidra and Németh, 2017). Moorella thermoacetica produces
100 g/L of acetic acid using glucose as a substrate, with productivity of 0.8 g/(L h) and 0.8 g/g
yield at neutral pH (Straathof, 2014). Several anaerobic acetogens of the genera Clostridium and
Propionibacterium also produce acetic acid as a product or coproduct from sugars such as
glucose (Baumann and Westermann, 2016). Many of the industrial production plants are based
on the fermentation of ethanol and simple sugars. The number of production plants using
nonedible plant biomass as feedstock is scanty. A list of industries along with the process details

that produce acetic acid through bioconversion methods is presented in Table 2.1.
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Table 2.1: List of companies producing acetic acid through bioconversion methods

Company Process details Reference
Non-food biomass is fermented under anaerobic https://afyren.com/en
Afyren, conditions at pH 4-7 to produce a mixture of volatile  /
France fatty acids (VFASs). The VFAs are recovered by (Nouaille and
extraction Pessiot, 2017)
Braskem Acetic acid is coproduced with isoprene through
Brazil ’ anaerobic fermentation of a carbon source at pH 6.5 (Koch et al., 2015)
using a genetically engineered microorganism
G_odav_ari . Molasses based ethanol is used as the feedstock to
Biorefineries S (Guzman, 2018)
i produce acetic acid
Ltd., India
Cellulosic bioethanol is used as feedstock to produce
SEKAB, acetic acid, acetaldehyde, and ethyl acetate. The http://www.sekab.co
Sweden current capacity for acetic acid production is 24,000 m/
tons/yr
Straw and other sugar-based biomass is fermented to
Wacker L
; ethanol, and subsequently converted to acetic acid via
Chemie AG, L . (Anonymous, 2010b)
G gas phase oxidation. The plant had a capacity of 500
ermany ;
tons/yr in 20009.
Cellulosic sugars are used as feedstock to produce
acetic acid and other short chain VFAs, which are http://www.zeachem.
ZeaChem subsequently converted to alcohols via com/technology/
Inc., USA thermochemical processing. The capacity of ethanol (Baumann and

biorefinery is 250,000 gallons/year and the acetic acid
production capacity is ~100,000 L/year

Westermann, 2016)

While the share of acetic acid that is produced through bioconversion methods is only

10%, lactic acid has an opposite trend. Almost 90% of the worldwide production of lactic acid is

based on bioconversion routes (Jang et al., 2012; Komesu et al., 2017a). The technology

readiness level (TRL) for the production of lactic acid from biomass is considered to be 9,

meaning that the production processes are operational at full range (Biddy et al., 2016). Lactic

acid producing bacteria are divided into four main groups, namely, lactic acid bacteria (LAB),

Bacillus strains, Escherichia coli, and Corynebacterium glutamicum (Abdel-Rahman et al.,

2013). Production of lactic acid from hexose and pentose sugars using homofermentative LAB is

well established in industrial scale plants. Theoretical yields of 1 g/g of lactic acid using hexose

and pentose sugars have been achieved (Abdel-Rahman et al., 2013; Straathof, 2014). However,
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several drawbacks such as the ability of LAB to consume only simple sugars, requirement of
nutrient rich media, product inhibition, production of racemic mixture, and risk of bacteriophage
infection has led to extensive research on screening for superior strains. Nontraditional
microorganisms belonging to algae, cyanobacteria, fungi, and yeast have been engineered to
produce lactic acid (Abdel-Rahman et al., 2013; Rush, 2012). A metabolically engineered E. coli
strain produced 138 g/L of D-lactic acid with an overall yield of 0.86 g/g and productivity of 3.5
g/(L h) using glucose as substrate (Jang et al., 2012). A Bacillus coagulans strain showed similar
productivity of 3.69 g/(L h) with a yield of 0.95 g/g while operating at pH 6 using lignocellulosic
biomass as feedstock (Murali et al., 2017). Many of the industrial production plants use edible
crop products such as corn, sugarcane, beets, and cassava as feedstock for lactic acid production.
Some companies are now considering using second-generation biomass such as waste biomass,
sugar-, and starch-rich industrial waste streams as an alternative feedstock to improve
sustainability and decrease the costs. A list of industries along with the process details that
produce lactic acid through bioconversion methods is presented in Table 2.2.
2.3 Separation and recovery processes

Precipitation is widely used for the recovery of organic acids from dilute fermentation
broth. Technical grade lactic acid (22-44%) can be obtained using this method (Komesu et al.,
2017b). However, this method generates low value calcium sulfate as waste. In addition, the
separation of organic acid mixtures is not feasible through this method. This necessitates the
further development of recovery processes.

Various recovery and separation techniques such as distillation, extraction, esterification,

and membrane separation have been studied to improve downstream separation efficiencies.

21



Table 2.2: List of companies producing lactic acid through bioconversion methods

Company Process details References
BBCA L-lactic acid is produced from
Biochemical  fermentation of corn. The company is hitp://www.bbcagroup.com/
Co., Ltd., projecting its production capacity to 30 ; ' '
China million tons/year by 2030.

D(-) lactic acid is produced from
Cellulac, UK  fermentation of deproteinized lactose http://cellulac.com/sf/

whey

Total Corbion
PLA,
Netherlands

Sugarcane is used as feedstock to

produce PLA polymer. In 2018, the plant

capacity was 75,000 tons/year.

https://www.total-corbion.com/
(O’Dowd, 2017)

Galactic,
Brussels

Lactic acid is produced from algae,
obtained as a waste from biodiesel
production process

(Coppée, 2012)

Henan Jindan

Corn is used as a feedstock to produce

Lactic Acid lactic acid and lactates. The plant
Technology capacity is 100,000 tons/year, which is http://jindanlactic.diytrade.com/
Co., Ltd., the second biggest in the world and
China biggest in Asia.
GC
Innovation Produces D- and L- lactic acids using https://www.gcinnovationamerica.
America, various types of feedstocks com/
USA
Feedstocks such as corn, cassava,
NatureWorks, sugarcane, and beets are used to produce https://www.natureworksllc.com/
USA PLA polymer. In 2010, the plant capacity : : '
was 140,000 tons/year.
Synbra
'tl)'\e/,‘chnology Plant capacity was 5000 tons/year (Biddy et al., 2016)

Netherlands

thyssenkrupp
AG, Germany

Feedstocks such as corn, cassava,

sugarcane, beets, and cellulosic materials
are used to produce PLA polymer. The

plant capacity is reported as 3000
tons/year

https://www.thyssenkrupp.com/en
/
(Biddy et al., 2016)

Many of these techniques were aimed at improving the recovery rate of lactic acid due to

its high value and demand. Due to the close boiling points of water and many organic acids,

particularly that of low molecular weight, the traditional distillation methods are ineffective.

Hence, reactive and molecular distillation processes have been proposed as efficient alternatives
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(Komesu et al., 2017b). In reactive distillation, two reversible reactions i.e., esterification and
hydrolysis are carried out in a single unit. Thus, to obtain high yields optimum reaction
conditions are to be maintained and catalysts such as acids and ion exchange resins are used.
Several studies have been reported to achieve yields of > 80% when pure component solutes of
concentration around 20% were used. On the other hand, molecular distillation requires
expensive equipment, high temperature (55-95 °C), and vacuum conditions to separate organic
acids from dilute aqueous solutions. These methods are considered as efficient purification
techniques, but no studies have been reported on the industrial application of these techniques for
the recovery of organic acids from fermentation broths.

A variety of extractants such as solvents, organophosphates, tertiary amines, and
quaternary amines have been studied for the recovery of organic acids from dilute aqueous
solutions. Among them, amine based extractants were found to be most suitable due to their
specificity and high distribution coefficients. Yang et al., (1991) studied the extraction of organic
acids from dilute aqueous solutions using tertiary and quaternary amines. Both these extractants
proved to be efficient to recover organic acids. However, the regeneration of quaternary amines
is quite difficult due to their high basicity. Hence, a tertiary amine, Alamine 336, was used in
their follow up study for the extraction of acetic acid from fermentation broth (Yang et al.,
1992). Synthetic lactose medium was used for fermentation process to produce acetic acid at a
pH of 7.6 and concentration of 4%. A 50% mixture of tertiary amine extractant, Alamine 336,
and a polar diluent 2-octanol were used for the extraction process. By back extraction with
dolomitic lime, > 25% CMA was recovered. It was estimated that granular CMA can be
produced at a cost of $215/ton using whey permeate as feedstock. However, the distribution

coefficient or the extraction efficiency, for this extractant mixture decreases at pH > 4 and is zero
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at pH > 7.5. Thus, low pH fermentation methods will improve the downstream separation
efficiency and reduce the cost of the final product. This method cannot be used for in situ
applications as the extractants are toxic to microorganisms. In addition, a high exchange area for
extraction and stripping is needed.

Katikaneni and Cheryan (2002) compared esterification and extraction processes for the
recovery of acetic acid from fermentation broth at pH 6.5 and concentration of 4.5%. The
fermentation broth was subjected to acidification using electrodialysis. An equimolar mixture of
Alamine 336 and 2-ethyl-1-hexanol at pH 3.5 resulted in an extraction efficiency of 85%. In
comparison, the esterification process using an alcohol to acid ratio of 3:1 resulted in yields of <
20%. The low concentration of acetic acid in the broth resulted in poor yields. Several studies
have been reported on the recovery of lactic acid using membrane processes. Due to their high
selectivity, membranes are also used for in situ product recovery to reduce the need for further
purification. However, the high cost of membranes, polarization, and fouling problems have
limited their application.

Adsorption processes have been reported to have the least energy requirement compared
to the other separation and recovery techniques that have been discussed (Abdehagh et al., 2013).
Adsorption operations can be conducted in situ or ex situ for the recovery of organic acids from
fermentation broths. In the in-situ application, adsorptive removal can also reduce the toxicity of
organic acids to the microorganisms. The productivity of the fermentation processes were
reported to increase by 1.3 and 4 times (Davison and Thompson, 1992; Garrett et al., 2015). In
this research, adsorption process technology is studied from both experimental and

phenomenological modeling standpoint for the effective separation of acetic and lactic acids.
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2.4 Adsorption and recovery of organic acids using resins and activated carbon

lon exchange and/or adsorption on polymeric resins and activated carbon can be a viable
option for the recovery of organic acids produced by fermentation processes. Synthetic
adsorbents are classified into strong-or weak-acid cation exchange resins and strong-or weak-
base anion exchange resins (Evangelista, 1994; Harland, 1994). This classification is based on
the functional or exchangeable ions attached to their polymeric matrix structures. Strong-and
weak-acid cation exchange resins contain strong (e.g.—SOs-H") and weak (e.g.—COOH) acids,
respectively as functional groups. Similarly, strong- and weak-base anion exchange resins
contain strong (e.g.—N-(CHz)3) and weak (e.g.—NHz) bases, respectively as functional groups.
Weak base resins are commonly used for the removal of free acids, and manufacturers such as
Purolite® (Bala Cynwyd, PA) and Dupont® (Midland, MI) supply weak base resins specifically
for the recovery of organic acids from dilute aqueous solutions. Many studies have been carried
out on the use of weak base resins and activated carbon adsorbents for the recovery of organic
acids from fermentation processes. A detailed list citing the use of weak base resins and activated
carbons for the recovery of acetic acid and lactic acid from aqueous solutions is given in Table
2.3. This table also contains the information on resin characteristics such as the pKa value,
functional group, and resin matrix.
2.4.1 Adsorption of organic acids on weak base resins

Adsorbent resins are insoluble in water, less toxic than extractants to microorganisms,
and are typically stable maintaining sorption capacity over several adsorption and desorption

cycles. Hence, they are considered suitable for use in extractive fermentation technology.
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Table 2.3: Characteristics of weak base resins and activated carbon and their applications for
recovery of acetic and lactic acids from aqueous solutions

Adsorbent Characteristics Process details
e Productivity of extractive fermentation process was
Functional group: 1.3 times compared to the controlled fed-batch
Amberlite Tertiary arr_line process to produce lactic acid
IRAG7 Type/Matrix: ¢ Resin stability was tested over 108 days of
Acrylic/gel fermentation and resin capacities for lactic and
pKa :8-10 acetic acid were on average 112.2 mg/g and 19.6
mg/g, respectively (Garrett et al., 2015)
Functional group: e Comparative evaluation of equilibria and kinetics for
Tertiary amine the adsorption of lactic acid at pH 4.85 on Amberlite
Amberlite  Type/Matrix: resins namely IRA67, IRA96, IRA900, and IRA400
IRA96 Styrene- was performed
DVB/microporous o Amberlite IRA96 showed an uptake capacity of
pKa :8-10 ~0.38 g/g (Moldes et al., 2003)
e At pH of 5-6, Reillex 425 has no uptake capacity
Functional group: while Dowex MWA-1 and Amberlite IR_A35 had
; ? ' 0.17-0.28 g/g and 0.29-0.35 g/g, respectively
. Tertiary amine . .
Amberlite Type/Matrix: e Selectivity for lactic acid over glucose followed the
IRA35 Acrvlic/oel ' trend: Dowex MWA-1 > Amberlite IRA35 > Reillex
ylic/ge o : .
oKa :8.32 425; Higher swelling and_ water uptal_<e_ by Amberllte
IRAS35 led to a decrease in the selectivity (Dai and
King, 1996)
Functional group:
Tertiary amine e Using Dowex MWA-1 and recovery with 1.5 bed
Dowex Type/Matrix: volumes of 5% ammonium hydroxide resulted in
MWA-1 Styrene- complete recovery and lactic acid was concentrated
DVB/microporous by ~2 times (Evangelista, 1994)
pKa :6.7/8.8
Functional group: e Overall yield of the extractive fermentation process
Pyridine reached the stoichiometric limit of 1 g/g glucose
Reillex 425 Type/Matrix: Poly (4 (Davison and Thompson, 1992)
vinylpyridine) (PVP) e Production of lactic acid was enhanced by 4 times
pKa :3.92/4.9/5.2 compared to the normal fermentation process
e Activated carbon was used to remove acetic acid
from pretreated corn stover hydrolysate
Activated e Five stages of adsorption was needed for effective
carbon removal of acetic acid

Activated carbon showed high selectivity to acetic
acid over glucose (Berson et al., 2005)
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In extractive fermentation, the products are removed from aqueous phase into the solid
resin phase, and this reduces the potential inhibitory effects from high product acid
concentrations. Organic acids are weak acids and they do not ionize or protolyze completely in
aqueous solutions. King and coworkers carried out extensive research on the development of
separation processes for the recovery of organic acids such as acetic, lactic, and succinic acids
from dilute aqueous solutions using weak base resins (Byers, 1996).When a fermentation process
is operated at pH > pKa; of the acid, it is essential to identify a suitable sorbent which has
adsorption capacity for the acid at that pH and can be regenerated with high recovery. The
schematic of driving forces for the recovery of organic acids from aqueous solution is shown in
Figure 2.1. Lactic acid has a pKa of 3.86 and when a weak base resin with pKa of 8.86 is
employed for sorption of lactic acid, there are five pH units of driving force available for
separation using sorption. When a basic regenerant such as sodium hydroxide with pH 10.86 is
used for regeneration process, then there are only two pH units available as driving force for
desorption. This leads to poor regeneration efficiencies and low recovery. Thus, it is essential to
choose a weak base resin and regenerant such that there is enough driving forces for adsorption

with high uptake capacities and regeneration with complete recovery (Lisa Ann Tung, 1993).

Sorption/
2 3.86 14
pH | Extraction Regeneration
] r i . | .
PK, PK, PK,
acid sorbent/ regenerant
extractant

Figure 2.1: Driving forces for sorption and regeneration process in recovery of organic
acids using sorbents or extractants (Lisa Ann Tung, 1993)
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2.4.1.1 Chemical structure of weak base resins
Most commonly used weak base resins are prepared from vinyl polymers of styrene-

divinylbenzene (DVB) or methyl acrylate-DVB (Harland, 1994) (Figure 2.2).

a) b)
— CH—CH,— CH—
| | i
(li— CH, CH— CH,—
COOCH, |

— CH — CH— CH—

— CH— CH,—

Figure 2.2: Chemical structure of (a) styrene-DVB, and (b) methacrylic acid-DVB
copolymers (Harland, 1994)

These copolymers do not contain any exchange sites and are further treated to impart ion
exchange functional groups. In case of styrene-based anion exchange resins, chloromethylated
styrene-DVB copolymer is considered as a parent molecule from which different types of anion
exchange resins are prepared. The reaction between the chloromethylated copolymers with
trimethyl amine gives type | strong base resin polymer and reaction with dimethyl ethanol amine
gives type Il strong base resin polymer (Figure 2.3(a), (b)). When methylamine or dimethyl
amine is reacted with the chloromethylated copolymer, weak base polymers of secondary or
tertiary amines are produced (Figure 2.3(c)). On the other hand, acrylic anion exchange resins
are produced from methyl acrylate-DVB copolymer. Acrylic weak base resin polymers with
tertiary amine functional groups are produced by amination of the copolymer with

dimethylaminproplyamine (DMAPA) (Figure 2.4(a)). Further reaction of this weak base polymer
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with methyl chloride results in strongly basic resin polymer with quaternary ammonium group
(Figure 2.4(b)).

Acrylic matrix resins are characterized by higher inorganic to organic content ratio
compared to the styrene-DVB matrix (Matsuda et al., 1996). Due to this characteristic, acrylic
resins are more hydrophilic than styrene-DVB resins. The hydrophilic matrix of acrylic resins
enhances interactions of the resin functional groups to effectively sorb organic compounds from
aqueous solutions. There is also a wider acceptance of acrylic based matrix resins for use in the
removal of organic compounds due to their inherent nature that imparts better fouling resistance
and high sorption capacities for high molecular weight compounds (Godshall, 2007).
2.4.1.2 Mechanisms in the adsorption of organic acids on weak base resins

The adsorption of organic acids on weak base anion exchange resins can be described
using a simple model known as the ideal exchange model (Evangelista, 1994; Garcia and King,
1989).

According to this model, in a single component weak acid and weak base ion exchange resin
system, one acid molecule (HA) from the bulk phase is exchanged with the water molecules
attached to a functional group in the resin (R) as follows:

HA + (H,0),, — R <=>nH,0 + HA—R (2.1)
The equilibrium in this reaction is defined by a constant Kz,

K. = HAZR}{(H;0}" (2.2)
L™ {HA}{(H,0)n—R}

The equilibrium parameter, K, in the Langmuir isotherm is related to the equilibrium constant, K

as.:

K __ (HA-R) (2.3)
(H,0)™  {HA}{(H20)n—R}
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Trimethyl amine Dimethyl ethanol amine

N(CH;)s N(CH;),(C,H,0H)

CH,CI
Dimethyl amine b) Type II strong base anion

exchange resin polymer

a) Type I strong base anion
exchange resin polymer

—CH—CH,— CH—

|
(:I_]:3 Q
| — CH—CH, CH;—N-—(C,H,OH)CI

| _ CH3

Q Q.

CH, N—— CH,CI-
—CH CH,

CH3

c) Styrene - DVB weak
base anion exchange
resin polymer

Figure 2.3: Process scheme for the synthesis of (a) type I, (b) type Il strong base styrene-
DVB anion exchange resin, and (c) weak base styrene-DVB anion exchange resin
polymers (Harland, 1994)
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|
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a) Acrylic weak base anion
exchange resin polymer

Methyl chloride

CH,CI

/’

-+ — CH +—CH,— CH—CH,—

CH, 0=C

| |
CI-CH;—N"—(CH,);/NH

\ CH; / , —CH—CH,—

b) Acrylic strong base anion
exchange resin polymer

Figure 2.4: Process scheme for the synthesis of (a) weak base and (b) strong base acrylic
anion exchange resin polymers (Harland, 1994)

Using the following assumptions: (1) each functional group associates with only one acid

molecule, (2) all the functional groups in the resin are equally basic, accessible, and their total
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number remains constant, and (3) the activity coefficient of all the components in the system
remains constant, the following expression of Langmuir isotherm results:

4 _ _KCua (2.4)

am 1+KCha
where q is the concentration of acid molecule in the adsorbed phase (g/g), gm is the maximum
adsorption capacity (g/g), and Cha is the concentration of acid molecule HA in the liquid phase
in equilibrium with the solid phase of the resin (g/L). Substituting the expression for equilibrium
parameter K, the ratio of equilibrium uptake capacity of the resin to the maximum uptake
capacity is described by the following equation:

a _ (AR (2.5)
am  {HA-R}+{(H;0)n,—R}

The equilibrium parameter, K (L/g), is a measure of strength of complexation and basicity of the
resin and is obtained from the slope of the sorption isotherm (Tung and King, 1994) (Figure 2.5).
The higher the slope of the isotherm the higher is the basicity or the pKa of the resin. Weak base
resins have higher uptake capacities for organic acids at low pH values (pH < pKa: of the acid)
(discussed further in the section 2.4.1.3). But, their uptake capacities decrease with increasing pH

values as shown in Figure 2.6. When strong basic resins with sorption capacity at pH greater than

>

2

Acid Uptake

Increasing
Sorbent Basicity

Solution Concentration

Figure 2.5: Effect of resin basicity on the acid uptake capacity of weak base resins (Tung
and King, 1994)
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Figure 2.6: Effect of pH on the acid uptake capacity of weak base resins of different
basicities (Tung and King, 1994)

pKa of the acid are used, the recovery process can be carried out in the fermenter or in the
external loop without using chemicals for pH adjustment. But, stronger sorbents or resins with
high basicity need stronger regeneration methods as well. Reisinger and King (1995) studied the
sorption and recovery of acetic acid at pH > pKa using weak base resins of different basicities.
The adsorption experiments were carried out at a pH of 6 and slaked dolomitic lime was used as
the regenerating agent. The resins with high basicity needed the pH of the dolomitc lime to be
above 11 and the resins with low basicity needed the pH to be at least 10. However, due to the
insufficient driving forces, the recovery efficiencies were poor and there was no overall
concentrating effect. Garrett et al., (2015) studied the adsorption performance and stability of
Amberlite IRA67 for the in situ extraction of lactic acid at pH 5.5. Although the resin retained its
adsorption capacity for 11 cycles of sorption and desorption over 108 days, the recovered acid
was dilute in concentration at 3 g/L. Although weak base resins are suitable for the recovery of
organic acids, the operating pH and basicity of the resin are needed to be considered for

obtaining high recovery efficiencies.
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2.4.1.3 Effect of pKa of the resin on the uptake capacity

The effect of the pKa of the weak base resins on acid uptake capacity has been illustrated
using different reaction mechanisms in the literature. The main reactions are based on the
dissociation reaction of organic acids in the aqueous solution and the reversible protonation of
the functional group in weak base resins as (Helfferich and Hwang, 1985):

HA<=>H*'+ A~ (2.6)
—R+H* <=> —RH* (2.7)

Strong acid functional groups such as —~SO3-H" ionize even at low pH and weak acid
functional groups such as the —COOH ionize only at high pH. Similarly, strong base functional
groups such as —N-(CHs)s remain ionized till a high pH, whereas weak base groups such as —
NHs ionize only at low pH. Thus, the pH of the solution affects the degree of ionization of weak
functional groups, and hence the exchange capacities of weak acid and weak base resins are pH
dependent.

The pKa values of weak base resins are usually high (pKa 8-10), except for resins such as
Reillex 425 which has a pKa of 4.9, and Riedel-de-Haen V1-15 which has a pKa of 6.9
(Evangelista, 1994). These resins stay protonated when pH of solution is less than their pKa
(resin’s pKa) and dissociate only when the pH of the solution is greater than its pKa. Thus,
Equation (2.7) is considered essentially as an irreversible reaction as the resin can get protonated
at a rapid rate when the solution pH < pKa of resin.

—R+H*=> —RH* (2.8)

During the uptake of acids, the protonation reaction of the weak base group is much
faster than the diffusivity rate of the acid anion (A°) and this creates a boundary in the resin

particle. The resin particle is divided into an inner core, which is in the initial unprotonated form
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and an outer core, which is in the protonated form. For dibasic acids such as sulfuric acid and
succinic acid (H2A), the HA" also can protonate the weak base resin along with the H" ion. These
reaction mechanisms are further simplified into the rate-controlling ion reaction where the
protonation reaction controls the uptake of acid by the weak base resins.
—R+H*+ A~ => —RH*A~ (2.9)

This reaction mechanism explains why in the adsorption of weak acids such as acetic acid
and lactic acid, the undissociated acid is always the main proton carrier and rate-controlling ion.
Thus, the pH of the solution effects the degree of ionization of weak base functional groups and
the exchange capacities of weak base resins are pH dependent. Due to the presence of weak base
functional groups such as tertiary amine and pyridine, the uptake capacity of weak base resins is
maximum at low pH values and it decreases with increase in the pH of the solution (Reisinger
and King, 1995). Also, because of the effect of the solution pH on the protonation of the resin,
low basic resins such as Reillex 425 have a narrow pH range for the sorption of weak acids
compared to the very high basic weak base resins (Tung and King, 1994) as shown in Figure 2.7.
Present-day weak base resins contain common functional groups such as tertiary amine and
pyridine with predetermined pKa values. Thus, it is important to consider the differences in the
functional groups and utilize these resins at their best operating pH for the recovery of organic
acids obtained from bioproduction methods.
2.4.1.4 Regeneration of weak base resins

In the typical bioprocess to produce acetic acid or lactic acid, the pH of the fermentation
broth is maintained at close to neutral pH by the addition of alkali. This results in the formation
of salt of the acid as the product. A strong base ion exchanger can recover the acid in the salt

form. However, regeneration of the strong base resin requires a stronger desorbent. Moldes et al.,
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(2003) compared the adsorption equilibria and kinetics of strong base and weak base resins for

the recovery of lactic acid at a pH of 4.85.
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Figure 2.7: Effect of pH on the normalized uptake capacities of lactic acid on commonly
used weak base resins (Tung and King, 1994)

Strong base resins contain quaternary ammonium cation as the functional group with CI-
ion as the exchangeable ion. These resins can be converted between CI- and OH" forms by
washing them with HCI and NaOH respectively. When a strong base resin in CI" form is used for
the recovery of organic acid present as a salt form (NaA), the recovery mechanism is represented
as:

—R*Cl™ 4+ Na* + A~ <=> —R*A™ + Na(l (2.10)
—R*A"+H" + Cl” <=> —R*Cl” + HA (2.12)
When the strong base resin in OH" form is used for the recovery of organic acid present as a salt

form (NaA), the sorption and recovery is represented as:

—R*OH™ + Na* + A~ <=> —R*A™ 4+ NaOH (2.12)
—R*A"+ H* 4+ Cl- <=> —R*Cl” + HA (2.13)
—R*Cl” + Na* 4+ OH™ <=> —R*OH™ + Na(Cl (2.14)

36



Thus, the application of strong base resins will result in increased costs, because of the
requirement of higher number of stages, chemicals, and waste management. Also, based on
adsorption equilibrium and kinetic studies, it has been proven that weak base resins are more
favorable for the recovery of organic acids compared to strong base resins (Moldes et al., 2003).

Weak base resin adsorbents adsorb only the free organic acid, as they are effective at pH
values where only the undissociated form of the acid is present. These resins are also easy to
regenerate by using solvents such as alcohols (e.g., methanol and ethanol) or acetone. The
product can be obtained in the acid form after evaporating the solvent. Other regeneration agents
such as hot water and lime slurry have also been shown to be effective for the recovery of
organic acids using weak base resins (Davison et al., 2004). Reisinger and King (1995)
developed a process to produce CMA from fermentation methods. In this process,
Ca(OH)2/Mg(OH):2 is used to regenerate the weak base resins. The mole ratios of calcium and
magnesium used to prepare the regenerating chemical determines the chemical composition of
CMA and the downstream processing steps. When 2.6 equivalents of dolomitic lime per
equivalent of acetic acid was used, 90% of desorption was reported. However, the CMA
obtained through this process is dilute in concentration and requires additional steps such as
evaporation and spray drying. This regeneration scheme is given as:

—RH*A™ 4 Ca(OH), + Mg(OH), <=> —R + CaMg(A) + H, 0 (2.15)

In a study on the recovery of adipic acid using weak base resins, solvents such as
methanol, acetone, 2-propanol were tested as eluants (Kawabata et al., 1981). Adipic acid in
aqueous solution at 1.5 wt% was adsorbed on a poly (4-vinyl pyridine) polymer and using
methanol as an eluant, a final solution with 8-10 wt% concentration was obtained. Elution was

simpler and required lower amount of eluant for poly (4-vinyl pyridine) resins compared to the
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strong and weak base resins. However due to its low basicity, poly (4-vinylpyridine) resins have
a narrow pH range for the uptake of organic acids compared to the strong base and weak base
resins. Hence, weak base resins with tertiary amine functional groups are a better option for the
recovery of organic acids as they have high uptake capacities over a wide pH range and can be
easily regenerated with bases or solvents.
2.4.1.5 Recovery and separation of mixed acids

In a mixture of products, the selectivity of a sorbent to a compound can arise from
different effects such as equilibrium, kinetic, molecular sieving, and desorption effects (Thomas
and Crittenden, 1998). Gas and liquid mixtures are separated using adsorbents capable of
introducing these effects. Processes such as those involving bulk separation of O2-N2, ethanol-
water, and glucose-fructose are well known applications of these techniques. A mixture of
carboxylic acids can be separated using weak base extractants or sorbents if their pKa values are
different. Schiigerl (2013) reported that formic acid (pKa 3.7) can be separated from acetic acid
(pKa 4.76), and pyruvic acid (pKa 2.49) using a suitable extractant at an appropriate pH value.
Monobasic and dibasic acids such as lactic and succinic acids can be separated by
chromatographic fractionation in a fixed-bed containing basic resin, operating at a suitable pH
(Husson and King, 1999). In addition to the separation of weak acids, weak base resins are also
efficient in separating strong acids such as hydrochloric, sulfuric, and nitric acids from weak
acids such as lactic acid (Gustafson et al., 1970). Resins with high basicity will have greater
affinity to both strong and weak acids, whereas resins with low basicity will show selectivity
towards strong acids than weak acids. A resin with pKa of 3.92 separated HCI from weak acids
such as acetic, lactic, and citric acids efficiently for double the number of bed volumes compared

to a resin with pKa ~ 6.7 (Gustafson et al., 1970). These separations of mixed acids depend on
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the strength of the basic group of the sorbent. Thus, the basicity of the anion exchange resins
becomes an important factor in the selection of a resin for separation and recovery of valuable
products.
2.4.2 Adsorption of organic acids on GAC

Several studies have been reported on the use of GAC for the removal and recovery of
organic acids from processes such as biomass hydrolysis, pulp production, and terephthalic acid
production processes (Ahsan et al., 2013; Berson et al., 2005). GAC was also used to recover
acetic acid from waste streams of industries such as petrochemical and fine chemical refineries
(Ganguly and Goswami, 1996). Activated carbon was used for the recovery of lactic, acetic, and
butyric acids present at initial concentrations of 11.66, 2.79, and 6.58 g/L in the fermentation
broth of food waste. Percentage removals of 15.99, 49.67, and 64.92 were obtained for the
adsorption of lactic, acetic, and butyric acids respectively at adsorbent dosages of 5 g per 50 ml
(Yousuf et al., 2016). According to Traube’s rule, the sorption affinity of carboxylic acids on
activated carbon increases with increase in the length of the acid’s carbon chain. A study on
sorption of acetic, propionic, and butyric acids on activated carbon has shown that the adsorption
capacities are in the order of butyric acid > propionic acid > acetic acid (da Silva and Miranda,
2013). Similar to weak base resins, activated carbon exhibits a high sorption capacity at low pH
values and its sorption capacity decreases with an increase in the pH. At an initial pH of 2,
activated carbon gave a maximum adsorption capacity of 0.31 g/g of acetic acid. The acid
removal percentage for activated carbon decreased by 40% with an increase in pH from 2to 6
(Yousuf et al., 2016).

The adsorption of organic acids on weak base anion exchange resins is based on the acid-

base interactions between the carboxylic group of the acid and amine group of the resin, whereas
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in activated carbon, the hydrophobic interactions between the carbon chain and surface of the
activated carbon is the major contribution to the adsorption mechanism. Due to the non-specific
nature of such interactions, the uptake capacities of acetic and lactic acids on activated carbon
are lower compared those for resins. Comparative studies between resins such as Amberlite
IRAG67 and Purolite A133S and activated carbon have shown that the resins have higher uptake
capacities for organic acids from single and multicomponent solutions than activated carbon (da
Silva and Miranda, 2013; Yousuf et al., 2016).

Since, the adsorption of organic acids on activated carbon is due to weak hydrophobic
interactions of acids with the carbon surface, the regeneration process is simple. Alcohols such as
ethanol and propanol with higher hydrophobicity act as efficient vehicles for desorption of
organic acids from activated carbon. Though activated carbon is less costly compared to resins,
the low specificity and selectivity hinders its application as a recovery agent in the fermentation-
based production processes. However, due to its low selectivity for organic acids, activated
carbon is a viable option for the recovery of organic acids from waste and process streams where
there are less competitive effects.

2.5 Fixed-bed adsorbers for the recovery of organic acids

In bioconversion production processes, the application of in situ product recovery (ISPR)
schemes is attractive. These schemes improve the productivity by enabling continuous operation
and reducing the product inhibition. Adsorption is carried out either in batch or fixed-bed mode
of operation. In the batch mode of operation, the direct addition of resins or activated carbon
promote the substrate consumption and improve the productivity. However, the recovery of spent
sorbents from the fermentation broth is cumbersome and the process cannot be operated in a

continuous mode. In a study on recovery of acetic acid from aqueous solutions, batch adsorption
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using activated carbon and a three-stage countercurrent desorption process was used. Desorption
with ethanol resulted in the recovery of > 90% of the acid, and a mass yield of 37.3% was
achieved (da Silva and Miranda, 2013). The overall yield can be improved by using continuous
product recovery systems such as fixed-bed adsorbers instead of batch systems.

Adsorption using fixed-bed adsorbers is the most widely used technology in industrial
scale processes due to its ability to process large quantities of feed (Zhou et al., 2013). A fixed-
bed adsorber containing 4.1 g of Amberlite IRA67 was used to recover lactic acid present at an
initial concentration of 48 g/L and at a pH of 4.85 from a simultaneous saccharification and
fermentation (SSF) broth. A flowrate of 3.5 ml/min was used and breakthrough was observed
almost instantaneously. Desorption using HCI resulted in effluent concentration lower than the
feed concentration of the solute (Moldes et al., 2003). Thus, when fixed-bed adsorbers with low
empty bed contact times are used, it is difficult to obtain high product recovery. Gonzalez et al.,
(2006, 2007) developed a novel scheme for the production and recovery of lactic acid from
fermentation of sweet whey ultrafiltration permeate carried out at pH 5.6. The fermentation broth
was first clarified using ultrafiltration and was then acidified using a cation exchange resin.
Subsequently, lactic acid was recovered using anion exchange resin in a fixed-bed adsorber. The
adsorber containing 25 g of resin was operated at a feed flow rate of 14 bed volumes/h at 25°C.
This resulted in 25 bed volumes of > 99% pure lactic acid with respect to other components in
the broth, and further concentration using reverse osmosis and vacuum evaporation resulted in
50% (w/w) lactic acid. The authors conducted an economic evaluation for an industrial scale
process using the same process schematic for the production and recovery of lactic acid with two
fermenters each of 100 m® volume. They have reported that the proposed process was

economically viable in producing 50% lactic acid at 1.25 $/kg compared to the then market price
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at 1.38-1.6 $/kg. Thus, fixed-bed adsorption is considered to be an efficient technology for
product recovery in bioconversion production methods.
2.5.1 Importance of bed capacity utilization in the design of fixed-bed adsorbers

A high overall rate of adsorption is desirable in the adsorber to utilize the adsorbent
capacity most efficiently and to reduce frequent cycling and regeneration costs. In a typical
fixed-bed adsorber, the movement of the solute front along the bed length is determined by the
adsorption equilibrium, adsorption kinetics, bed geometry, and sorbent properties. In the absence
of mass transfer resistances and axial dispersion effects, a solute with favorable isotherm moves
along the fixed-bed as a shock front with a vertical concentration profile. As shown in Figure
2.8, at breakthrough, a sharp front exits the column leading to complete bed saturation and a
maximum bed capacity utilization (Mathews, 2005). However, in practice, the presence of mass
transfer resistances and axial dispersion effects will lead to spreading of the shock front and
decrease the bed capacity utilization. In a conventional cylindrical adsorber with a single
adsorbent particle size (Figure 2.9(a)), a constant pattern solute front (Figure 2.9(b)) will develop
and it travels along the bed length with a constant velocity. For a solute with a favorable

isotherm and symmetric solute front, the fractional bed capacity utilization is given by:

L
fractional bed capacity utilization =1 — 0.5 AZTZ (2.16)

where L is the bed length and Lwurz is the length of the mass transfer zone. As a rule of thumb, the
lower the Lmtz the higher the bed capacity utilization. Moreover, in liquid phase applications the
mass transfer zone is quite diffuse resulting in poor bed capacity utilization. When a diffuse
solute front exits the column at breakthrough, a significant portion of the sorbent in the fixed-bed

will be left unutilized.

42



—  Equilibrium

1.0 shock front \

~ Sharpened
solute front
Diffuse front
0

Time

Figure 2.8: Effect of solute front shape on breakthrough curves for a solute with favorable
adsorption isotherm (Mathews, 2005)

Several studies have been conducted on the recovery of a variety of products from
bioconversion processes using fixed-bed adsorbers. GAC was used in a fixed-bed adsorber to
separate and recover fumaric acid from fermentation broth containing 5 g/L fumaric acid, 3.1 g/L
glucose, and 1.8 g/L malic acid at pH 2.0. Subsequent desorption with acetone resulted in a
recovery yield of 93% for fumaric acid (Zhang et al., 2014). The experimental data reported in
their study show that the fixed-bed adsorber did not attain saturation. However, based on the
time of exit for the breakthrough curve and given bed height, the fractional bed capacity
utilization was estimated to be only ~53%.

There are several methods to increase the bed capacity utilization. Lin et al. (2017a)
studied the recovery of levulinic acid from aqueous solutions using a fixed-bed adsorber with a
single adsorbent particle size at different operating conditions. They have reported that the bed
capacity utilization decreased when there was either an increase in the inlet flow rate or decrease
in the diameter of the column. They have also reported that by increasing the bed length in three
separate fixed-bed experiments, L/Lmrz values of 1.45, 1.72, and 4.23 were obtained, and the bed

capacity utilization was increased only by 13% overall.
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Figure 2.9: (a) Cylindrical adsorber with single adsorbent particle size, and (b) length of
mass transfer zone, Lmtz, and concentration profile along the bed length (L)

Equation (2.16) shows that an increase in L/Lmtz beyond a factor of three does not result in any
significant improvement in the bed capacity utilization. Another method to improve bed capacity
utilization is to use smaller adsorbent particle sizes. In a study on recovery of 1-butanol from
acetone-butanol-ethanol(ABE) fermentation broth, the effect of particle size on adsorption rate
was studied (Saravanan et al., 2010). Zeolite and alumina/silica based extrudates of 30-80, 16-24,
and 12-24 mesh sizes were used for biobutanol recovery. The breakthrough curves obtained in
their study showed that the bed capacity utilization is highest for the bed with the smallest
particle size. However, the dramatic increase in pressure drop as particle size is decreased, limits
this approach.
2.5.2 Application of layered beds for improving the bed capacity utilization

In some applications, layered beds with adsorbent particles with different equilibrium or

kinetic properties have been used to improve bed capacity utilization. In gas phase applications
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such as hydrogen separation from multicomponent gas mixtures, adsorbents with low uptake
capacities are placed at the inlet and those with higher uptake capacities follow along the bed
length. This arrangement aids in sharpening the solute front and thus increase the bed capacity
utilization (Jang et al., 2011; Park et al., 1998). However, in liquid phase applications there have
been no studies reported on the use of layered beds with different equilibrium sorption
capacities. This is due to the difficulty of regeneration and particle mixing during the backwash
process. Mathews and coworkers have described a novel adsorber design that utilizes a
convergent tapered configuration with adsorbent particles layered according to size or density
(Figure 2.10(a)) (Mathews, 2005, 1997; Pota and Mathews, 2000). The reactor configuration and
particle size variation are such that the influent fluid contacts an adsorbent bed with decreasing
particle size and decreasing velocity in the direction of flow leading to decreased mass transfer
resistance along the bed length. This results in a solute front that sharpens as it travels through
the column (Figure 2.10(b)). In this novel configuration, particle diameters and angle of the bed
can be chosen such that the minimum fluidization velocity of the upper layers are lower than the
succeeding layers that follow. This type of arrangement will let the particles remain reverse
stratified during backwash. Comparative studies have shown that breakthrough time can be
increased by 46% to 75% for the sorption of a variety of solutes such as phenol and
trichloroethylene from aqueous phase onto activated carbon using tapered beds with adsorbent
layered according to kinetic properties (Mathews, 2005; Pota and Mathews, 2000). Thus, the
reverse stratified tapered bed adsorber provides higher bed capacity utilization compared to the

other configurations.
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2.6 Process modeling of organic acid adsorption on weak base resins
In a fixed-bed adsorber, the flow conditions and mass transfer rate affect the uptake

capacity throughout the column length.
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Figure 2.10: (a) Tapered adsorber with adsorbents layered according to size and (b)
concentration profile along the bed length (L)

Mathematical model of a fixed-bed adsorber is useful for the design and optimization of
adsorption process at different process conditions without the need for extensive
experimentation. Moreover, a suitable mathematical model will also be useful to predict the
concentration profile for various scenarios such as variable inlet concentration, change in particle
diameter, and it can predict the concentration profile at any location along the bed length within
the fixed-bed adsorber. The design and scale up of fixed-bed adsorbers need a systematic study

of equilibria, kinetics, and sorption dynamics in the column.
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2.6.1 Adsorption equilibrium

The accurate description of adsorption equilibrium data using appropriate isotherm
equations is important for the estimation of kinetic parameters, effective simulation of adsorption
dynamics in fixed-beds, and prediction of breakthrough curves. Batch experiments are usually
conducted to develop isotherm models to fit the data and to establish the strength of affinity of
the adsorbate to the adsorbent.
2.6.1.1 Single-component adsorption equilibrium

Adsorption equilibrium experimental data are usually fitted to Langmuir (1918),
Freundlich (e.g. Foo and Hameed (2010)), linear-Freundlich (e.g. Mathews (2005); Redlich and
Peterson (1959)), and Sips (1948) isotherm equations.
2.6.1.1.1 Langmuir isotherm

According to Langmuir’s theory, the adsorption between gas molecules and solid or
liquid surfaces depend upon the intensity of chemical forces. All the sites on a sorbent surface
are assumed to have equal affinity for the adsorbate and true adsorption occurs only on a single
molecular layer till the surface sites are saturated. Adsorption experiments with different gases
on mica, glass, and platinum have shown that monolayer sorption occurs depending upon the
pressure and the surface forces on the adsorbent (Langmuir, 1918). The Langmuir isotherm is
given as follows (e.g. Bolster and Hornberger (2007)):

_ dmKce (2.17)

qe = 1+Kce
where e and ce are the equilibrium sorption capacity (g/g) and solute concentration in bulk phase
(9/L) respectively. The linearized forms of the isotherm equations are given as:

11,1 (2.18)

de dm qmKce
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Co_ ey 1 (2.19)

de dm aqmK

2.6.1.1.2 Freundlich isotherm
This is an empirical model explained in terms of an adsorbent with heterogeneous surface
with non-uniform distribution of adsorption affinities. The adsorption sites with high bonding
energy are occupied first and the adsorption energy will decrease till the adsorbent reaches
saturation (Foo and Hameed, 2010). This isotherm does not reduce to the Henry’s law at low
concentrations and lacks the fundamental thermodynamic basis. Because of the log-log
transformation in the linearized form, it gives a good fit to the sorption data. The Freundlich
isotherm is given as:
qe = Krc," (2.20)
where Kr is the Freundlich isotherm parameter (g/g)(L/g)". The linearized equation is given as:
log q. = log Kr +nlogc, (2.21)
The value of n ranges between 0 and 1. It is a measure of surface heterogeneity, becoming more
heterogeneous as its value gets closer to zero.
2.6.1.1.3 Linear-Freundlich isotherm
Redlich and Peterson proposed an empirical isotherm for the adsorption of pentane on
molecular sieves and is applied to other adsorbent-adsorbate systems as well (Redlich and
Peterson, 1959). This isotherm reduces to the Freundlich isotherm at high concentrations and to
the linear isotherm at low concentrations. It is called the linear-Freundlich isotherm by Mathews

(2005). The isotherm is given as:

g, = e (2.22)

1+bcpP

where a (g/g)(L/g), b (L/g)?, and p are linear-Freundlich isotherm parameters.
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2.6.1.1.4 Sips isotherm

Sips developed a theoretical isotherm for the sorption of gases on heterogeneous catalytic
surfaces. The active sites on these surfaces are characterized by a statistical distribution of
sorption energies similar to a Gaussian distribution (Sips, 1948). At high concentrations, the
isotherm reaches saturation and at low concentrations it reduces to the Freundlich isotherm. The
isotherm is given as follows:

ace? (2.23)

1+bce?

qe =
where a (g/g)(L/g)?, b (L/g)", and y are Sips isotherm parameters.

The traditional and most widely used approach for finding the best fitting isotherm is
through linear regression of isotherm data to fit the linearized isotherm equations. Many studies
reported in the literature have used linearized isotherm equations to fit the experimental data and
determine the isotherm constants based on the value of coefficient of determination, r?.

Z?:l(Qe,e_Qe,p)z (224)

Z?: 1(CIe,e_Qe,mean)2

Coefficient of determination = 1 —

where gee and gep are the experimental and predicted equilibrium concentration of solute in the
solid phase of adsorbent (g/g) respectively. In such cases, the effect of linearizing the isotherms
on the transformation of data and the consistency and accuracy of the obtained results are
ignored. Though this method is simple, it is erroneous as the linearized isotherm equations
evaluate the data on a transformed scale. Also, it is not possible to obtain the isotherm constants
for a three-parameter isotherm through this method as the number of unknowns are higher than
the known values we obtain from a linear fit. The inherent bias in determining adsorption
isotherm constants from linearized equations has been pointed out by some researchers (Foo and
Hameed, 2010; Wong et al., 2004). Foo and Hameed (2010) have stressed the importance of

using proper estimating procedures to fit appropriate isotherm equations to equilibrium data
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particularly in light of the growing interest in the use of adsorption as an effective purification
technology in water treatment and wastewater renovation. These authors have shown that linear
estimation methods generate different outcomes based on the way the isotherm equation is
linearized. Wong et al. (2004) have reported that in the adsorption of acid dyes on chitosan,
while the Langmuir isotherm in the linear form gave a good fit for the entire concentration range,
the Freundlich isotherm gave different isotherm constants for each set of concentration range
studied. However, the linear-Freundlich isotherm gave a better overall fit using the nonlinear
regression method due to its ability to represent data in the low and high concentration ranges.
This led to the conclusion that least squares minimization procedures to fit data with non-
linearized isotherm equations leads to better outcomes than the use of linearized isotherm
equations. An iterative procedure targeted to minimize the average relative error (ARE) between
the experimental and predicted adsorbed phase concentration values can be implemented. The
ARE is defined as:

100 (2.25)

n

dee—dep
dee

n

Average relative error = };_; *

where n is the number of experimental data points. The isotherm constants are obtained by
minimizing target error value using an iterative procedure and initial estimates of the isotherm
constants.
2.6.1.2 Multicomponent adsorption equilibria

The multicomponent Langmuir isotherm model is simple and commonly used to predict
multicomponent equilibrium data. It is also known as the extended Langmuir isotherm model. It
depends on the parameters obtained from the single component system and is given as:

_ _dmiKiCei (2.26)

- 1+25~€ K]'Ce]'

Gei
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Several studies on multicomponent sorption equilibria have been conducted using this model for
fitting the experimental data instead of predicting the isotherms. Jiao et al., (2015) studied the
adsorption dynamics of acetone, butanol, and ethanol on a polystyrene diethylbenzene resin in
fixed-bed adsorbers. The single component isotherm data for the sorption of butanol on this resin
proved to give high uptake capacity for butanol. However, the single component isotherms for
the other components was not studied. Hence, in the multicomponent sorption study, the
experimental data was fitted with the Equation (2.26) to obtain the isotherm parameters. Zhou et
al., (2013) studied the multicomponent sorption dynamics of ethanol, glucose, glycerol, and
acetic acid on a polystyrene-DVB resin. Single- and multi-component equilibrium studies were
conducted. However, the isotherm constants obtained from the single component isotherm data
were not utilized to predict the isotherm parameters for Equation (2.26). In these cases, the new
isotherm constants obtained are different from the single component isotherm constants.

Another modification of this equation is the use of interaction term, n;, to improve the fit
for multicomponent adsorption equilibrium. This equation adjusts the single solute isotherm

constants such that they give a good fit for the multicomponent systems.

0o = (QmiKiCei/m) (2.27)
et

B 1+29€(ch€]. n]-)
Lee et al., (2004) developed a simulated moving bed process for the recovery of lactic acid from

fermentation broth. In their study, the adsorption equilibria of lactic acid and acetic acid was

determined using a dual-site Langmuir isotherm model.

(aicei) (228)

Qei = HiCei + 3% (bjcs)

where H (g/g)(L/g), a (9/g)(L/g), and b (L/g) are dual-site Langmuir isotherm parameters.

Multiple frontal tests were conducted to determine the isotherm parameters for the single-
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component adsorption of acetic and lactic acids on a PVP resin. The modified Langmuir
isotherm, i.e., the dual-site Langmuir isotherm model provided a better prediction especially at
low concentrations for the multicomponent experimental data compared to the extended
Langmuir isotherm model. Song et al., (2017) studied the adsorption equilibria of lactic acid,
acetic acid, and glucose on polystyrene-DVB resin. They have used the dual-site Langmuir
isotherm model, given in Equation (2.28), to obtain the multicomponent equilibria. However,
instead of using the single component isotherm constants to predict the multicomponent
adsorption equilibria, they have fit the experimental data with the dual-site Langmuir isotherm
equation. Thus, this model might not be good for predicting the multicomponent equilibria at
concentrations outside the range used in their experiments. Also, at low concentrations, this
isotherm will not reduce to linear isotherm. Thermodynamic consistency requires all isotherms to
reduce to the linear isotherm or the Gibbs isotherm at low concentrations.

Myers and Prausnitz (1965) proposed the ideal adsorption solution theory (IAST) for gas
mixtures in order to predict multicomponent equilibria using the single component isotherm data.
This theory assumes that the adsorbed phase is ideal. The concentration of solute in the liquid
phase in equilibrium with the solid phase, c, is given by the product of its mole fraction in the
adsorbed phase, x, and the equilibrium concentration, c? (), corresponding to the solution
temperature and spreading pressure, z, for adsorption of pure component, i.

Cx*y; =c)(m) *x; (2.29)
The difference in surface tension between a clean surface and a surface covered with a solute i in
a pure component solution is given by spreading pressure, =, as given below:

(2.30)

mxA _ ¢ o dei
R+T fO ai (Ci) * ci
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where A, R, and T are the specific area of adsorbent (cm?/g), gas constant (L atm)/(mol K), and
temperature (K), respectively. Using the assumptions as: (1) the adsorbed phase forms an ideal
solution, and (2) the available surface area is same for all solutes in a multicomponent system,
the spreading pressure of each solute in a binary system with component i, j is given by:

T = T; (2.31)
If the single component isotherms can be represented by the Langmuir isotherm, above equation

simplifies to,

*Yi Y j 2.32
onc et (10 (52) =m0 (103 (2) “

Using the values of .x;and .x;, we can obtain the adsorbed phase concentration for each

component g;and ¢, in the multicomponent solutions as shown below:

1 _ x_(i) + x_é (2.33)
qar q; a;

q; = X; *qr (2.34)
q; =X *qr (2.35)

The accuracy of prediction of multicomponent sorption equilibria using IAST model depends on
how well the single component data are fit to the isotherms, especially at low and high
concentration ranges. Errors in single component isotherm prediction can cause a large error in
multicomponent isotherm predictions (Walton and Sholl, 2015). Oudshoorn et al., (2009) studied
the sorption equilibria for unary, binary, ternary, and higher-order mixtures of various
components for the recovery of butanol from fermentation broth. They have compared the
extended Langmuir isotherm, Equation (2.26), and IAST model for predicting multicomponent
adsorption equilibria. IAST model gave good predictions at all the concentration ranges whereas

the extended Langmuir isotherm predicted high deviations in the multicomponent equilibria at
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low equilibrium concentrations. Eom et al., (2013) also conducted a similar study to evaluate the
adsorption equilibria of butanol, ethanol, acetone, acetic acid, and butyric acid present in the
fermentation broth. IAST model was found to be more accurate for predicting the
multicomponent equilibria over the entire concentration range compared to the extended
Langmuir isotherm. IAST can provide a more accurate representation of multicomponent
equilibria data subject to the limitations of the assumptions therein and provide for a better
description of sorption systems for fermentation product recovery and other applications
involving multicomponent systems.

Several researchers have used Real Adsorption Solution Theory (RAST) model to predict
multicomponent sorption equilibria when the adsorbed solutes exhibit nonideal behavior. The

IAST equations are modified to include activity coefficient, y

cxyp =P (m) * v * x; (2.36)

In(y;) = f(T,m, %) (237)

f oty & oiny, (2.38)
@ Dt 2 T
== a(RL*T)

The activity coefficient, y, values are obtained from binary adsorption equilibria data using an
iterative calculation procedure with models such as Wilson equation (e.g. Erto et al. (2012)),
Nonrandom two-liquid (NRTL) (e.g. Sochard et al. (2010)), Margules equation (e.g. Zhang and
Wang (2017)), or UNIversal QUAsi Chemical (UNIQUAC) (e.g. Sochard et al. (2010)) as
starting values for y. This model is then used to predict multicomponent adsorption equilibria of
ternary and higher-order mixtures.

Sochard et al., (2010) used RAST model to determine the binary adsorption equilibria of

VOCs namely methyl-ethyl-ketone (MEK) and isopropylanol on GAC, where increasing
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concentration of MEK led to nonideality of the mixture. UNIQUAC and NRTL models were
used to determine the activity coefficients of the adsorbed phase. The UNIQUAC model failed to
adequately represent binary equilibria for different mixture compositions, whereas NRTL model
gave good results. Erto et al., (2012) compared the RAST and Predictive Real Adsorbed Solution
Theory (PRAST) models to determine the competitive adsorption equilibria of
tetrachloroethylene and trichloroethylene (PCE and TCE) mixtures on GAC. In the PRAST
model, the y values at infinite dilution are determined from pure component isotherm data and
used to predict binary adsorption equilibria. However, due to the dependence of y on spreading
pressure, the PRAST model was not able to predict the binary adsorption equilibria well. They
have concluded that for accurate predictions of y values, binary adsorption equilibria data is
essential. Jadhav and Srivastava (2013) used IAST and RAST models to determine the binary
adsorption equilibria of wastewater contaminants such as nitrobenzene, aniline, and phenol on
GAC. At higher concentration levels in the solution, binary mixtures showed nonideal behavior
and RAST model gave good prediction compared to IAST model. Zhang and Wang (2017)
applied IAST, RAST, and segregated IAST (SIAST), that uses site energy distribution, and
multisolute dual-site Langmuir models to predict bisolute adsorption equilibria of organic
compounds on GAC. RAST model combined with an empirical four parameter model, to
determine y, was found to be more accurate in determining the bisolute sorption equilibria
compared to other models.

The activity coefficient, y, varies with temperature, adsorption capacity, and spreading
pressure. Accurate information on bisolute adsorption equilibria is necessary to determine y for
different experimental conditions. The literature on multicomponent adsorption equilibria is

much smaller compared to the reported number of pure component isotherms (Walton and Sholl,
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2015). The reliable prediction of multicomponent adsorption equilibria for a diverse range of
mixtures remains challenging. Hence it is necessary to develop multicomponent adsorption
equilibria data and suitable models for the effective simulation of adsorption dynamics of
mixtures in fixed-bed adsorbers,

2.6.2 Adsorption Kinetics

The rate at which a solute molecule is transferred from the fluid phase to the solid sorbent
is an important factor in the multicomponent sorption dynamics of organic acids from dilute
aqueous solutions on weak base resins. The mechanistic processes involved include: (1)
diffusion in the bulk phase to the boundary of the sorbent, (2) external mass transfer through the
boundary layer or fluid film, (3) intraparticle diffusion of the adsorbate into the interior of the
sorbent particle, and (4) adsorption (Figure 2.11). The adsorption rate is maximum in the initial
time period, when the system is far from equilibrium, and the rate decreases asymptotically to
zero as the system reaches equilibrium (Mathews and Weber, Jr., 1984). In most cases, the bulk
phase concentration is uniform due to mixing, and the adsorption step is rapid compared to the
diffusion steps.

Most widely used kinetic models are classified into reaction rate models and diffusion
models based on the representation of the overall transport process of adsorbate from the bulk
phase to the adsorption site on the adsorbent. The reaction rate models consider the overall
transport process of adsorbate in the adsorption process as a single step and hence the equations
for these models are mathematically simple. In the diffusion based models, the transport of the
adsorbate through external mass transfer layer and intraparticle diffusion are represented by a set
of partial differential equations (PDESs), and these may be solved analytically or numerically

depending on the nature of the system and the equilibrium isotherm i.e., linear or nonlinear.
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Several diffusion based kinetic models such as homogeneous solid phase diffusion model,
surface diffusion model, and pore diffusion models have been used to describe adsorption

kinetics in various solute-sorbent systems.
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Figure 2.11: (a) Batch adsorber and (b) schematic of organic acid transport from bulk
solution into weak base resin (Badruzzaman et al., 2004)

2.6.2.1 Homogeneous solid phase diffusion model

The homogeneous solid phase diffusion model considers that adsorption occurs on the
outer surface of the particle and the adsorbate diffuses into the particle in the adsorbed state.
Rosen (1952) provided the exact and approximate solutions to the PDEs of this model for a
fixed-bed adsorber for solutes with linear isotherm. In this model, the rate of adsorption is
controlled by the combined effect of external mass transfer through the film and internal solid
phase diffusion. Mathews and Weber (1977, 1980) developed a finite difference approximation

to this model for studying adsorption rate in batch reactors for solute and sorbent systems with
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nonlinear isotherms and extended the model to study adsorption rate in multicomponent
solutions.

For a typical adsorption system where both external and internal particle transport need to
be considered, and the liquid phase concentration decreases as a function of time, the following

PDEs need to be solved. The mass balance for the bulk phase is given by:

Wy (2.39)
dt dt

where W is the weight of adsorbent added to the batch reactor (g) and V is the volume of solution
in batch reactor (L). The solute transport within the solid phase of a particle with radius rp is
given by:

n_ p (T4 200) (2.40)

at - ar2  ror
where D is the solid phase diffusion coefficient of solute in the sorbent (cm?/sec). The mass
transfer from the fluid phase to the solid surface of the particle is expressed as rate change of

average solute concentration of the particle as:

4q _ kflp . _ 2.41
=) (2.41)

where ks is the external mass transfer coefficient (cm/sec), Ay is the area per unit volume of
adsorbent particle (cm™), Vp is the volume of adsorbent particle (cm?), pp is the density of the
adsorbent (g/L), and cs is the concentration of solute on the surface of adsorbent particle (g/L).
The average solute concentration in the particle is obtained by:

q= %fOR q;r?dr (2.42)

The adsorption equilibrium at the external surface of the particle is given by:

qs = f(cs) (2.43)

Following are the initial and boundary conditions for the above equations:
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c(0) = co (2.44)

g(r,0) =0 (2.45)
q(R,t) = qs(t) (2.46)
‘Z—i’ 0,t) = 0 (2.47)

Mathews and Weber (1980) extended this model to describe kinetics of multicomponent

adsorption. The multicomponent sorption equilibria was described using:

ai(CSi/ni) (248)
(140, o1

qsi =

Adsorption kinetics of phenol, p-bromophenol, p-toulene sulfonate, and dodecyl benzene
sulfonate on GAC was studied. This model gave good predictions for solutes with comparable
diffusion rates and for other solutes, solute-solute interactions affected the diffusional flows.
Mathews and Weber (1984, 1977) used the numerical method to estimate the external mass
transfer coefficient and intraparticle diffusivity simultaneously through parameter estimation
procedures. Mathews and Zayas (1989) and Mathews and Weber (1984) have shown that the
intraparticle diffusivities estimated in this manner are invariant with sorbent particle diameter
and the initial solute concentration used in batch sorption experiments. However, this procedure
requires repeated iterative solutions of the PDEs for different parameter values for convergence
such that the sum of the squares of the relative error between experimental and predicted data is
minimum.
2.6.2.2 Pore diffusion model

The most commonly used weak base resins are either macroporous or gel based, and they
are considered as microgels connected with a network of pores. The pore diffusion model

considers that the adsorption kinetics is controlled by external mass transport through the film
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and internal diffusion in the pore. The adsorbate diffuses into the pores in fluid phase and
adsorbs in the internal surfaces of the adsorbent (Mathews and Weber, Jr., 1984). The pore
diffusion model was used to determine the adsorption rate Kinetics in many studies on adsorption
of organic acids on weak base resins (Jiao et al., 2015; Lin et al., 2017; Song et al., 2017). The
mathematical model for adsorption Kkinetics in a batch reactor with multicomponent solution
using the pore diffusion model is given by the equations listed below. The mass balance in the
bulk phase for a single component i in a multicomponent solution of k components is given by

equation:

dc; | 3Wkpif _ 2.49
4 5 T s (cl cmr:rp) =0 (2.49)

where cp is the concentration of solute in pore phase (g/L). The initial condition for this equation
is given as:

ci(0) = co; (2.50)
The mass balance for the concentration of solute i in the solid phase of the particle with radius rp
IS given by:

dcpi 9qpi 19 dcpi (2.51)
It Jlpi _ =% (,225p .
€p ot * Py at &p p‘rZar(T ar)

where Dy is the pore diffusion coefficient (cm?/sec). The initial and boundary conditions for this

equation are given by:

cpi(r,0) =0 (2.52)
qpi(r,0) =0 (2.53)
acpi _ .
22 (0,) =0 (2.54)
9api _ 2.
2t (0,1) = 0 (2.55)
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dc i
ngpi 8_71’) (T'p, t) = kfl. (Ci - Cpi,T=Tp) (256)
The isotherm equation is used to represent the amount adsorbed in the solid phase in equilibrium
with the pore fluid. The Langmuir isotherm equation for a solute i in a multicomponent solution

with k solutes is given by,

_ GmiKiCpi_ (2.57)

qPi o 1+Z;€Kj Cpj
Jiao et al., (2015) used this model to study the multicomponent sorption dynamics of acetone,
butanol, and ethanol on a polystyrene resin in fixed-bed adsorber. The external mass transfer

coefficient, ks, was determined using the Wilson and Geankoplis (1966) correlation:

1.09 Dy (ﬂ)l/3 (2.58)

kfi: o dp

Do
The pore diffusion coefficient was determined using the Mackie-Meares (1955) correlation:

: . (2.59)

D, = —2D
pi (2—8p)2 mi

Using the values obtained from the correlations, the model gave good predictions for the
experimental data. Lin et al., (2017b) used this model to study the adsorption kinetics of levulinic
acid on a hyper-cross-linked microporous resin. Pore diffusion was found to be rate controlling
in the adsorption process and thus this model was modified in order to exclude the effect of
external mass transfer coefficient. The pore diffusion coefficient was obtained by fitting the
experimental data to the model equations. The model provided a good fit to the experimental
data. The authors reported that the pore diffusion coefficient obtained from fitting was ~0.35
times that of the free liquid diffusion coefficient of levulinic acid. Song et al., (2017) used this
model to study the adsorption dynamics of lactic acid, acetic acid, and glucose on a hyper-cross-
linked polystyrene-DVB resin. The external mass transfer coefficient and pore diffusion

coefficient were determined using the Wilson-Geankoplis (1966) and the Mackie-Meares (1955)
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correlations respectively. This model gave predictions in good agreement with the experimental
data.
2.6.2.3 Pore and surface diffusion model

Ma et al., (2004) classified the adsorbates in to low- and high-affinity adsorbates based
on their adsorption capacities. In case of low-affinity adsorbates, intraparticle diffusion is
dominated by pore diffusion alone. However, in high-affinity adsorbates due to their high uptake
capacities, the surface concentration can be higher than the pore concentration by several orders
of magnitude. Although the surface diffusion coefficient is smaller than the pore diffusion
coefficient by one or two orders of magnitude, the surface diffusion flux will be greater than the
pore diffusion flux. In such cases, a pore diffusion model would estimate the intraparticle
diffusion coefficient to be higher than the free liquid diffusion coefficient and dependent on
solute concentration. Yoshida et al., (1994) explained that in case of protein adsorption on ion
exchange resins, parallel pore and surface diffusion mechanisms control the adsorption rate. On
the other hand, in the adsorption based on affinity chromatography, surface diffusion was
considered negligible due to the strong interaction between the ligand and the adsorbate. Several
researchers have developed the numerical formulations for parallel pore and surface diffusion
model to determine the adsorption dynamics in fixed-bed adsorbers (Koh et al., 1998; Ma Z. et
al., 2004).

Yoshida et al., (1994) developed a finite difference scheme to determine the pore and
surface diffusion coefficients for batch adsorption kinetic study. In this model, first the effective
diffusion coefficient, Defr, based on the homogeneous Fickian diffusion mechanism is
determined.

2 _ Deyr 2 (239) (2.60)

at ~ r2z or or
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Yoshida et al. (1994), defined Q as the sum of the concentration of adsorbate in the pore solution
and that adsorbed in the internal pore walls.
Q =q+ &0, (2.61)

The initial and boundary conditions are given by:

t=0,0= (2.62)

r=0%2-9 (2.63)
" or

r=1,Q =0 (2.64)

The estimated effective diffusion coefficient was found to be dependent on initial solute
concentration and the protein adsorption in their study was found to be controlled by pore and
surface diffusion occurring in parallel.

For a model with pore and surface diffusion occurring in parallel, the equation for the
particle phase is given by:

dcpy  dq _ Dp a(zac,,> Ds a(zaq) (2.65)
P gt +6t_r2€p6r r ar +r28p6r r ar

where D is the surface diffusion coefficient (cm?/sec). The equilibrium between the bulk phase
concentration and the adsorbed concentration is given by any isotherm.
q=f(cy) (2.66)

The initial and boundary conditions are given by:

t=0,¢c,=0,gq=0 (2.67)
_09%p _(2 _ 2.68
r_O'ar_O'ar_O ( )
T =T1,,Cp =Co,q = qo (2.69)

A numerical solution was developed to determine the pore and surface diffusion coefficients and

the predicted model was compared against pure pore diffusion control and surface diffusion
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control models. The parallel pore and surface diffusion model gave a better prediction for the
experimental data.
2.6.2.4 Adsorption rate models

The complexities involved in modeling and solution of the PDEs has prompted the
development and use of several simpler adsorption rate models. Simplistic models have been
developed to describe the adsorption rate by a single equation with little consideration of the
transport processes involved as noted in the diffusion models of the subsections 2.6.2.1, 2.6.2.2,
2.6.2.3.

The so-called pseudo-first-order rate equation attributed to Lagergren (Equation (2.70))
assumes that the adsorption rate is proportional to the number of available sites on the adsorbent
and independent of the sorbate concentration. This equation has been used particularly by many
researches in South Asia and Southeast Asia (Ho, 2004) to describe adsorption kinetics
regardless of whether the rate is controlled by surface reaction or mass transfer. The use of this
equation for typical mass transfer controlled systems is problematic when no attempt is made to
correlate ki with solute transport properties. Ho and McKay (1999) describe a “pseudo-second-

order” rate equation to model the adsorption rate of copper (Cu?*) ions on peat (Equation (2.71)).

d
L =ki(qe — q) (2.70)
d
= ky(qe — 9)° 2.71)

where ki and k2 are pseudo-first- (sec)™* and pseudo-second-order (g/g)(sec)™ rate model
coefficients. This model assumes that reaction rate is independent of the sorbate concentration,
and that the exchange reaction of one Cu?* ion occurs with two sorption sites. The rate of
adsorption as shown in by Equation (2.71) is proportional to the square of the sorption sites

remaining. The validity of this equation for systems that are mass transfer controlled or where
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adsorption is reversible is questionable. Several researchers (e.g., Abdullah et al. (2009), Moldes
et al. (2003), Wu et al. (2009)) have used these equations to analyze adsorption rates in diffusion
controlled systems due to the simplicity of determining the adsorption rate constants ki and k2

form the linearized equations (Equations (2.72) and (2.73)).

k
log(q. — q.) = logq. — (5-) (2.72)

2.303

t__1 L (2.73)
qc  kaqd + e

The estimated rate constants from fitting the data with linear plots are not consistent and vary
with initial concentration of the solute (Ho and McKay, 1999). The estimated rate constants have
not been validated in the reported studies with predictive capabilities for batch systems under
different experimental conditions or for fixed-bed sorption systems.

Simonin (2016) critically evaluated the abilities of the pseudo-first-order and the pseudo-
second-order rate expressions to represent adsorption kinetics by examining several batch kinetic
data in the literature where either the pseudo-first-order or the pseudo-second order equation was
reported to give a good fit. It was found that neither of the equations gave a good fit in ~31% of
the data sets, and the rate equations cannot give a good fit in cases where intraparticle diffusion
is controlling. In addition, the goodness of fit for these equations is determined based on the
value of r. In several studies, most experimental data are taken from the sampling time near
equilibrium, and hence as t increases, t/q increases linearly with t. This results in a skewed
straight line fit with r2 close to one. In the case of the pseudo-first-order rate equation, the
accuracy of the linear fit decreases as g gets close to ge and In (ge-q) becomes uncertain.

Thomas (1944) proposed a second order rate law to determine the kinetics of cation
exchange in zeolites with specific application to water softening. This model considers that the

exchange process in the particle is rate controlling when compared to the diffusion processes
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either in the solution or in the zeolite particles. In a fixed-bed adsorber of zeolite when a solution
containing cations at initial concentration of co is passed, the net rate of exchange of ions into the
zeolite is given by:

a_P =ki(a—p)c— kyp(co— ) (2.74)

ot
At equilibrium this equation reduces to the Langmuir isotherm equation. The mathematical
solution to this model is applicable to any solid substance capable of exchanging ions with the
solution.
Roginsky and Zeldovich (e.g. McLintock (1967)) proposed a simple rate equation, called

the Elovich equation, which is frequently applied to determine adsorption kinetics. The Elovich

equation is given by:

% - (2.75)
The parameters a (sec)*and « are determined using the integrated form as:
q= ?log(t + ty) — ?log to (2.76)
where 1o is given as:
1 (2.77)

to=—
0 aa

A value of tois chosen and the experimental data is linearized to fit the Equation (2.76). The
slope of the plot gives o and the value of a is obtained from Equation (2.77). This Elovich
equation does not apply to the initial part of the uptake curve where external mass transfer is
controlling. Several studies have imposed this equation on the entire uptake curve data to
determine the rate parameters. McLintock (1967) explained that this method is correct only when

the determined values of o and a can reproduce the experimental data. This validation has been
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seldom conducted in the published research and the determined values do not always reproduce
experimental data.

Another simple method for modeling adsorption rates is the “square root equation”
approach wherein the adsorbed quantity is plotted against the square root of time to obtain a
linear plot (e.g., Weber Jr and Morris (1963)). This simple correlation is given by the equation:

q=kqVt+C (2.78)
where kg is the intraparticle diffusion rate constant (g/g)(sec)*2. This empirical equation
conceptually stems from the approximation for the initial time region to the analytical solution to
the diffusion equations for intraparticle diffusion controlled adsorption with constant surface
concentration (Crank, 1975; Ruthven, 1984).

(2.79)

D¢

1
my Dct)z | 1 0 s nre o Dct
= 6(%) [ﬁ+22n=1lerfc(¢n—ct)] 332

where mi/m. is the fractional uptake of the solute by the sorbent and D¢ is the intraparticle

diffusion coefficient (cm?/sec). This equation reduces to the following equation in the initial time
region when m¢ym., < 0.3.

ne g () o
The constant C has been arbitrarily described by some authors to represent external mass transfer
resistance, with larger values indicating higher boundary layer thickness (e.g., Ahmad and
Rahman (2011), Shi et al. (2013)). A critical analysis of this approach has been provided by
Schwaab et al. (2017), who indicate that this analysis is only valid under very restrictive
conditions of adsorption in a semi-infinite solid and constant liquid phase concentration, or for

batch adsorption where external mass transfer is rapid, and the sorption isotherm is linear.
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2.6.2.5 Micropore diffusion control model-analytical solution

A simpler method that does not require the computation intensive numerical solution of
PDEs is presented in this subsection. In the initial time period, the rate of solute uptake by the
sorbent is controlled essentially by the external mass transfer resistance. For large values of
power input or high intensity mixing, intraparticle diffusion becomes controlling.

At longer times, the concentration versus time profile becomes nonlinear due to the
intraparticle diffusion resistance. In a batch reactor with isothermal single component sorption
and micropore diffusion control, the transport of adsorbate in the solid phase of a spherical
particle and constant intraparticle diffusivity is given by:

2 _ p, (Z04.220) (2.81)

at a2 ror
In the case of an infinite bath system when the sorbate concentration in the bulk phase remains

constant, the following initial and boundary conditions apply:

q(r,0) = qq (2.82)
q(r, t) = qo (2.83)
(Z_z)r-o —0 (2.84)

The solution to the above equations in terms of uptake of solute by the sorbent is given as

(Ruthven, 1984):

_

qd—qo me 1 6 [e%e) 1
—C =Lt =1—- Y% —ex
do—qp Moo n2 Zn_1n2 p

(~xmpet) (2.85)

2
e

In the long time region, at an uptake of greater than ~ 70%, Equation (2.85) reduces to

w0et) (2.86)

6 (‘ >
—_——_— A — T
1 ~ —exp c

A plot of In (1-m¢/m.) versus t will give a straight line with slope —z?Dc/r¢? and intercept In

(6/7°). In the case of a finite bath system where the surface concentration varies with time, the
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above equations can be used if the fraction of sorbent ultimately adsorbed by the sorbent,
(Equation (2.87)) is approximately < 0.1.

Co=Ceo (2.87)

Co

For o > 0.1, the intraparticle diffusivity can be determined from Equations (2.88) and (2.89)

proposed by Crank (1975).

2
Tt —1-6)% exp<_pnrgd> (2.88)
e~ 1T ORI

The value of pn is given by the nonzero roots of the equation below:

= —3Pn__ 2.89
tanp, o ey (2.89)

This method of estimating intraparticle diffusivity for finite bath systems is simpler and does not
require numerical solution of the diffusion equations. Li and SenGupta (2000) used this model to
study the intraparticle diffusion of ionic pentachlorophenol (PCP) in gel and macroporous anion
exchange resins. In batch uptake studies and at high stirrer speeds, the uptake rate remained
independent of the stirrer speed. This indicated that the external film diffusional resistance is
negligible. The intraparticle diffusion coefficients obtained using this model were found to be
independent of concentration and particle sizes. For particle sizes of 0.4 + 0.04 mm and 0.6 +
0.06 mm, the intraparticle diffusion coefficient were obtained in the range 9.3-9.5%10°'! cm?/sec.
The free liquid diffusivity for PCP obtained from the Wilke-Chang (1955) correlation was
4.7%10°° cm?/sec.
2.6.2.6 Determination of the rate limiting step

The accurate determination of rate parameters and the controlling mechanism is
important for the effective application of adsorption processes for various applications (Mathews

and Weber, Jr., 1977). In the literature, several dimensionless numbers such as the Biot number
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and the Delta factor have been used to determine the rate limiting or the rate-controlling step
(Jiao et al., 2015; Kumar et al., 2014). The Delta factor was used to determine the governing
resistance in the adsorption of protein on ion exchange resins in preparative scale
chromatography. The Delta factor is given by:

5 = Lkt (2.90)

5 Dcqo

In the case of protein adsorption, due to their larger molecular sizes, ion exchange resins
with relatively larger pore sizes (=500 A°) are used to increase accessibility of binding sites to
proteins and to improve their uptake capacities and kinetics. Adsorption is controlled by external
mass transfer for 6 < 1, intraparticle diffusion for ¢ > 1, and by both for 6 ~ 1. The Biot number
is widely used to establish the rate limiting step in the adsorption of organic compounds on
activated carbon and resins (Jiao et al., 2015; Mathews, 2005). It is defined as the ratio of
maximum flux from the external bulk phase diffusion to the maximum flux from the intraparticle
diffusion. It is given by the following equation (Poulopoulos and Inglezakis, 2006; SenGupta,
2017):

Bi = ka'pCo (291)

Dcqo

Adsorption is controlled by external mass transfer for Bi < 0.5, intraparticle diffusion for Bi > 30,
and by both for 0.5 < Bi < 30.
2.6.3 Fixed bed adsorption dynamics

A detailed study of adsorption dynamics in fixed-bed adsorbers is useful to plan the scope
of pilot scale studies, interpret their results, scale-up, and estimate the cost for industrial scale
units (Hand et al., 1983). Several diffusion-based kinetic models (refer to subsection 2.6.2.1,
2.6.2.2, 2.6.2.3) can be simply extended by including the mass transfer effects along the length of

fixed-bed adsorber (Figure 2.12). Mathews and coworkers used the homogeneous solid phase

70



diffusion model to study the adsorption dynamics of solutes in fixed-bed adsorbers with different
particle stratifications and bed geometries (Mathews, 2005; Pota and Mathews, 1999). Ma et al.,
(2004) developed a parallel pore and surface diffusion model to study multicomponent
adsorption dynamics in fixed-bed systems. Of all these models, the linear driving force and
general rate models have been widely used for studying adsorption dynamics in fixed-bed

adsorbers in the product recovery from bioconversion methods.

@ 7 A (b)

Bulk solution concentration, C,

Pore phase conce;

—

Figure 2.12: (a) Conventional cylindrical fixed-bed adsorber and (b) schematic of organic
acid transport from bulk solution into weak base resin in a fixed-bed adsorber

2.6.3.1 Linear driving force model

The linear driving force (LDF) model is widely used for studying fixed-bed adsorption
dynamics because it is simple, physically consistent, and can be solved either analytically or
numerically (Sircar and Hufton, 2000). This model eliminates the mass balance in the solid phase

increasing its flexibility for application in process design (Li and Yang, 1999). LDF model has
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been used to fit and predict breakthrough curves in many gas and multicomponent liquid phase
adsorption systems (Aguilera and Gutiérrez Ortiz, 2016; Zhou et al., 2013).

Linear driving force model relates the uptake rate in the particle phase to the difference
between the average concentration of solute in the particle and the equilibrium concentration in
the fluid phase. The mass balance for the solute i in the bulk phase with multicomponent solutes

of k in the fixed-bed adsorber is given by:

9%c;
_p,. 2¢
Lt g2 T dx

o, der,  (1mey) dai _ (2.92)
+6t+’0p(eb )6t_0

where Dy is the axial dispersion coefficient (cm?/sec), v is the interstitial velocity (cm/sec), X is
the distance along the bed length (cm), t is the time (sec), pp is the density of the adsorbent (g/L),
and &y is the bed porosity. The uptake rate of the solute in the particle phase is given by the rate

of change in concentration of solute in the particle phase by:

0q;
a—qt = Kerri(qei — qi)

(2.93)
The equilibrium between the concentrations of solute i in the bulk phase and the particle phase is
given by Langmuir isotherm as:

_ qmiK; ce (2.94)
T =175 K ¢,
j 1 Cej

The initial and boundary conditions are given by:

t = 0, Ci = O, qi = 0 (295)
x =0, Du% =V * (Cz=0, — Ci) (2.96)
x=1%_9 (2.97)

In the literature, several methods have been used to determine the effective mass transfer
coefficient, Ker. In a study on multicomponent sorption dynamics of ethanol, glucose, glycerol,

and acetic acid on a synthetic resin, Keft was obtained from fitting the experimental data to the
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model (Zhou et al., 2013). In another study on single component gas phase sorption dynamics,
Kes is named as Kg and it is obtained from a correlation given below (Aguilera and Gutiérrez
Ortiz, 2016):

1 _ Tpdobp 5q0Pb (2.98)
Kg 3kfcogp 15DeffCoép

Lee et al., (2004) developed a standing wave design model considering a dual site Langmuir
isotherm and a lumped mass transfer coefficient, similar to Equation (2.98), to simulate the
adsorption dynamics of acetic and lactic acids. The experiments were conducted in an 8 column
simulated moving bed with a synthetic solution of acetic and lactic acids at pH of 2.2 using
Reillex HP resin. The external mass transfer and intraparticle diffusion coefficients were
obtained using the Wilson and Geankoplis (1966) and Mackie and Meares (1955) correlations
respectively. This study was shown to obtain lactic acid with 99.9% purity and a yield of > 93%.
In cases where the uptake rate is influenced by both external mass transfer and pore or
surface diffusion, the effective mass transfer coefficient is given by Kmap (Ruthven, 1984). This

can be obtained from:

r - 41 (2.99)
Km*ay kfrap (Kap)pore
60*Dp*(%)avg*(1—sb)*p (2.100)
(Kap)pore: 42
14
1 ! (2.101)
Km*ap kf*ap (Kap)surface
60*D5*(%)avg*(1—eb)*p (2.102)
(Kap)surface = PE

14

The mass transfer coefficient, ks, is determined using the correlation below (Dwivedi and

Upadhyay, 1977):
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ks v, {0.765 0.365 } (2.103)

= 5c23 " (re982 T Re0386

The mass transfer coefficient in this model is dependent on the particle diameter similar to a
reaction rate model.
2.6.3.2 General rate model

The general rate model is commonly used to model fixed-bed adsorber dynamics in
applications such as liquid chromatography and fermentation product recovery (e.g. Gluszcz et
al. (2004), Gu et al. (2013). Jiao et al. (2015), Lin et al. (2017b), Song et al. (2017)). In this
model, adsorption process and transport mechanism of a solute from liquid phase to the solid
phase is described using axial dispersion, mass transfer resistance, and nonlinear equilibrium.
This model includes two mass transfer resistances namely, external mass transfer resistance
through the liquid film on the solid phase and internal mass transfer resistance governed by pore
diffusion. The liquid phase mass balance equation for a solute i in a multicomponent solution of

k components is given by the following equation:

9% dc; . ¢ 1-¢gp) 3 2.104
Dzttt (Tb)gkﬂ(ci = Cpir=rp) =0 ( )

The initial condition is given by the following equation:
0<x<Lt=0:¢;=0 (2.105)

Due to the effect of axial dispersion in the inlet of the bed, the inlet boundary condition is given

by a Danckwert-type boundary condition as follows:

26,
x =0, > 0: Dy 2% = v(Civm — Co7) (2.106)
The outlet boundary condition is given by a constant flux at the bed outlet as follows:
x=Lt>0% =0 (2.107)
0xx=]
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The diffusion of solute molecules in the pore phase of the adsorbent through pore diffusion

process is given by the following mass balance equation:

dcpi 9qpi 1 @ ( ac )] (2.108)
pi pi _ 1 01 2  OCpi .
€ ot t Py ot rzorl &pDypi ar

This equation is governed by initial and boundary conditions given below:

0<7<1,t=0:c,;=0,qp; =0 (2.109)
r=0,t>0 22 2w _ (2.110)
or r=g or r=0
dc i
r = T'p, t>0: Eprl' a—frzrp = kfi(ci — Cpi,r=rp) (2111)

The equilibrium relationship between the concentrations of solute i in the solid phase and the
pore phase is given by the Langmuir isotherm as below:

_ 9miKicpi (2.112)

Api = 143K K ey
Gu et al. (2013), used the general rate model for the simulation of sorption dynamics in liquid
chromatographic columns. Song et al. (2017) compared three models i.e., linear driving force,
transport dispersive, and general rate models for the prediction of adsorption dynamics in fixed-
beds. Multicomponent solution of lactic acid, acetic acid, and glucose and a polystyrene
divinylbenzene polymeric resin were used in their study. The multicomponent equilibrium data
was fit to a modified Langmuir isotherm. The external mass transfer and internal pore diffusion
coefficients were obtained from correlations. All the three models gave similar predictions as the
multicomponent adsorption isotherms were close to linear and the general rate model gave a
good prediction to the experimental data. Lin et al., (2017a) and Jiao et al., (2015) used this
model to simulate the adsorption dynamics of single component and multicomponent adsorption
dynamics respectively. Lin et al., (2017a) studied the adsorption dynamics of levulinic acid in a

pure component solution on a hyper-crosslinked microporous resin at different experimental
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conditions and the general rate model gave good predictions for all the scenarios studied. Jiao et
al., (2015) studied the multicomponent sorption dynamics of acetone, butanol, and ethanol on a
crosslinked polystyrene resin in a fixed-bed adsorber. In addition, the model was validated in
their study by predicting the breakthrough curves for the adsorption of fermentation broth. The
model provided an accurate description of adsorption dynamics for actual broth and the other
components in the fermentation broth did not affect the adsorption efficiency. Gluszcz et al.,
(2004) fitted the breakthrough curves for the single component adsorption of citric and lactic
acids on Amberlite IRA67 resin. The axial dispersion and mass transfer coefficients were
obtained by fitting the data to the model equations. With an increase in temperature from 20 °C
to 60 °C, the pore diffusion coefficient was found to increase by two times. This proved that the
adsorption is controlled by intraparticle diffusion resistance. However, there have been no
studies reported on general rate model formulations to describe adsorption dynamics in fixed-

beds with particle stratification and tapered geometry.
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Chapter 3
Materials and Methods

3.1 Materials

Anion exchange resins Amberlite IRA67, Amberlite IRA96, Purolite A835, and Reillex
425 were obtained in their free base forms. These resins were sourced from Alfa Aesar (Ward
Hill, MA), Sigma Aldrich (St. Louis, MO), Purolite (Philadelphia, PA), and Vertellus
(Indianapolis, IN) respectively. GAC was obtained from CECA Inc. (Pyror, OK). It is a wood-
based activated carbon with a particle porosity of 0.67, pore volume of 0.95 ml/g, and a uniform
bed porosity of 0.412 (Mathews, 2005). The properties of the GAC and weak base anion
exchange resins are listed in Table 3.1.

The resins were rinsed with deionized water until the water looked clear with no
impurities and pretreated as specified by the manufacturer. Resins were vacuum filtered, dried at
room temperature for 24 hours, and stored in airtight bottles. Purolite A835 resin was sieved into
various size fractions to use in stratified fixed-bed adsorbers. Based on the largest weight
fractions obtained from sieving, three particle sizes with geometric mean diameters of 0.771,
0.648, and 0.545 mm were used in stratified packed beds. In case of GAC, it was initially sieved
into various size fractions, rinsed with deionized water to remove fines and dried in the oven at
105 °C until it reached constant weight. Based on the largest weight fractions obtained from
sieving, five particle sizes with geometric mean diameters of 0.917, 0.771, 0.648, 0.545, and
0.458 mm were used for each layer in the stratified packed beds.

ACS grade acetic acid with > 99.7% purity from VWR (Radnor, PA) was used in this
study. Lactic acid (85%) was obtained from Acros Organics (New Jersey, USA). A 20% lactic
acid solution was prepared via dilution and was boiled under reflux for 12 hours. This process is

needed to hydrolyze lactic acid anhydrides present in lactic acid solutions of concentrations >
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20%. The presence of lactic acid anhydride in the 20% solution is monitored by using HPLC.

The pH values of the acetic and lactic acid solutions were adjusted to the required value by using

HCI and NaOH solutions.

Table 3.1: Properties of activated carbon and weak base anion exchange resins

Amberlite Amberlite . .
GAC IRAG7 IRA96 Purolite A835  Reillex 425
g?;lfélonal - Tertiary amine Tertiary amine  Tertiary amine  4-vinylpyridine
. 4.9/5.2

pKa - ?rj’r? (Lllgg;)\ ' - (Evangelista,

9. 1994)

Macroporous Macropor_ous Poly-4-
. Crosslinked styrene polya(_:ryllc vinylpyridine
Matrix Carbon : 7 crosslinked . "
acrylic gel divinylbenzene with crosslinked with
copolymer divinylbenzene divinylbenzene

Particle size 500- g4 754 550-750 300-1200 .
(um) 595
Total
exchange i > 16 >1.05 1 -
capacity
(ea/L)
Surface area 1000- i 0.6 (Turku, 90 (Gusler et al.,
(m?/g) 1100 2010) 1993)
Percentage
water - 56-62 59-65 65-73 40-60
retention

3.2 Fermentation broths

The compositions of fermentation broth and synthetic mixture solutions are given in Table

3.2. The fermentation broth was heated at 60 °C for 1 hour on a hot plate with constant stirring.

After it reached room temperature, the broth was centrifuged at 8000 *rcf in a laboratory

centrifuge. The supernatant was collected and used for batch experiments.
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Table 3.2: Composition of fermentation broth and synthetic mixture solutions

Concentration in fermentation Concentration in synthetic mixture
Component broth (g/L) solution (g/L)
pH 4.2 pH adjusted to 4.8 pH 2.2 pH adjusted to 4.8
Lactose 21.1 20.8 10.1 10.2
Lactic acid 9.2 9.23 15.33 15.9
Acetic acid 36.7 36.2 28.04 29.3
Propylene 329 32.4 30.8 303
glycol
Ethanol 8.39 8.23 6.4 6.14

3.3 Adsorption equilibrium studies

Batch adsorption isotherm studies were carried out in 120 ml bottles using the bottle
point method. These experiments were conducted at a temperature of 21°C. The bottles were
shaken in a rotating tumbler for 24 hours until the point of equilibration was reached. After
equilibration, the samples were analyzed to determine the equilibrium concentration. The
adsorption capacity, ge (g/g), was calculated based on a mass balance between the solution and

solid phase at equilibrium.

g, = (ﬂ) «V (3.1)

m

The Langmuir (Langmuir, 1918), Freundlich (e.g., Foo and Hameed, 2010), linear-
Freundlich (Mathews, 2005; Redlich and Peterson, 1959) and Sips (Sips, 1948) isotherm
equations were fitted based on an iterative procedure targeted to minimize the average relative
error (ARE) between the experimental and predicted adsorbed phase concentration values. The
ARE is defined as Equation (3.2) :

100 (3.2)

n

n dee—qep

Average relative error = );_; *

de,e
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Nonlinear curve fitting was done using the generalized reduced gradient algorithm in the Solver
add-in of Microsoft Excel 2013. The iterative procedure uses different initial estimates of the
isotherm constants and finds a solution such that the target error value is minimized.
3.4 Batch adsorption kinetics studies

Adsorption rate experiments were conducted in a 2-litre batch mixer with a diameter (D)
of 13 cm. These experiments were conducted at a temperature of 21°C. The batch mixer was

equipped with four baffles and a lid. The dimensions are shown in Figure 3.1.

Sample port Baffles
\ A
M
. & Impeller
Height, 7, < ] shaft
19.05 cm 1
— Impeller
[ L
e Connector
> ring
= —
\4

< »
< >

d,45cm Diameter, D, 13 cm

Figure 3.1: Diagram of batch mixer used to study the kinetics of acetic acid adsorption on
activated carbon and weak base anion exchange resins

Agitation was provided with a 45° pitched blade turbine impeller of diameter d (cm), connected
to a stirring motor. The speed of impeller was set at 420 rpm by using a variac and was validated
with a digital tachometer. For each experiment, a definite volume of organic acid solution was

used in the batch mixer. Once the solution reached equilibrium with the reactor, one initial
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sample was withdrawn. A given amount of resin or GAC was added to the reactor, and samples
were withdrawn thereafter at specified time intervals until equilibrium was achieved.
3.5 Fixed-bed experiments

Adsorption experiments were conducted in glass columns of conventional cylindrical and
tapered configurations. These experiments were conducted at a temperature of 21°C. The details
of the tapered bed configuration are given in subsection 3.6. The cylindrical columns had a
constant circular cross-sectional area of 5.07 cm?. Five types of fixed-bed configurations were

tested in this study (Figure 3.2).

Inlet —— Inlet —— Inlet —— Inlet — Inlet —

f_‘;\

(©)
(d) l (e)
Outlet Outlet Outlet Outlet Outlet

Figure 3.2: Schematic of adsorber configurations: (a) conventional cylindrical adsorber
(CCA) with single particle size, (b) cylindrical adsorber with normally stratified adsorbent
(SCA), (c) cylindrical adsorber with reverse stratified adsorbent (RSCA), (d) tapered
adsorber with reverse stratified adsorbent (RSTA), and (e) tapered adsorber with single
particle size

Figure 3.2(a) shows a conventional cylindrical adsorber (CCA) with single adsorbent particle

size. In the cylindrical column adsorber with normal stratified particle layering, the adsorbent
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particle size increases in the direction of flow similar to the natural stratification expected after
backwashing. The adsorber with this configuration is referred to as the normal stratified
cylindrical adsorber (SCA) (Figure 3.2(b)), and has adsorbent layers with increasing particle
diameters along the depth of the column. In the reverse stratified adsorber, the adsorbent particle
size in the layers decreased in the direction of flow in contrast to the normal stratified adsorbers.
Cylindrical and tapered adsorbers with such particle layering are referred to as reverse stratified
cylindrical adsorber (RSCA) (Figure 3.2(c)) and reverse stratified tapered adsorber (RSTA)
(Figure 3.2(d)) respectively. A peristaltic pump was used to discharge the organic acid solution
at a given flow rate to the adsorber inlet. Samples from the outlet of the column were collected at
specified intervals and analyzed to obtain the breakthrough profiles as a function of time.
3.6 Tapered bed adsorber configuration

The tapered bed adsorber has a cross-sectional area that varies along the length of the
bed. This column is conical in shape and had cross-sectional areas of 3.14 cm? and 12.57 cm? at
the top and bottom respectively. The half angle of the taper is 1.15°. The column has a
convergent taper in the downflow mode. For the adsorption step, the column was operated in the
downflow mode. Fixed-bed adsorption dynamics in the tapered column were studied using two
types of adsorber configurations, RSTA (Figure 3.2(d)) and tapered column with single
adsorbent particle size (Figure 3.2(¢)). In RSTA, once the adsorbent is layered, the particles will
tend to remain in that configuration during backwash due to the combined effects of increasing
velocity and increasing particles sizes in the upflow direction. The tapered bed adsorber with
single adsorbent particle size was used to study the effects of bed geometry on bed capacity

utilization.
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3.7 Analytical methods

The concentration of organic acids in analytes was measured using Shimadzu high
performance liquid chromatography (HPLC) system with a Bio-Rad Aminex HPX87-H column.
The samples were eluted with a 0.65 ml/min isocratic 2.5 mM sulfuric acid solution. Organic
acids were detected using a Prominence UV detector at 210 nm. Lactose, propylene glycol, and
ethanol were detected using an RI detector. They were quantified based on standard curves. The
color of the fermentation broth was measured using a UV-Vis spectrophotometer at 400 nm
(Cary 60, Agilent, USA). Samples were analyzed in duplicates and the average peak areas were

taken for estimating the concentrations.
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Chapter 4
Adsorption Equilibria and Kinetics

4.1 Introduction

Batch adsorption kinetics, and single-, and multicomponent adsorption equilibria of
acetic and lactic acid on various sorbents are presented in this chapter. The experimental
determination and mathematical characterization of adsorption equilibria and kinetics are
important to understand the adsorption mechanisms that are operative. They are also necessary
for the effective design of batch and fixed-bed adsorption processes for the recovery of organic
acids from multicomponent solutions such as fermentation broths. These studies also give
information on the nature of sorbent and are useful for comparative evaluation and selection of
sorbents for separation and recovery processes. In addition, simple and rigorous methods for the
evaluation of equilibrium and kinetic parameters are also presented. The simplified method for
estimating intraparticle diffusivity can be performed using spreadsheet calculations as opposed to
the numerical solution of complex diffusion equations required for the rigorous method.
4.2 Single component adsorption equilibria

The experimental equilibrium data for the adsorption of acetic acid on GAC, Amberlite
IRA67, Amberlite IRA96, Purolite A835, and Reillex 425 are shown in Figure 4.1. The
adsorption isotherm data for the adsorption of lactic acid on Purolite A835 is given in Figure 4.2.
In the adsorption of acetic acid, it can be seen that the ion exchange resins have higher
equilibrium sorption capacities compared to GAC. The high uptake capacity of resin sorbents is
due to the specificity of their tertiary amine and pyridine functional groups to organic acids.
Purolite A835 showed the highest sorption capacity compared to other resins. This resin also
showed a higher sorption capacity for the adsorption of lactic acid (Figure 4.2) compared to

acetic acid.
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Figure 4.1: Experimental isotherm data for acetic acid adsorption on GAC and weak base
anion exchange resins at a pH range of 2.7-2.3, and a temperature of 21°C
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Figure 4.2: Experimental isotherm data for lactic acid adsorption on Purolite A835 at a pH
range of 2-2.4, and a temperature of 21°C
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The data also shows that the adsorption affinity of lactic acid, as measured by the slope of
the isotherm, is also higher compared to acetic acid. Among the Amberlite resins, Amberlite
IRAG67 showed higher sorption capacities compared to Amberlite IRA96 at different equilibrium
experimental concentrations. Amberlite IRA67 and Purolite A835 are acrylic matrix based
resins. Acrylic matrix is characterized with a higher inorganic to organic content ratio compared
to the styrene divinylbenzene matrix (Matsuda et al., 1996). Thus, Purolite A835 and Amberlite
IRAG67 are more hydrophilic than Amberlite IRA96. Their hydrophilic matrix enhances the
interactions of the functional sites with water to effectively sorb organic acids. In a study on the
removal of dyes such as Color Index (C.I.) Acid Orange 7, C.I. Reactive Black 5, and C.I. Direct
Blue 71 from textile wastewater, acrylic based resins such as Amberlite IRA958 and Amberlite
IRAG67 showed higher sorption capacities when compared to the resins with other matrices
(Wawrzkiewicz and Hubicki, 2015). On the other hand, resins with styrene matrix such as
Amberlite IRA96 have superior bead rigidity and are favorable for use in a fixed bed adsorber
operating under a high compression force. The experimental sorption data for Reillex 425 shows
a linear trend unlike the other sorbents due to the low basicity of pyridine functional groups
compared to other resins.

4.2.1 Equilibrium data analyses using isotherm equations for acetic and lactic acid
adsorption

The isotherm constants obtained for the adsorption of acetic acid on various sorbents
using a nonlinear estimation method along with the AREs are given in Table 4.1. The best fitting
isotherm for the adsorption of acetic acid on each sorbent is determined based on the least ARE
obtained from the isotherm model fits (Figure 4.3). The Langmuir isotherm equation fits well to

the experimental equilibrium data for adsorption of acetic acid on GAC with minimum
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deviations as represented by an ARE of 4.15. The experimental data for resins were well
represented by the three parameter isotherms. The linear-Freundlich isotherm gave a good fit to
the experimental data for Amberlite IRA67, Amberlite IRA96, and Reillex 425 with AREs of
1.55, 2.25, and 5.28 respectively. The Sips isotherm gave a good fit to the experimental data of
Purolite A835 with an ARE of 3.5.

Table 4.1: Isotherm constants obtained for acetic acid adsorption on GAC and weak base anion
exchange resins using a nonlinear estimation method at temperature of 21 °C

Amberlite Amberlite . .

GAC IRAG7 IRAQ6 Purolite A835 Reillex 425
Langmuir
(o 0.181 0.172 0.173 0.212 0.26
K 0.484 26.769 3.417 0.506 0.037
ARE 4.15 7.08 8.97 9.1 7.25
Freundlich
Kr 0.094 0.104 0.084 0.109 0.014
n 0.189 0.168 0.227 0.161 0.68
ARE 491 3.85 5.01 3.6 6.25
Linear-Freundlich
a 0.086 7.306 1.181 1.11 0.048
b 0.56 54.436 10.764 10.25 2.73
B 0.95 0.911 0.849 0.83 0.36
ARE 6.86 1.55 2.25 4.3 5.28
Sips
a 0.101 0.211 0.149 0.104 0.014
b 0.552 0.779 0.546 0.003 0.0056
y 0.860 0.289 0.405 0.18 0.68
ARE 6.2 1.86 2.45 35 5.82

Units: gm (9/9), K (L/g); Kr (g/g) (L/g)" ; linear-Freundlich isotherm constants: a (g/g) (L/g), b
(L/g)’; Sips isotherm constants a (g/g) (L/g)*, b (L/g)’.

For the adsorption of acetic acid on GAC, the estimated Freundlich isotherm constants Kge

and n of 0.094 (g/g) (L/g)" and 0.189, respectively, are quite close to the values of 0.046 (g/g)

(L/g)" and 0.28, respectively, reported by da Silva and Miranda (2013) for the sorption of acetic
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acid from fermentation broth on coconut shell activated carbon. The equilibrium concentration of
acetic acid was in the range of 0.11 g/L to 46.34 g/L and the temperature was 20 °C.

In the adsorption of acetic acid on Amberlite IRA67, at a maximum equilibrium
concentration of 57.63 g/L, the gm value was 0.172 g/g. A similar value was reported in a study
using Amberlite IRA67 for the recovery of lactic acid in a fed batch fermentation process
operated for a period of 108 days (Garrett et al., 2015). In their study, the experimental isotherms
were conducted with a higher sorbent to solute ratio (1 g in 15 ml) than the current study (0.5 g
in 50 ml). The maximum monolayer capacity gm was determined as 0.203 g/g. The recovery of
organic acids such as citric and lactic acids from dilute aqueous solutions using Amberlite IRA67
has been studied by several researchers (Arcanjo et al., 2015; Eregowda et al., 2019; Gao et al.,
2010; Gluszcz et al., 2004; Moldes et al., 2003; Yousuf et al., 2016). Yousuf et al., (2016)
compared the uptake capacities of activated carbon and Amberlite IRA67 for the recovery of
organic acids obtained from fermentation of food waste and showed that at pH 3.3, Amberlite
IRA67 has somewhat higher maximum acid removal of 74% from batch equilibration compared
to 63% for activated carbon. However, no economic analyses were provided comparing the costs
of the sorbents and regeneration requirements.

The experimental equilibrium uptake data for acetic acid on Amberlite IRA96 followed
the linear- Freundlich isotherm. Several studies have been reported on the use of Amberlite
IRA96 resin to recover organic acids from dilute aqueous solutions (Arcanjo et al., 2015; Bishai
et al., 2015; Moldes et al., 2003). Arcanjo et al., (2015) compared the adsorption capacities of
Amberlite IRA67 and Amberlite IRA96 for the recovery of lactic acid from hydrothermal
conversion of glycerol. Amberlite IRA96 showed a high sorption capacity of 544 g/L of resin

compared to 341 g/L of resin for Amberlite IRAG7.
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In another study, a maximum adsorption capacity of 0.2 g/g was obtained for lactic acid
adsorption on Amberlite IRA 96 resin for equilibrium concentrations of lactic acid > 100 g/L
(Bishai et al., 2015). Moldes et al., (2003) used Amberlite IRA96 to recover lactic acid from
fermentation broth with the pH adjusted to 4.85. In their study, gm and K were obtained as 0.27
g/g and 0.0217 L/g respectively for equilibrium concentration of lactic acid up to 125 g/L. The
low value of K obtained appears to be due to the interference of ions caused from the addition of
alkali.

In the Langmuir isotherm, gm represents the monolayer capacity of the adsorbate on the
adsorbent and K represents the affinity of adsorption. For the adsorption of acetic acid on Reillex
425, gqm and K were obtained as 0.26 g/g and 0.037 L/g respectively. Comparing the K values
among the different sorbents, Reillex 425 shows the least affinity for the adsorption of acetic
acid. Kaufman et al., (1994) showed that Reillex 425 had the least adsorption capacity of 0.04
g/g at pH 2.5 compared to weak base resins of different basicities. However, Reillex 425 had
stable uptake capacities for five sorption and desorption cycles when either hot water or
methanol were used as regenerants. Tung et al., (1993) compared the adsorption equilibria of
lactic and succinic acids on resins of different basicities and Reillex 425 showed least affinity
compared to other resins. Evangelista (1994) studied the adsorption equilibrium of lactic acid on
Reillex 425 at pH 2.8 and 4.8 and only Langmuir isotherm was used to fit the experimental data.
Reillex 425 showed a linear trend for the sorption of lactic acid and gave the least value for K
compared to other resins at both the pH values.

Tung (1993) reported that the Langmuir isotherm parameter, K, is correlated to the pKa
of the resin. The greater the basicity of the resin, the greater is the affinity of the sorbent to the

organic acid. Hence, Table 4.1 shows that the order of basicity of resins will be Amberlite IRAG67
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> Amberlite IRA96 > Purolite A835 > Reillex 425. This trend is in order with the pKa values
reported for Amberlite IRA67 and Reillex 425. The pKa of Amberlite IRA96 and Purolite A835
are not reported in the literature.

For Purolite A835, the Langmuir isotherm constants gm and K were obtained as 0.212 g/g
and 0.506 L/g respectively for acetic acid, and 0.24 g/g and 3.57 L/g respectively for lactic acid
(Figure 4.4; Table 4.2). There have been no previous studies reported on the adsorption of
organic acids on Purolite A835 and this data provides new information that will be useful in the
design of adsorption processes for the recovery of organic acids from dilute agueous solutions.
The K value obtained from the Langmuir isotherm constants shows that Purolite A835 has
greater affinity for the adsorption of lactic acid compared to acetic acid. This is because lactic
acid is a relatively stronger acid (pKa = 3.86) compared to acetic acid (pKa = 4.76).

4.3 Multicomponent adsorption equilibria

The experimental isotherm data, model fits, and predictions for the multicomponent
adsorption equilibria of acetic and lactic acid are shown in Figure 4.5. The isotherm parameters
obtained for the multicomponent sorption of acetic and lactic acid are given in Table 4.2. The
experimental data shows that lactic acid has high sorption capacity and affinity compared to
acetic acid for the adsorption on Purolite A835 resin. The IAST model predictions were obtained
by solving Equations (2.32) to (2.35) using the Newton-Raphson method for each binary data
point. This model gave reasonable prediction for the adsorption of lactic acid at low
concentrations, but at higher concentrations the adsorption affinity and capacity were
overestimated. On the other hand, it gave poor predictions for equilibrium adsorption of acetic
acid from binary mixtures. In single component adsorption equilibria, lactic acid had higher

affinity and capacity for adsorption on Purolite A835 compared to acetic acid. This shows that
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IAST gave poor prediction for the adsorption of weakly adsorbed component i.e., acetic acid,
compared to lactic acid. The extended Langmuir isotherm model (Equation (2.26)) gave poor
predictions for acetic and lactic acid adsorption on Purolite A835. On the other hand, the
modified extended Langmuir isotherm model (Equation (2.27)) gave a good fit for the
experimental data. The K values were obtained as 0.35 and 0.74 for acetic and lactic acids
respectively. This shows that in binary mixtures the adsorption affinity for lactic acid on Purolite

A835 is higher when compared to acetic acid.
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Figure 4.4: Lactic acid isotherm model fit using nonlinear estimation method for Purolite
A835 at temperature of 21°C
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Table 4.2: Single component isotherm constants for sorption of acetic and lactic acids on
Purolite A835, and multicomponent equilibria constants using modified extended Langmuir
isotherm model at pH range of 2-2.8 , and a temperature of 21°C

Single component

Multicomponent

Acetic acid Lacticacid  Acetic acid Lactic acid
Langmuir
Om 0.212 0.24 0.21 0.24
K 0.506 3.57 0.35 0.74
ARE 9.1 3.9 335 23.36
Freundlich
Ke 0.109 0.17
n 0.161 0.1
ARE 3.6 5.4
Linear-
Freundlich
a 1.11 1.1
b 10.25 5.24
B 0.83 0.96
ARE 4.3 25
Sips
a 0.104 0.17
b 0.003 0.003
y 0.18 0.105
ARE 35 5.4
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4.4 Comparative data on adsorption of product acids from fermentation broth and
simulated fermentation broth

These studies were conducted in order to determine the effect of functional group of the
sorbents on the percentage removal of various fermentation broth components. Amberlite IRA67
and Amberlite IRA96 have same functional groups and percentage water retention (Table 3.1).
Hence, Purolite A835, Reillex 425, and GAC were chosen for these studies.

In the adsorption studies using the synthetic mixture solution at an initial pH of 2.2, Purolite
A835 showed the following order for the percentage adsorption for the compoents: lactic acid >
acetic acid > ethanol > propylene glycol > lactose (Figure 4.6(a)). There was 17.4% adsorption
for lactic acid at a dose of 0.5 g and it increased to 37.6% with an increase in dose to 1.5 g. Due
to the competitive effect between lactic acid and acetic acid, the percentage adsorption for acetic
acid was only 4.92% and 13.19% for 0.5 g and 1.5 g of resin respectively. The order of
percentage adsorption for Reillex 425 also follows the same trend as Purolite A835 adsorption of
lactic acid > acetic acid > ethanol > propylene glycol > lactose (Figure 4.6(a)), but the
percentage adsorption was lower due to its low affinity and sorption capacity. The percentage
adsorption for lactic acid was 4.42% and 14.04% at resin doses of 0.5 g and 1.5 g respectively.
Unlike Purolite A835, Reillex 425 had higher percentage removal by sorption for propylene
glycol and ethanol. This is due to its low selectivity for organic acids and high swelling nature. It
was reported that Reillex 425 shows poor selectivity for organic acid over glucose due to its high
swelling nature (Dai and King, 1996). However, the percentage water retention is higher for
Purolite A835 compared to Reillex 425 (Table 3.1). GAC was nonspecific to organic acids and
the order of percentage adsorption was as following: lactose > lactic acid > acetic acid >

propylene glycol > ethanol.

107



mmmm Purolite A835: 0.5g
1 = Purolite A835: 1.59
Ethanol g mm Reillex 425; 0.5g
C— Reillex 425:1.5g
Propylene glycol mmmm GAC: 0.5g9
mmm GAC: 1g
Acetic acid @)

Lactic acid : —
Lactose

15 20 25 30 35 40

o
(S
=
o

Emm Purolite A835: 0.59
mmm Purolite A835: 1.5¢g
=3 Reillex 425: 0.5g
1 Reillex 425: 1.5g
mmm GAC: 0.59

mmm GAC: 1g

(b)

Ethanol

Propylene glycol

Acetic acid

Lactic acid

Lactose

0 2 4 6 8 10 12 14 16 18 20
Removal%

Figure 4.6: Percentage removal of various components in the simulated fermentation broth
at pH of (a) 2.2, and (b) 4.8 at temperature of 21 °C

The pH of the synthetic solution was adjusted to 4.8 to take advantage of the selective
adsorption of acetic acid over lactic acid. At this pH, Purolite A835 had higher sorption capacity
for acetic acid compared to lactic acid (Figure 4.6(b)). The order of percentage removal for the
other components was same as that obtained for solution at pH 2.2 (Figure 4.6(a)). At higher
resin dose of 1.5 g, with higher sorption of the organic acids, the percentage adsorption of the
rest of the components decreased. Reillex 425 had high specificity to acetic acid when compared

to lactic acid at both the resin doses, and the order of percentage adsorption was: acetic acid >
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ethanol > lactic acid > propylene glycol > lactose. At pH 4.8, ~50% of acetic acid in the
solutions is in the undissociated form, but 90% of the lactic acid is in dissociated from. Since,
weak base resins specifically adsorb organic acids in their undissociated form, both resins had
higher percentage removal for acetic acid compared to lactic acid. The adsorption on GAC at the
solution pH of 4.8 was quite different. There was higher percentage adsorption of lactose
compared to all other components. The gmax for lactose on activated carbon was found to be 0.24
g/g, which is much higher than that of acetic acid obtained in this study (Lee et al., 2004).
Adsorption studies using fermentation broth at pH 4.2 and with pH adjusted to 4.8 were
done. The percentage adsorption in Purolite A835 at a pH of 4.2 was in the following order:
acetic acid > lactic acid > lactose > propylene glycol > ethanol (Figure 4.7(a)). The percentage
removal was in the same order for Reillex 425, except for the minor components where
percentage removal was in the order: propylene glycol > ethanol > lactose. The higher adsorption
for acetic acid is due to its dominance in the undissociated acid form over lactic acid at a pH of
4.2. The adsorption of various components of the fermentation broth on GAC was nonspecific to
organic acids (Figure 4.7(a)). When the initial pH of fermentation broth was adjusted to pH 4.8
(Figure 4.7(b)), the order of adsorption of the different components in fermentation broth in all
the sorbents were similar to that of the adsorption in synthetic mixture solution with pH adjusted
to 4.8 (Figure 4.7(b)). But in all the sorbents, the percentage adsorption from fermentation broth
decreased when compared to that of the synthetic mixture solution. This is because of the
interference from other components like the yeast extract and color compounds present in the
broth. However, as Purolite A835 resin shows high sorption capacity and specificity to organic
acids in simulated and real fermentation broths, there is a potential of this resin for use in fixed-

bed adsorbers to recover and separate these acids.
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Figure 4.7: Percentage removal of various components in the fermentation broth at pH of
(@) 4.2, and (b) 4.8 at temperature of 21 °C

The final color of fermentation broth after sorption using 1.5 g each of Purolite A835, Reillex
425, and GAC compared to the heat-treated fermentation broth is shown in Figure 4.8. The order
for percentage color removal for the different sorbents is as follows: GAC (90%) > Reillex 425
(40%) > Purolite A835 (36%). GAC was very efficient in color removal mainly due to its high

surface area and porosity.

110



3

Figure 4.8: Color of 50 ml (a) fermentation broth after adsorption on 1.5 g each of (b)
Purolite A835, (c) Reillex 425, and (d) GAC at pH 4.8 at temperature of 21 °C

4.5 External mass transfer coefficient and intraparticle diffusivity
In batch adsorption kinetics, the rate of solute uptake by the sorbent in the initial time
period is controlled essentially by the external mass transfer resistance. The external mass

transfer resistance coefficient, ks, can be determined from the following equation:

PpTp m(c_co) (4.1)
3wt

ke =
Equation (4.1) is valid only in the initial time period where the surface concentration is
negligible and at low mixing intensities. For large values of power input or high intensity
mixing, intraparticle diffusion becomes controlling. In a batch reactor with isothermal single
component sorption and micropore diffusion control, the transport of adsorbate in the solid phase
of a spherical particle and constant intraparticle diffusivity is given by:

2 _ p, (224222 (4.2)

at ﬁ ror
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In the case of an infinite bath system when the sorbate concentration in the bulk phase remains

constant, the following initial and boundary conditions apply:

q(r,0) =qq (4.3)
Q(Tk,t) = qO (4'4)
(), =0 9

The solution to the above equations in terms of uptake of solute by the sorbent is given as

(Ruthven, 1984):

n2m?2 c
G=do _ me _ 4 _ Sy L,y (‘%) (4.6)
Q=90 Moo 2 2m=172 €XP
In the long-time region, at an uptake of greater than ~ 70%, Equation (4.6) reduces to
_m?Det 4.7
Moo 2

A plot of In (1-m#/m.) versus t will give a straight line with slope —7?D¢/r¢? and intercept In
(6/7%). In the case of a finite bath system where the surface concentration varies with time, the
above equations can be used if the fraction of sorbent ultimately adsorbed by the sorbent, a
(Equation (4.8)) is approximately < 0.1.

Co=Coo 4.8)
Co

For a > 0.1, the intraparticle diffusivity can be determined from Equations (4.9) and (4.10)

proposed by Crank (1975).

(_P%?c‘j (4.9
Mme_ 1 gy P €
Moo 1 6271:1 o +(1-a)p?

1-o

The value of pn is given by the nonzero roots of the equation below:

— __3n___ 4.10
tanp, T emeyw: (4.10)
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Equations (4.9) and (4.10) were solved in Microsoft Excel 2013 software as outlined below:

1. For agiven value of «, determine the nonzero roots of the Equation (4.10) using
Newton’s method with nz as starting value.

2. At each experimental data point at time interval t, calculate the m¢/m.. values based on an
assumed value of Dc.

3. The intraparticle diffusivity was determined by curve fitting using the generalized
reduced gradient algorithm, targeted to reduce the ARE between the experimental m¢/m, .
and predicted m¢m.,, values, in the Solver add-in of Microsoft Excel 2013.

The ARE is defined as:

me me
o€ P
Moo Moo
mg
moo,

100 (4.11)

n

Average relative error = )1,

4.6 Determination of adsorption Kinetic parameters

Adsorption kinetic studies were conducted using a variety of carbonaceous and resin
sorbent matrices including GAC, Amberlite IRA67, and Amberlite IRA96. Reillex 425 was not
used because the resin disintegrated into fine powder when used in the batch mixer.

Figure 4.9(a) shows the concentration profile of acetic acid with time for the sorbents
used in this study. All three sorbents showed a common pattern of rapid decrease in
concentration within the first few minutes followed by little or no change in concentration over
the remaining time towards saturation. The ks is estimated using Equation (4.1) and the Dc is
obtained using Equation (4.7) and Equation (4.9). The values are given in Table 4.3. When same
initial concentrations were used, the ki of GAC was lower compared to the resins. The low
sorption capacity of GAC and the low sorbent to solute ratio of 0.375 g/L used to effectively
suspend the denser GAC particles resulted in the lower uptake capacity. In the case of the

Amberlite resins, when same sorbent to solute ratio of 5 g/L was used, the ks of Amberlite IRA67
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was higher than that of the Amberlite IRA96. In a study on batch adsorption Kinetics of lactic
acid on four Amberlite resins, namely Amberlite IRA67, Amberlite IRA96, Amberlite IRA400,
and Amberlite IRA900, the overall mass transfer coefficient, K¢, obtained from the linear driving
force model was reported to be higher for the Amberlite IRA67 than the other resins (Moldes et
al., 2003).

Table 4.3: Mass transfer coefficients and intraparticle diffusivities estimated from uptake rate

data for acetic acid sorption on GAC and weak base anion exchange resins at temperature of
21°C

GAC Amberlite IRA67 Amberlite IRA96

ks (cm/sec) 1.98E-3 5.33E-3 2.72E-3
Dc (cm?/sec) Equation (4.7) 1.59E-7 0.530E-7 0.537E-7
Dc (cm?/sec) Equation (4.9) 1.94E-7 0.158E-7 0.304E-7
ARE 1.17 11.23 11.08

The plots obtained for determining the D¢ values for the linearized equation of infinite
bath system (Equation (4.7)) and the nonlinear finite bath system (Equation (4.9)) are shown in
Figure 4.9(b) and Figure 4.9(c) respectively. The gel resins such as Amberlite IRA67 show
slower diffusion kinetics and have lower D¢ values compared to the macroreticular resins such as
Amberlite IRA96. The D¢ values obtained from Equation (4.7) and (4.9) differ as Equation (4.7)
is valid only for infinite volume systems, and when a < 0.1. It will lead to erroneous apparent
diffusivities when used for finite volume systems (Ruthven, 1984). For GAC, a was 0.15, and
the D. obtained from the finite system equation is 22% higher than that from the infinite volume
system equation. But, the values obtained for Amberlite resins are much more different from
each other as o values were 0.69 and 0.45 for Amberltie IRA67 and Amberltie IRA96,

respectively.
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115



The number of roots obtained for Equation (4.10) also determines the goodness of fit.
Figure 4.9(c) shows the fit obtained using Equation (4.9) and the experimental data points. At
time t = 0, the Equation (4.9) of m¢/m. will tend to zero only when we add infinite number of
roots to it. The best possible method is to obtain a good number of roots until the point where the
error between the experimental and predicted values is minimum and addition of further roots
will not give a significant change in the error.

The Biot numbers estimated with the D values obtained from Equation (4.9) were 9.68,
77.53, and 32.43 for GAC, Amberltie IRA67, and Amberlite IRA96, respectively. This shows
that the adsorption of acetic acid is controlled by both external mass transfer and intraparticle
diffusion in GAC and by intraparticle diffusion alone in the weak base anion exchange resins at
an initial concentration of 1 g/L. Jiao et al. (2015) used a Biot number with dimensionless solute
and sorbent concentrations to determine the rate controlling mechanism in acetone-butanol-
ethanol adsorption on polystyrene diethylbenzene resin with mesopores and micropores. The
Biot number for all the components were > 10 and pore diffusion was found to be the controlling
mechanism for adsorption.

The estimated values of D¢ were validated by developing model predictions using
Equation (4.9) for new sets of experimental data with o of 0.18, 0.28, and 0.6 for GAC,
Amberlite IRA67, and Amberlite IRA96 respectively. For GAC, using the estimated D value of
1.94*107 cm?/sec for predicting batch kinetic experimental data using Equation (4.9) resulted in
a good trend with an ARE of 3.84 as shown in Figure 4.10. For Amberlite resins, the error for
prediction is higher as a values are different between the datasets and this shows the effect of

isotherm nonlinearity on intraparticle diffusivity.
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It is important to note that Equation (4.9) was derived from the PDE in Equation (4.2)
based on the assumptions that the uptake curve is measured over a small differential step and that
a relates the concentration of solute in the solution to that in the solid phase (Crank, 1975). The
diffusion coefficient determined through this method can be used to simulate batch kinetics and
fixed-bed breakthrough curves. However, if the uptake curve is measured over a large
differential changes in concentration, the effects of isotherm nonlinearity should be accounted
for in the model.

The effect of accuracy in the determination of rate parameters was reported by Mathews
and Weber (1977), in a study on adsorption of dodecyl benzene sulfonate on activated carbon. A
20% decrease in the ks value resulted in a 33% decrease in the predicted solute concentration
with respect to the actual concentration. This effect is predominant in systems that are controlled
by external mass transfer resistance. Also, if intraparticle diffusion is neglected, then the
resulting concentration versus time profile will be higher than the actual profile. The accurate
determination of ks and D is important in adsorption modeling, especially for scaling up the
process for further batch or column studies and inconsistencies in their determination will result

in erroneous kinetic or breakthrough curves.
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Chapter 5
Single Component Adsorption Dynamics in Stratified Beds

5.1 Introduction

The overall rate of adsorption and thus the bed capacity utilization is determined by
adsorption equilibrium, kinetics, bed geometry, and sorbent properties. The bed capacity
utilization of a fixed-bed adsorber is a major determinant factor in the cycle time for
adsorption/regeneration operations and the operating costs. This chapter evaluates the effect of
bed geometry and particle stratification on solute front movement and adsorption dynamics in
fixed-bed adsorbers. The details of mathematical model used for predicting the adsorption
dynamics are also presented in this chapter. In addition, sensitivity analyses of the model are
presented. This will enable the prediction of adsorption dynamics and the optimization of process
conditions, thus avoiding excessive experimentation costs.
5.2 Mathematical model

A mathematical solution of the general rate model is used to simulate the adsorption
dynamics of acetic acid in fixed-bed adsorbers with Purolite A835 and GAC. The general rate
model is rigorous and gives a more accurate representation of adsorption dynamics by including
axial dispersion, mass transfer resistances, and nonlinear equilibrium isotherm conditions (Gu,
1995). The model equations are given in section 2.6.3.2. The variables in the model equations, c,
Cp, and qp, are converted to dimensionless variables using the initial concentration of solute in the

liquid phase, co, as the reference as:

C=c/cy (5.1)
Cp = cp/co (5.2)
Qp = CIp/CO (5.3)
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The axial and radial coordinates, x and r, are converted into their dimensionless forms by using
length of the column, L, and radius of the particle, rp, respectively as reference as follows:

X =x/L (5.4)

R=r1/% (5.5)
The time variable, t, is converted to dimensionless time, z, by using length of the column, L, and
interstitial velocity, v, as the reference as:

T=tv/L (5.6)

The model equations given in section 2.6.3.2 are then converted to the following dimensionless

equations:
—iﬁ+—+ s (=2 gb) st(c — )=0 (5.7)
Pe X2 p.R=1
9 |, 20 _ st (206, 3% (5.8)
% TP T 3mi (R AR aRZ)

The dimensionless parameters obtained from grouping the variables in the dimensionless model

equations are defined as:

pe =L (5.9)
Dy,
St = 3Lk (5.10)
U'l"p
Bi = (5.11)
€pDp

The corresponding initial and boundary conditions for the dimensionless liquid phase and pore

phase mass balance equations are as follows:

0<X<1,1=0:C=0 (5.12)
_ Loc_ _ 5.13
X=0,7>0: —— = Cy=o— 1 (5.13)
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X=1,T>0:6—C=O (5.14)
ax

0<R<1,1=0:C,=0,Q,=0 (5.15)
R=0171>0:22-0 (5.16)

OR
— 9% _ p 17
R=17>0: =2 =Bi(C - Cpp1) (5.17)

The Langmuir isotherm in its dimensionless form is given by:
Q, = K% (5.18)

T 1+KCpep
5.3 Correlations used for the determination of model parameters
The axial dispersion coefficient, Dy, is estimated as (Suzuki and Smith, 1972):
D, = 0.44D,, + 0.83Ud, (5.19)
The molecular diffusion coefficient, Dm, of acetic acid in water is estimated using the Wilke-
Chang (1955) correlation:

_ 7.4X1078(pMp) /2T (5.20)
- nBVX.G

Dy,

The external mass transfer coefficient, ks, was estimated from Dwivedi and Upadhyay (1977)

correlation as:

kf _ v {0.765 0.365 } (521)

)
sc?/s \Re082 T Re0.386

The pore diffusion coefficient, Dy, was estimated from the Mackie-Maeres (1955) correlation as
follows:
—_° (5.22)

P (2‘817)2 Drm

5.4 COMSOL Multiphysics® software
The mathematical solution to the general rate model was solved using COMSOL
Multiphysics®5.3, a finite element method based software. A detailed procedure of setting up the

model in COMSOL is given in the sections below.
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5.4.1 Space dimensions

The mathematical solution in the general rate model contains two partial differential
equations, liquid phase (Equation (5.7)) and pore phase (Equation (5.8)) mass balances, which
are solved in a one-dimensional (1D) and a two-dimensional (2D) domains respectively. In
COMSOL a domain is represented by a component. A 1D component with a geometry
represented by an interval of dimensionless length of one unit and a 2D component with a
geometry represented by a square with dimensionless sides of one unit each were chosen to solve
the mathematical model equations. In case of stratified beds, each domain is subdivided into
several intervals based on the number of adsorbent layers.
5.4.2 Physics interface

In each component, the partial differential equation was implemented using the
coefficient form partial differential equation (PDE) interface in the software given by:

ou_  ou (5.23)

€a3 aat+V(—cVu—a:u+y)+,8Vu+au=f
Here, u is a vector variable, and the coefficients are replaced with appropriate coefficients from
the model equations. Each equation is solved with its respective initial and boundary conditions
for the liquid phase and solid phase components. However, in case of stratified beds, the
coefficients in the PDEs are different for each layer in the bed. Hence, each interval or sub-
domain in the 1D and 2D component is paired with a coefficient PDE equation in the interface.
5.4.3 Extrusion coupling

In the coefficient form PDE interface of 1D component, the dimensionless liquid phase
concentration, C, is defined as the dependent variable. Similarly, the dimensionless pore phase

concentration, Cp, is defined as the dependent variable. Using an operation called extrusion

coupling available in COMSOL, the liquid phase and pore phase concentration variables are
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defined and shared between the 1D and 2D components. The schematic of the model

implementation is shown in Figure 5.1.

0 X 1
C F . . .
1D domain
Extrusion
couplin
plng b%
0
G
o, R
2D domain 0

Figure 5.1: Schematic for the general rate model solution using COMSOL Multiphysics®
software

5.4.4 Mesh generation

In the finite element method of solution, the mesh refinement determines the accuracy of
the computed solution and whether it approaches the true solution or not. There are different
methods for mesh refinement, among them changing the element size is the easiest one.
COMSOL has 8 options for the element size in a domain, ranging from extremely fine to extra
coarse elements. The mathematical model is solved using each element size to confirm that the
solution is grid independent. As one can predict, on increasing the element size to an extra coarse
element, the computational effort decreases. This also leads to a less accurate solution. On the
other hand, decreasing the element size to extremely fine element increases the computational
effort. Hence in this study, a fine to normal mesh element size was chosen for obtaining the

solution to the mathematical model.
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5.4.5 Study type

COMSOL offers a variety of solvers such as stationary, time dependent, and other
custom studies, to compute the solution for the model. Since, the equations here are dependent
on time, a time dependent study was chosen for solving the equations. The range is defined
according to value of the dimensionless time, z. Most time-dependent problems in COMSOL are
solved using adaptive timestepping. The software automatically adjusts the timestep, irrespective
of the timestep defined by the user, to maintain the desired relative tolerance value.
5.5 Adsorption dynamics of acetic acid in fixed-bed adsorbers with GAC

In this study, four fixed-bed configurations namely, conventional cylindrical adsorber
(CCA) with single adsorbent particle size, RSCA, SCA, and RSTA were used. In the stratified
beds, the weight of adsorbent used in each layer in the experiments was 8 g. The total weight of
adsorbent used in each experimental study was 40 g. The adsorption isotherm data along with
model fits and the isotherm parameters used in this study are given in Figure 5.2 and Table 5.1
respectively. The operational variables and simulation parameters for CCA with single particle
size and RSTA are given in Table 5.1. The operating conditions and parameters used for RSCA
and SCA are same as for CCA with single particle size.

Table 5.1: Operational and simulation parameter values for different adsorber configurations
used for the adsorption of acetic acid on GAC

Parameters CCA with single particle size RSTA
Inlet concentration, g/L 17.7 14.7
Flowrate, ml/min 13 13

Bed height, cm 20 14.4
Isotherm parameter, gm g/g 0.186 0.186
Isotherm parameter, K L/g 0.53 0.53
Pore diffusion coefficient, Dy, cm?/sec  4.48*10°° 4.48*10°°
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Figure 5.2: Experimental adsorption equilibrium data of acetic acid sorption on GAC at
temperature of 21°C, and model fit using nonlinear estimation method

5.5.1 Adsorption dynamics in CCA with single particle size and RSCA

The breakthrough profiles for the adsorption of acetic acid in the CCA with single
adsorbent particle size and RSCA are shown in Figure 5.3. The data points in the figure are the
experimental points, and the solid line is the output from the general rate model simulations. The
model predictions are in good agreement with the experimental data.

The breakthrough time, t», and saturation time, ts, are obtained at c/co= 0.05 and c/co =
0.95, respectively (Figure 5.3). The difference between these times will give the time for mass
transfer zone to travel its own length, twrz. The shock front velocity, Usn, can be obtained by two
methods. One method uses the experimental data and the time, tcenter, COrresponding to the

stoichiometric center of the breakthrough curve and is given as:
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Figure 5.3: Acetic acid breakthrough curves for (a) CCA with single particle size (co =

17.7 g/L) and (b) RSCA (co = 14.7 g/L) with GAC
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The second method is based on theoretical analysis, and uses the isotherm, influent velocity, and
adsorbent properties, and the equation is given by:

14
Ugp = e (5.25)
’ <1+(18bb)png)

The length of the mass transfer zone, Lurz, is then obtained from the following equation:

Lyrz = Usnturz (5.26)
The Ush and Lmtz values obtained for the four fixed-bed adsorber configuration are compared in
Table 5.2.

Table 5.2: Comparison of operational and performance parameters for different adsorber
configurations used for the adsorption of acetic acid on GAC

Experimental CCA with

P single particle ~ RSCA SCA RSTA
parameters X

size

tb, Min 24.8 27.6 23.3 26
ts, min 39.3 43 42.5 35
tmTz, Min 14.5 15.4 19.2 9
Ush, cm/min 0.612 0.445 0.511 0.308
LmTtz, cm 8.874 6.85 9.81 2.77
Fractional bed
capacity 0.78 0.82 0.76 0.90
utilization
teenter, min (c/co=  31.84 32.8 31.5 31.2
0.5)
Ush, cm/min 0.628 0.609 0.634 0.461

(from tcenter)

Fractional bed
capacity
utilization at
double bed length

0.91 0.96
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The solute front movement along the bed length at different times is obtained from model

simulation and is shown in Figure 5.4.
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Figure 5.4: Acetic acid concentration profiles along bed length for CCA with single
particle size and RSCA with GAC

This figure compares the acetic acid solute front along the bed length for CCA with single
particle size and RSCA. For the CCA with single uniformly sized particles, the figure shows a
constant pattern shape moving across the length of the column. Constant velocity and uniformly
sized particles along the bed length results in uniform mass transfer effects (See Figure 5.5).
Hence, the shock front velocity and length of the mass transfer zone are constant along the bed
length. Based on the manufacturer specification of pore volume as 0.95 ml/g, the particle density

was obtained as 0.701 g/ml and the bed porosity was determined as 0.437. At a flow rate of 13
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ml/min and bed height of 20 cm, the shock front velocity calculated with Equation (5.25) was

0.612 cm/min. This is very close and within ~2.6% of the value obtained from the experimental

data.
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Figure 5.5: Variation of external mass transfer coefficient, ks, along bed length in GAC
adsorbers of different particle stratification and bed geometry

Figure 5.4 shows that the solute front in the RSCA sharpens along the bed length in
contrast to the CCA with a single adsorbent particle size. As the particle size decreases along the
bed length, the external mass transfer coefficient, ks, increases along the bed length (See Figure
5.5). This leads to an increase in the uptake rate along the bed length. Though the shock front
velocity is constant along the bed length, the increase in kr leads to a decrease in the length of the

mass transfer zone along the bed length. This leads to a sharper breakthrough curve and an
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increase in t, compared to the CCA with single adsorbent particle size (Table 5.2). However, the
ts also increased considerably leading to a minimal improvement in the fractional bed capacity
utilization compared to the CCA with a single adsorbent particle size. Also, because of the bed
geometry, this reverse stratification is not practicable in industrial processes where the fluid
contains particulates and has to be backwashed periodically. Upon backwash, the sorbent
particles will restratify with small particles at the inlet of the column and large particles at the
outlet of the column as in the SCA configuration.
5.5.2 Adsorption dynamics in SCA and RSTA

The SCA and RSTA configurations have the same empty bed contact time. Figure 5.6
shows the acetic acid breakthrough profiles obtained for adsorption in SCA and RSTA. The data
points represent experimental data and the model predictions shown by the solid line show
excellent conformance between the two.

Figure 5.7 compares the acetic acid solute fronts along the bed length for SCA and
RSTA. The zc and =: represent dimensionless times in cylindrical and tapered beds respectively.
These values are different in SCA and RSTA because the velocity varies along the bed length in
the RSTA. Hence, the interstitial velocity at the bottom of the bed is taken as the reference for
obtaining the dimensionless time. It is evident from the solute front profile along the bed length
shown in Figure 5.7, the solute front is dispersive along the bed length when the particles are
normally stratified. In this configuration, as the particle diameter increases along the bed length,
the external mass transfer coefficient, ks, decreases (Figure 5.5). As the solute front becomes
increasingly dispersive, the time to breakthrough decreases. Among the different adsorber

configurations, SCA has the least t, of 23.3 minutes (Table 5.2).
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Figure 5.6: Acetic acid breakthrough curves for SCA (co = 14.1 g/L) and RSTA (co = 14.7
g/L) with GAC

However, the ts increases substantially and its increase is greater than the decrease in time
to breakthrough. This leads to longer Lurz, and poor bed capacity utilization compared to the
other configurations. Due to the dispersive nature of the solute front, the breakthrough curve is
not symmetric, and this leads to approximate values of Ush. Hence, the values of Usn obtained
from the theoretical and experimental methods are somewhat different. At a flow rate of 13
ml/min, the shock front velocity is obtained as 0.511 cm/min and a fractional bed capacity

utilization of 0.76 was obtained.
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Figure 5.7: Acetic acid concentration profiles along bed length for SCA and RSTA with
GAC

For RSTA, the effect of decreasing velocity along the bed length due to the change in
cross sectional area results in a solute front that is sharpened to a greater extent compared to
RSCA and SCA (Figure 5.4 and Figure 5.7). The ks values along the bed length in RSTA is
compared to other configurations in Figure 5.5. The increase in ks is higher for RSCA compared
to RSTA. This is because of the decrease in the velocity with respect to the geometry in the
tapered adsorber. In RSTA, increase in ty is greater compared to the decrease in ts and this
decreases the length of the mass transfer zone and increases the bed capacity utilization (Figure
5.6; Table 5.2). Mathews and coworkers (Mathews, 2005; Pota and Mathews, 2000) studied the

adsorption of phenol and trichloroethylene from aqueous phase onto activated carbon in SCA
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and RSTA. It was shown that breakthrough time can be increased by 46% to 75% using tapered
beds with adsorbent layered according to kinetic properties compared to SCA. This shows that
for the same amount of adsorbent, RSTA provides higher bed capacity utilization than the other
configurations studied.
5.6 Adsorption dynamics of acetic acid in fixed-bed adsorbers with Purolite A835

In the fixed-bed adsorption dynamics studies using Purolite A835 resin, four fixed-bed
adsorber configurations namely, CCA and tapered bed adsorber with single adsorbent particle
size, SCA, and RSTA were used. The operational and simulation parameters are given in Table
5.3. The performance parameters obtained for various configurations are compared in Table 5.4.

In this study, the effect of bed geometry alone on the adsorption dynamics is evaluated
using CCA and tapered adsorber with single adsorbent particle size. Figure 5.8 compares the
breakthrough curves obtained for the adsorption of acetic acid in these configurations. The data
points represent the experimental data and the solid lines are the simulations obtained from the
general rate model. In CCA with single adsorbent particle size, the mass transfer kinetics are
uniform along the bed length. This is due to the constant velocity and uniformly sized particles
along the bed length. Hence, the mass transfer zone travels with a constant Us, and the Lurz
remains constant along the bed length. Whereas, for tapered bed, as the cross-sectional area
increases along the bed length, the Usn decreases. This is balanced by the changes in turz. Hence,
the Lwmrz, remains constant along the bed length. The breakthrough curves for these two
configurations are almost similar. The Ush is obtained as 0.21 and 0.26 cm/min for cylindrical
and tapered beds respectively. The fractional bed capacity utilization obtained for these
configurations are very close. This shows that bed geometry alone does not have much effect on

the bed capacity utilization.
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Table 5.3: Operational and simulation parameter values for different adsorber configurations
used for the adsorption of acetic acid on Purolite A835

CCA with Tapered bed with
Parameters single particle  single particle SCA RSTA
size size
Inlet concentration, g/L 15.3 15 15 15.3
Flowrate, ml/min 12 12 12 12
Geometric mean particle diameter 0.077, 0.077,
do. cm ’ 0.065 0.065 0.065, 0.065,
P 0.055 0.055
Resin weight, g 60 60 28 28
Bed height, cm 18 13.2 8 5
Isotherm parameter, qmax, 9/g 0.21 0.21 0.21 0.21
Isotherm parameter, K, L/g 0.51 0.51 0.51 0.51

Table 5.4: Comparison of performance parameters for different adsorber configurations used for
the adsorption of acetic acid on Purolite A835

CCA with single particle ~ Tapered bed with

Parameters : . . . SCA RSTA
size single particle size

t, Min 33 30.2 129 19.8
ts, min 57 60.6 30.8 29
tmrz, min 24 30.4 179 9.2
Ush, cm/min 0.21 0.26 0.19 0.16
Lmrz, cm 5.13 7.86 34 15
Fractional bed 0.82 0.8 08 085

capacity utilization

Similar results were obtained by Mathews (2005) in a study on adsorption dynamics of
phenol on GAC in tapered adsorber and CCA with single adsorbent particle size. The
breakthrough profiles and fractional bed capacity utilization obtained for these configurations
were identical to one another. A detailed discussion on single component adsorption dynamics

and solute front movement of acetic acid on GAC is given in section 5.5. The pore diffusion
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coefficient, Dy, obtained from Mackie- Maeres (1955) correlation (Equation (5.22)) was 1.19*10°
® cm?/sec. This correlation did not give good prediction in this model. Hence in this study, Dy of
8.3*10® cm?/sec was obtained by fitting the experimental data of CCA with single particle size

to the model. This value gave good predictions for the adsorption dynamics in RSTA.
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Figure 5.8: Acetic acid breakthrough curves for CCA (co = 15.3 g/L) and tapered (co = 15
g/L) adsorber with single particle size with Purolite A835

The effect of bed geometry and adsorbent particle stratification on adsorption dynamics is
studied using SCA and RSTA. Figure 5.9 compares the breakthrough curves of acetic acid
obtained using SCA and RSTA. The D, obtained from fitting the experimental data to general

rate model gave good prediction for RSTA. However, for SCA, the model prediction did not
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match the experimental data well. The experimental data shows more dispersion compared to the

prediction.
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Figure 5.9: Acetic acid breakthrough curves for SCA (co = 15 g/L) and RSTA (co = 15.3
g/L) with Purolite A835

In SCA, as the adsorbent particle size increases along the bed length, ki decreases along
the bed length. The mass transfer zone disperses along the bed length. Whereas in RSTA, the
dual effect of decrease in the particle size and Usy along bed length led to the sharpening of
solute front. For the same inlet flowrate and concentration, ty, is 53% greater in RSTA compared
to SCA. The values of ts did not show much difference. This led to a substantial difference in the
LmTz and bed capacity utilization. The bed capacity utilization of RSTA is greater by 6.3% than

for SCA. This difference in the bed capacity utilization can be increased when the number of
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particle layers are increased. The bed capacity utilization was increased by 14 and 23% in RSTA
compared to SCA when 5 and 8 layers respectively were used (Mathews, 2005; Naidu and
Mathews, 2019).

5.7 Sensitivity analyses

Sensitivity analyses will help in understanding the effect of operating variables on the
dynamics of adsorption in the fixed-beds. This will reduce the cost of running multiple
experiments to optimize the process conditions. In the literature, several operational and design
variables such as bed length, flow rate, particle diameter, bed diameter, and inlet solution
concentration are individually varied to study the effects of each parameter one at a time. In this
study, the effects of various parameters on the exit concentration profiles of acetic acid in SCA
and RSTA with GAC were determined. This study will also aid in determining the effect of
uncertainty in the determination of mass transfer parameters on the simulation accuracy of
concentration profiles.

Figure 5.10 shows the comparison of exit concentration profiles for SCA and RSTA for
different bed lengths. RSTA shows a longer time to breakthrough compared to SCA. The
difference between their breakthrough times is even greater when the column length is doubled.
Table 5.2 shows that the fractional bed capacity utilization in SCA increases to 0.91 when the
bed length is doubled. However, the same fractional bed capacity utilization of ~ 0.9 was
achieved with a single bed length in the case of the RSTA. Increasing the bed length to improve
bed capacity utilization will increase adsorbent inventory costs, and also increase operating costs
due to increased pressure drop. Lin et al. (2017a) studied the effect of bed length on bed capacity
utilization in CCA with single adsorbent particle sizes. L/Lmtz values of 1.45, 1.72, and 4.23

were obtained in three separate fixed-bed experiments increasing the bed capacity utilization
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only by ~ 13% overall. As evident from Equation (2.16), an increase in L/Lmtz beyond a factor of

three will not result in significant improvements in bed capacity utilization. This indicates that

RSTA is effective in achieving the highest fractional bed capacity utilization compared to other

configurations.
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Figure 5.10: Comparison of breakthrough profiles for different bed lengths for SCA and

RSTA with GAC

Sensitivity analysis for inlet flow rate was carried for £50% of the base value for SCA

and RSTA (Figure 5.11). In the SCA, with a 50% increase in the inlet flow rate, the incipient

breakthrough throughput is reduced by ~ 30% whereas with a 50% decrease in the inlet flow

rate, the corresponding throughput is increased by about ~ 10%. The solute front is spreading

more as the flow rate is increased while the opposite is true with a decreased flow rate.
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Figure 5.11: Sensitivity of exit concentration profile to inlet flow rate, Qy, in (a) SCA and
(b) RSTA with GAC

In the case of RSTA, the decrease in flow rate by 50% increased the incipient

breakthrough throughput by ~ 50% from the base case, while an increase in flow rate by 50%
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showed marginal decrease in incipient throughput. The throughput at 5% breakthrough increased
by ~ 23% from the base case when flow rate was decreased by 50%, and showed marginal
decrease of ~ 8% from the base case for a 50% increase in flow. In this case, simulations show
that a smaller flow rate tends to provide a much higher throughput. Flow rate also affects the
dispersion of solute in the column. At higher flow rates, the axial dispersion in the fixed-bed
adsorber increases leading to a dispersive solute front. This effect is prominent in the case of
SCA compared to the case of RSTA. As the velocity decreases along the bed length in RSTA,
the effect of change in flow rate on axial dispersion is also minimal.

Sensitivity analysis for Dy was carried out for £50% change from the base value (Figure
5.12). In the case of SCA, a 50% increase in Dy, resulted in slight increase in the incipient
breakthrough time, and a sharper solute front than the base case. This is due to the faster solute
uptake rate with the higher Dy value. The ty increased by about 8% and ts decreased by ~ 12%
compared to the base case thereby reducing the mass transfer zone length. With a 50% decrease
in Dp value, tn decreased by about 20%, and ts increased by ~25% resulting in a more diffuse
mass transfer zone. On the other hand, with RSTA, a 50% decrease in D, value resulted in a
decrease in t, of 11%, and a 50% increase in Dy, resulted in a 10% increase in to. Whereas, a 50%
decrease in Dp value resulted in an increase in ts of 23% and a 50% increase in D, value resulted
in a decrease of 3% in ts value. For all cases, the incipient breakthrough time and t, were higher
for the RSTA than the SCA. Also, the change in incipient breakthrough time was much higher
for the RSTA than the SCA. The sensitivity analysis results for ki show interesting results in that
the effects of change of 50% from the base value had opposite results in RSTA to that of SCA.
When ks is increased by 50%, there is marginal change in the incipient breakthrough time for

SCA, whereas this time increased by about 20% from the base case for the RSTA. When ks value

142



was decreased by 50%, the incipient breakthrough time decreased from the base case by 30% for
the SCA and there was very little change for RSTA. Thus, it is clear that adsorbent geometry,
particle sizes, and stratification play an important role in how the mass transfer coefficient
changes throughout the column (Figure 5.5), affecting the sharpening or dispersion of the solute
front. This could be explained in part from the fact that the magnitude of increase of ks in the
case of RSTA is much larger relative to the base case compared to that for SCA. On the other
hand, when ks is decreased the change in magnitude in the bottom layer is smaller for SCA
compared to that for RSTA. These dynamics play out in the breakthrough profiles shown in
Figure 5.13.

Sensitivity analyses using the developed model will allow the evaluation of different
operating scenarios to select the best operating conditions to maximize bed capacity utilization.
Thus, the adsorption of acetic acid in fixed-bed adsorbers with GAC was found to be sensitive to
variations in the pore diffusion coefficient when compared to those in the external mass transfer
coefficient. Under the present experimental conditions, the uptake rate of acetic acid on GAC is
more controlled by intraparticle diffusion than external mass transfer. However, since each play
a role in the series transfer of mass from the fluid phase to the solid phase, an accurate estimation
or determination of both transport coefficients would be necessary to describe adsorption

dynamics in stratified adsorbers well.
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Chapter 6
Multicomponent Adsorption Dynamics in Stratified Fixed-beds

6.1 Introduction

In this chapter, multicomponent adsorption dynamics of acetic and lactic acids in RSTA
configuration are presented. These studies were conducted at different pH values to understand
the effect of pH on adsorption dynamics and breakthrough curves of mixtures. Since lactic acid
and acetic acid are weak acids, their percentage dissociation depends on the pH of the solution.
The pH of the broth obtained from xylose fermentation by Lactobacillus buchneri is ~4.2.
Hence, two pH values of 2.8 and 4.8, which are one pH unit greater and lower than the pKa of
lactic acid were selected. Hence this study will give insights into the effects of organic acid
dissociation on the adsorption dynamics in fixed-beds. The operational parameters for RSTA are
presented in Table 6.1.

Table 6.1: Operational and simulation parameter values for RSTA with Purolite A835

RSTA (multicomponent system)

Parameters oH 2.8 oH 4.8
Acetic Lactic Acetic Lactic
acid acid acid acid
Inlet concentration, g/L 6.7 155 4 95
Flowrate, ml/min 12 12
CGr;e]ometrlc mean particle diameter, dp, 0.065, 0.055 0.065, 0.055
Resin weight, g 30 30
Bed height, cm 5.13 5.13
Isotherm parameter, a, (9/g)(L/g) 0.107 0.251 0.09 0.03
Isotherm parameter, b, L/g 0.502 0.55 0.3 0.25
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6.2 Multicomponent adsorption dynamics in RSTA

Figure 6.1 shows the breakthrough curves obtained for the adsorption of multicomponent
mixture of acetic and lactic acids in the RSTA at different pH values. When a solution mixture
with a pH of 2.8 was used, lactic acid shows a higher sorption capacity and affinity compared to
acetic acid. At pH 2.8, the adsorption equilibrium of acetic and lactic acids is similar to that for
the pH range of 2-2.8 used in the batch isotherm studies. The ty, for acetic and lactic acid were 13
and 24 minutes respectively. A roll-over effect is observed for acetic acid as it is being displaced
by lactic acid, the more strongly adsorbed component. The outlet concentration of acetic acid at
the peak is ~1.5 times that of the inlet concentration. When the pH of inlet solution is maintained
at 4.8, the order of breakthrough is reversed. Acetic acid shows a higher sorption affinity and
capacity compared to lactic acid. This is due to the effect of pH on the dissociation of organic
acids. Since the pKa of acetic acid is 4.76 at 25 °C, ~50% of the acetic acid will be in its
undissociated form. On the other hand, the pKa of lactic acid is 3.86 at 20 °C and > 90% of this
acid exists in its dissociated form. When a mixture of dissociated and undissociated acid forms
are present, weak base resins favor the adsorption of undissociated acid forms. Lactic acid elutes
almost instantly whereas the t, for acetic acid was 17.5 minutes. The experimental data shows
sharpening effect with an increase in t, and decrease in ts. The model simulation for lactic acid
shows a roll-over effect. In a study on separation of lactic and succinic (pKay = 4.16, pKa, = 5.6)
acids, a similar approach was used by Husson and King (1999). At pH 2, when a 3:1 molar ratio
mixture of lactic-succinic acids was used, the exit concentration profiles of acids do not show
much separation. When the pH of the solution was adjusted to 4, i.e., greater than the pKa of

lactic acid and lower than the pKa: of succinic acid, there was more separation. It was estimated
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that 3.83 mmol of lactic acid/g of dry sorbent or ~15 bed volumes of lactic acid that is free of

succinic acid can be recovered (Husson and King, 1999).
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Figure 6.1: Acetic and lactic acid breakthrough curves for the multicomponent adsorption
in RSTA with Purolite A835 at pH (a) 2.8, and (b) 4.8
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Figure 6.2 shows the concentration profile along bed length for acetic and lactic acids at
pH 2.8. This shows that at time, t, of 10 minutes, acetic acid and lactic acid are separated by 0.2

units of dimensionless bed length.
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Figure 6.2: Concentration profile of multicomponent acid solution along bed length in
RSTA with Purolite A835 at pH 2.8

Acetic acid starts to breakthrough at that time while the mass transfer zone of lactic acid
is still in the column. This shows that acetic acid is displaced by lactic acid along the bed length.
At this pH, pure acetic acid can be recovered by operating the fixed-bed till the t, of lactic acid.
However, due to the roll-over effect, higher concentrations of acetic acid will be left in the bed.

This can be recovered using steam regeneration and subsequently lactic acid can be recovered
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using base/solvent regeneration. These acids can also be separated at pH 4.8. At this pH, lactic
acid can be recovered first and then acetic acid can be separated from the resin. However, at this
pH the adsorption capacity of the resin decreases as the acids are majorly present in their
dissociated forms. This will lead to low cycle times and increases overall costs. Husson and King
(1999) reported that it is economically feasible to separate acetic acid from a high-value
nonvolatile acid such as lactic or succinic acid when they are coadsorbed on a weak base resin.
Batch sorption using 1 g of Dowex MWA-1 resins and equimolar (0.23 M) mixture of acetic and
lactic acid, regeneration using air stripping, and solvent leaching using sodium hydroxide were
conducted. The sorption capacities were reported as 0.2 g/g and 0.11 g/g of lactic and acetic
acids respectively. Thermal regeneration using air stripping was shown to remove the acetic acid
completely without much effect on the adsorbed lactic acid. Thus, this is a feasible regeneration
technique for the resin in the fixed-bed adsorber to separate and recover acetic and lactic acids.
6.3 Sensitivity analyses

In this study, sensitivity analyses of adsorption dynamics in multicomponent mixtures is
conducted. This study will enable to optimize the operational parameters for maximum
separation and recovery of organic acids using RSTA.

Figure 6.3 shows the sensitivity of breakthrough profiles of acetic and lactic acids to
changes in flowrate, Qr. With a +50% change in Qy, the throughput for acetic acid decreased by
3.2%. Whereas with a -50% change in Qy, its throughput increased by 40.5%. On the other hand,
for lactic acid, the throughput decreased by 6.5% and increased by 13% for changes of +50% and
-50% of Qy, respectively. The breakthrough curve for acetic acid at +50% Qf shows sharpening

effect and thus increased bed capacity utilization.
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Figure 6.3: Sensitivity of exit concentration profile of multicomponent solution to inlet
flow rate, Qf, in RSTA with Purolite A835

Figure 6.4 shows the sensitivity of breakthrough profiles of acetic and lactic acids
number of particle layers and particle size. Two particle sizes of 0.077 and 0.045 cm were
selected. In RSTA configuration and in different simulations, adsorbent layers with particles
sizes of 0.077 and 0.045 cm were added at the top and bottom respectively. When an adsorbent
layer with particle size of 0.077 cm is added, the ty, for acetic and lactic acid decreased by 10 and
5% respectively. On the other hand, when a layer with particle size of 0.045 cm is added, the t,
for acetic and lactic acids increased by 37 and 15.1% respectively. This shows that the addition

of a larger particle size leads to dispersion, whereas the addition of smaller particle size leads to
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sharpening effect. This is because with the decrease in particle size, the ks increases and leads to

an overall increase in the uptake of organic acids.
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Figure 6.4: Sensitivity of exit concentration profile of multicomponent solution to number
of particle layers in RSTA with Purolite A835

Figure 6.5 shows the sensitivity of breakthrough profiles of acetic and lactic acids to bed
length. The breakthrough profile of lactic acid remains unchanged. However for acetic acid, the
roll-over peak concentration increased by 20.5% with double the bed length. In a study on
modeling of adsorption dynamics of acetic acid, butanol, and ethanol, with an increase in bed
length, the peak concentration in the roll-over increased by similar percentages (Jiao et al.,

2015). This is because with an increase in bed length, the competitive displacement of weakly
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adsorbed component by the strongly adsorbed component increases. In addition, with increase in
bed length, there will be an increase in the adsorbent and the adsorption sites which results in
more separation between the components. The difference between the teenter OF acetic and lactic
acids increased by 23% when the bed length is doubled. This shows that separation and recovery

of organic acids can be enhanced at these process conditions.
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Chapter 7
Summary, Conclusions, and Recommendations

The production of chemicals through bioconversion processes using biomass and biomass
wastes will promote sustainability and reduce dependence on fossil fuels. Due to their high
demand and an array of applications in several industries, the bioproduction of acetic and lactic
acids has been gaining a lot of attention in recent years. While ~90% of the worldwide demand
of lactic acid is met through bioprocesses, about 90% of acetic acid production is via synthetic
chemical processes. This is mainly because bioprocesses for acetic acid production operate under
neutral pH and anaerobic conditions, and the product concentrations are quite low. Hence,
conventional downstream separation processes are not suitable for efficient separation and
recovery of acetic acid.

7.1 Summary

Separation efficiencies for organic acids using synthetic resins and activated carbon are
quite low at neutral pH values. In this research, equilibria, kinetics, and dynamics of acetic acid
adsorption on weak base resins and granular activated carbon (GAC) were studied at low pH
conditions. Single and multicomponent adsorption equilibrium studies were conducted to
determine adsorption equilibria of acetic and lactic acids on resins and GAC. Multicomponent
sorption equilibria of acetic and lactic acids were determined using the Ideal Adsorbed Solution
Theory (IAST) model, and extended Langmuir and modified extended Langmuir isotherm
equations. Adsorption kinetic studies were conducted using carbonaceous and resin sorbent
matrices including GAC, Amberlite IRA67, and Amberlite IRA96. A relatively simple
spreadsheet method to estimate intraparticle diffusivity using the analytical solution of diffusion

equation is presented in this research.
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In fixed-bed adsorbers, a high overall rate of adsorption is needed for improving the bed
capacity utilization and the overall efficiency of the recovery process. In this research, five
different adsorber configurations were chosen to examine the effect of sorbent size, particle
stratification, and bed geometry on solute front movement and bed capacity utilization.
Multicomponent adsorption studies using solutions of acetic and lactic acids were conducted in
fixed-beds to determine the sorption dynamics and solute front movement. These studies were
conducted at pH 2.8 and 4.8.

A general rate model that considers axial dispersion, external film transfer resistance,
intraparticle diffusion resistance, and nonlinear isotherm was used to model adsorption
dynamics. The resulting equations were solved using COMSOL Multiphysics® software. This
model was used to predict breakthrough curves from fixed-beds of different configurations using
correlations and independently determined adsorption equilibrium and Kinetic parameters.

7.2 Conclusions

Based on the objectives of the research and experimental results, the conclusions of this
research are given below:

e A comparison of the equilibrium isotherm data show that weak base resins have
higher adsorption capacities and affinities for the adsorption of acetic acid from
dilute aqueous solutions compared to GAC. Among the resins studied, Purolite
A835 had relatively higher affinity and capacity for adsorption of acetic acid from
aqueous solutions including fermentation broths. Purolite A835 was found to have
little affinity for lactose substrates. GAC was found to adsorb lactose in the broth

preferentially to acetic and lactic acids.
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A simplified method for fitting the equilibrium sorption data via nonlinear
estimation method is used in this work. This method provides better fit and lead to
consistent and accurate estimates of isotherm parameters compared to the use of
linearized equations. Three parameter isotherms namely, Sips and linear-
Freundlich isotherms gave better fits to the adsorption data for acetic acid and
lactic acid on Purolite A835, respectively.

Batch sorption kinetic studies show that Amberlite IRA67 had higher external
mass transfer coefficient compared to the other resins and GAC sorbents.
However, due to the gel nature of its matrix, the intraparticle diffusion coefficient
is lower compared to the other sorbents.

The single component sorption dynamic studies using a divergent tapered and a
conventional cylindrical adsorbers (CCA), gave constant pattern solute fronts in
each case. These configurations were shown to have similar bed capacity
utilizations. A dispersive solute front is seen to be formed in the normally
stratified cylindrical adsorber (SCA). In this case, the mass transfer zone length
increased as the front moved through the column. On the other hand, a sharpening
solute front was observed with the reverse stratified tapered bed adsorber (RSTA).
The reverse stratified cylindrical adsorber (RSCA) is also shown to produce a
sharpening solute front, but this system is not feasible in practice as the bed will
restratify when backwashed.

The mathematical solution to the general rate model was solved using COMSOL
Multiphysics®5.3, a finite element method based software. Model simulations for

acetic acid adsorption for five different adsorber configurations were presented.
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The model predictions match the experimental data well in each case. It was
determined from the analyses that bed capacity utilization is maximum with the
RSTA. For acetic acid, the bed capacity utilization of RSTA is higher by 18.4%
relative to SCA in relatively short beds with 40 g of GAC as the sorbent.
Sensitivity analyses for have shown that to achieve 90% bed capacity utilization
with GAC as the sorbent, two column lengths or double the quantity of adsorbent
will be required in the case of SCA when compared to RSTA.

Multicomponent adsorption breakthrough curves show that the adsorption
dynamics of organic acids are affected by the pH of the inlet solution. At a pH of
2.8, lactic acid showed higher sorption capacity and affinity compared to acetic
acid, resulting in the preferential displacement of acetic acid from the bed. But, at
pH of 4.8, the elution order reversed with acetic acid showing higher affinity and
higher capacity compared to lactic acid. Sensitivity analyses indicate that by
increasing the bed length, greater separation can be achieved between acetic acid
and lactic acid.

The model developed will be useful in the examination of different operating
conditions and enable the selection of optimum process conditions for enhancing
bed capacity utilization to minimize adsorbent inventory in the separation of
organic acids. The acetic acid adsorption data presented in this research will
facilitate the development of cost-effective sorption processes for its recovery
from low pH fermentations. The methodology can also be adaptable for the
recovery of lactic acid from bacterial or yeast fermentations at low pH values

(Carlson and Peters, Jr., 2002; Rush, 2012).
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7.3 Recommendations

Based on the experimental results from this work and literature, the following

recommendations are proposed for further research:

Multicomponent adsorption equilibrium models for the adsorption of various
fermentation broth components and products on resins and GAC are needed for
the efficient design of fixed-bed processes. It is recommended that additional
research be conducted to develop simple models to address adsorbed phase
nonidealities to improve IAST predictions of multicomponent adsorption
equilibria.

In fixed-bed adsorption, the bed capacity utilization determines the economic
viability of the sorption process. Fixed-bed adsorber configurations with novel
bed geometries, layering based on different sorbents with different adsorption
characteristics, and particle size distributions need to be investigated to obtain
further enhancements to this technology.

In the case of multicomponent adsorption, the pH of the inlet solution and the
nature of resin determine the sorption dynamics and elution behavior of acetic and
lactic acids. Further studies need to be conducted at different influent pH values,
resins of different basicities, and different resin matrices to determine the effect of
these parameters on the efficient separation of the acids.

Weak base resins and GAC can be regenerated using thermal regeneration,
chemicals such as sodium hydroxide, calcium hydroxide, and solvents such as
methanol. Further studies need to be conducted to evaluate these regeneration

schemes to determine the separation and recovery efficiencies of acetic and lactic
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acids in fixed-bed adsorbers. This will enable the design of cyclic operation
scheme and determination of elution time and product concentrations obtained.

e When a constant pattern solute front is formed in adsorption, desorption step leads
to the formation of a diffuse front. This leads to poor regeneration efficiencies.
There have been no studies conducted on desorption dynamics in RSTA. Hence,
further studies are recommended to examine the effect of bed geometry, particle
size, and particle size distribution on desorption efficiency.

e RSTA technology is relatively new and pilot testing under field conditions are
recommended. The results presented herein can be expected to stimulate pilot and
full-scale tests leading to the adoption of this technology in industrial separation

applications.
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