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CHAPTER I

INTRODUCTION

Over the past fifty years extensive studies were conducted
to investigate the effects of swirl flow devices on the augmen-
tation of heat transfer. Swirl flow can Be accomplished by
coiled wires, spiral fins, propellers,coiled tubes and twisted
tape inserts. Most of the swirl flow devices have been shbwn
to improve single phase and boiling heat transfer at the
expense of increasedlpressure drop and consequently the pumping
power. Improvement 4in heat transfer by such devices is attri-
buted to increased velocity; secondary flow produced by radial
body forceé'and the fin‘effect with certain swirl flow devices.

The success of twisfed tape inserts in augmenting the
single phase heat transfer and two phase boiling systems led
recently to their application to condensation heat transfer
inside the tubes. Royal and Bergles Zf5&47* cbtained heat
transfer and pressure drop data during condensation of steam
inside two similar horizontal tubes in the presence of a
twisted tape insert, ‘They used two tapes of different pitches.
Luu and Bergles / 60_7 obtained similar data for R-113 using
two similar tubes and two tapes of different pitches.

Two separate correlations were developed to predict the

heat transfer and pressure drop during ccndensation inside the

*Numbers in the parenthesis refer to the references in the
bibliography.



tubes with twisted tapes, one for steanérﬁaa,82;7and cne for
R-113 ZfBﬂ;?S;Z,.These correlations were based on introducing
mndifieqs to existing correlations for condensation inside
smooth tubes.

ﬁhe objective of present study is to attempt to develop
one single corralatiﬁn for heat transfer which correlates both
steam and R-113 data. The objective is also to develop one
single correlation for pressure drop which can correlate the
data of both fluids. To achieve these objectives two different
approaches were attempted.

In the first apprbach a suitable heat transfer correlatio:
was identified from the existing smodth tube éorrelations
which could correlate both steam anle-113 condensation data
of Royal and Bergles / 58_7 and Luu and Bergles / 60_7
respectively. Modifiers were applied to these correlations to
develop the desired correlations for condensation inside the
tubes with twisted tarpe inserts. Similar procedure was adopted
to obtain a desired correlation for pressure drop with twisted
tape inserts that could correlate the two sets of data.

The secdnd approach was analytical in nature in which
the analogy between momentum and heat transfer in the c¢onden-
sate liquid film was used. This type of analogy was used with

reasonable success for condensation inside the smooth tubes

/768,70,72,75_7 .



CHAPTER IT
LITERATURE SURVEY

INTRODUCTION

Over the pest twenty five years several raﬁiéws and sur-
veys appearedbén.two phase flow in general and augmentation of

single and two phase flows in particular; Gouse /1_7 compiled
a complete bibliography of all referencgs on two ph&se flﬁw
published prior to 1966. Bergles /[ 2,3,4 7 published surveys
on techniques to augment convective heat and mass transfer.
Recently Bergles et al.[f5;7'published a bibliography of world
literature on augmentation of convective heat and mass transfer
The total number of references cited was 1967. The literature
was classified into passive augmentation techniques, which
require no external power, and active techniques which do
require external power. It was also classified according to the
mode of heat transfer such as single phase flow, pool and flow
boiling as well as dropwise and film condensation. Both forced
and natural convective flow situations were covered. The
techniques cited were surface roughness, internal and external
extended surfaces, displaced promoters, swirl flow generators,
surface tension devices, liquid additives,gas-liquid suspen-
sions, fluidﬁand surface vibrations and electro-static fields.
Since the main concern of the present study is augmentation

of condensation heat transfer by the use of twisted tape
inserts, the emphasis of the present survey is on two-phase

heat transfer augmentation with twisted tape inserts, namely,



boiling and condensation.

2.1 AUGMENTATION OF BOILING HEAT TRANSFER

One of the earliest studies on the swirl flow devices
appears to be that of Larson et al./ 6:7/. They investigated
the effect of swirl flow on the forced convection boiling of
R-12 inside a horizontal tube using a helical coil. They
observed an increase in the heat transfer coefficients and
pressure drop. Goldman / 7_7/ obtained data to show the effect
of fluid spin on water boiling in tubes with short and long
twisted tape inserts and with tangential inlet spinners in a
small diameter,short vertical tuﬁe.For equal pumping power
he obtained a 20% increase in critical heat flux (hereafter
referred to as CEF). Oppenheimer £f8;7 obtained boiling
burnocut data during spinning flow. He observed no effecf of
spinning flow on the CHF.

Gambill and Greene / 9_7 studied the problem of burnout
heat flux associated with forced convection sub-cooled and
bulk nucleate boiling of water in source vortex flow (flow
with tangential and axial wvelocity componenté) in small dia-
meter horizontal tubes. They observed an increase of 400-500%
in CHF compared to smcoth tubes. They also studied / 10_7
the problem of burnout of water btoiling in vortex flow. They
reported boiling and burncut data with spiral ramp and
tangential slot vortex generators placed at the inlet of small
diameter, norizontal tubes. Their data / 10_/ showed no effect

of liquid sub-cooling on the CHF.



Hoffman et al./ 11_7 obtained experimental data on heat
transfer, CHF and pressure drop for electrically heated tubes
with full length twisted tape inserts during single and two
phase flow of water at low and moderate pressures. They found
that tighter tapes supported higher heat fluxes for a given
wall superheat under local boiling conditions. They observed
no effect of length-to-diameter ratio on heat transfer.

Gambill et al./ 12_7 extended earlier studies / 10_7 to
obtain heat transfer, pressure drop, friction factors and the
CHF during forced convection btoiling of water with full length
twisted tape inserts. They observed a 200% increase in CHF
over the smooth tube values. They also observed that CHF was
independent of liquid sub=cooling and system pressure. This
study concluded that tapes are effective in raising the CHF
of bulk boiling with net vapor gemeration and in local boiling
with low or moderate liquid sub-cooling.

Gambill and Bundy / 13_7 evaluated existing data on
pressure drop, heat transfer and the CHF in the presence of
swirl flow inside tubes and concluded that different sets of
data were in some disagreement. However, they showed that
twisted tape inserts improved heat transfer performance over
the smooth tubes.

Hoffmen et al./ l4_7 summarised the axial and swirl flow
boiling studies carried out at Ozk Ridge National Laboratories
with water, ethylene glycol and liquid metals.

Poppendiek et al./ 15_7/ reported experimental and

analytical studies on pressure drop, velocity decay of liguid



film in swirl flow, and heat transfer during single and two
_ phase flow of liquid metals. They used mercury for +their
gxperiﬁeqtalstpdies.

Gambill and Bundy /[ 16_/ measured the local heat transfer
coefficients, pressure drop and the CH? for ethylene glycol
in forced convection axial and swirl flows, the latterwith
full length twisted tapes. The swirl flow boiling heat transfer
coefficients were correlated by applying a correction factor,
reflecting the acceleration induced by the swirl, to
Kutateladge's / 17_7 correlation. The swirl flow burncut heat
flux data were correlated using an additive methoq in which
boiling and non-boiling heat £luxes were separated. CEF for
ethylene glyccl was smaller than for water under similar
conditions.

Gambill /™18_7 conducted a series of tests in which
electrical energy was dissipated in the twisted tape inserts
(twist ratios 2.7-=) than in the tube wall. He fbund that
critical wall superheat increased with decreasing twist ratio
of the twisted tape. CHF showed an optimal value between the
twist ratios of 7 and 10. Inertial impingement of the liquid
drops near the tube entrance and secondary flow in the rest
of the tube were found to improve the performance in this
case. It was concluded that CHF for other tapes .can be
approximated by the flat tape values.

Poppendiek and Gambill /™19 7 reviewed the experimental

and analytical studies on momentum and heat transfer in single



and two phase swirl flows.

Foure / 20_7 identified equations to predict pressure
drop inside a circular tube in which swirl flow of water is
maintained by a twisted tape insert. The agreement between the
predictions, taking fluid rotation, friction and form drag
due to tape into account, and experimental data was better
with tapes of higher pitch than for lower pitch. Foure 5721;7
also observed experimentally <fields of flow pulsations in a
R=11 natural convection loop with and without twisted tape
inserts and concluded that fields of pulsations are larger
with tape than without tape inmserts. Foure / 21_7 also
described the improvements made in the experimental determina-
tion of slip ratio in air-water systems through measuring air
and water flow rates. He also compared the experimental
pressure drop data on flat tape and tapes with finite pitch,
with some of the correlations available in literature. |

Foure et al./ 22_7 obtained pressure drop and void
. fraction data with and without twisted tape imserts in circula:
pipes and an annulus during two phase flow of air and water.
In-piées they used a single tape and in the annulus they used
six tapes of three different pitches. Foure et al.,/ 22_7 also
studied the influence of water velocity, shape of the flow
channel, the hydraulic diameter and the pitch of the tapes on
single vortex (in circular tube with a tape) and bracketed
vortices (in annulus with six tapes) using Martirelli and
Nelson / 87_7 parameter as the basis. Foure / 23_/ obtained

pressure drop, heat transfer coefficients and CHF during



boiling of R-11 inside a tube and an annulus in the presence
of twisted tape inserts under natural and forced flow
conditions. The pressure drop data agreed well with the
predictions of Martinelli and Nelson /87_7. Foure et al./ 24
extended the work in reference 1723;7 to water at atmospheric
pressure and low flow velocities. Moussez / 25_7 reviewed the
work in references / 20-24 7 and pointed out the difficulties
involved with the measurements of pressure drop, heat transfer
void fraction and the CHF with and without twisted tape insert:
with differentrgeometries.

The experiments of Foure et al./ 24 _7 were extended to
higher pressures, 70 bars,in / 26,27_7. Three hundred burnout
points were reported during axial and swirl flow boiling of
water. The CEF showed a sharp decrease at a particular value
of exit quality for axial and swirl flow; but occured at
higher heat fluxes and qualities in swirl flow.

In the reference / 28_7 experimental data on pressure
drop, phase velocities and void fraction were reported for
circular tubes, an annulus and a 4=rod cluster element with anc
without twisted tape inserts using air-water flow. The pressurt
drop and void fraction data agreed well with the predictions
of Lockhart-Martinelli /83_/, Lottes et al./ 29_/ and Mondin
/ 30_7. The predictions of tape data showed less deviations
than the smecoth tube data.

Moussez 1731;7 reviewed the data obtained and predictions

made in references / 22-24,26-28_/., He concluded that for a



given CHF,the flow rate can be reduced by 50% and heat transfe
can-be increased by 60% with the use of twisted tépe inserts
in two:ﬁhase flow inside conduits. |

Volterres and Tournier / 32 7 conducted a series of
exéeriment5~tn obtain CHF during the boiling of water with and
without twisted tape inserts using a 4-rod cluster of fuel
elements at different pressures. All the tapes in this study
had the same pitch. There was a 40% increase in CHF.

Foure et al./ 33_7 obtained heat transfer, pressure drop
and void fraction data for channels of different cross section
with swirl flow. The heat transfer rates increased depending
on system pressure level. |

Allen /34 7 observed an increase of 50% in CHF of R-114
in naturél convection flow inside a vertical tube with twisted
tape inserts. He also observed no effect of twisted tape at
low temperature droys across the ligquid film during boiling.
His data showed that the presence of twisted tape in the
naturgl convection loop increased the heat transfer coeffici-
ents.and.the pressure drop and decreased the wall temperatures

Viskanta £f35;7 reported CHF data in axial and swirl flow
of water at 2000 psia during forced convection boiling inside
the vertical tubes. He concluded that the effect of tape pitch
was considerable on CHEF. The maximum increase in CHF was
250% over the smooth tube value. This increase was attributed
to the break up of vapor film blanketing the heated wall b7

centrifugal forces.
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Gido and Koestel / 36_/ developed an analytical model
for heat transfer during forced convection vortex flow of
mercury. They also obtained experimental data on heat transfe:
in éwirl flow using mercury as the test fluid. Their ex@eri-
mental data showed an increase in swifl flow heat transfer
upto 300% over the smooth tube values. |

Blatt and Adt /[ 37_7 investigated the effect of twisted
tape inserts on heat transfer and pressure drop during boiling
of water and R~11 inside a horizontal tube. They used an open
loop section for water and closed loop for R-11. They covered
the entire range of quality from O to 100%. Their results
suggest that thelusefulness of the tapes as augmentation
devices wvaries with the fluid, the heat transfer rates and
temperature ranges.

~ Berenstein et al,/ 38_7 evaluated several candidate
tubes for use in once-through zero-=gravity boilers and
recommended serpentine tubes over the tubes with twisted tape
inserts.
‘ Moeck et al,/ 39 7/ obtained CEF data for high quality
steam-water mixture flowing in a vertical tube at 1000 psig
with and without twisted tape inserts. Their results supportec
the idea that the CHF increases with the use of a twisted
tape insert if the tape does not capture the ligquid which
would otherwise be available for impingement on the tube wall.

Pai and Pasint /T40_7 reported the developments, at

Foster and Wheeler Company, withk the use of twisted tape
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inserts in power boilers.

Hassida et al.zfﬁ4_7'presented and analysed the experi-
mental data obtained at CISE (Centro Informazioni Studi
Experieﬁze, Italy) laboratories om the possible means of
increasing CHF in upward, vertical flow of steam-water
mixture using small swirl promoters suitably placed along
the channel. Eight hundred burmout points were reported in
_this paper.

Herbert and Sterms / 42 7/ presented about one hundred
heat transfer data points in vertical falling films in the
presence of a twisted tape insert. They noted that the heat
transfer increased only at the entrance of the tube arnd no
effect 0f twisted tape was observed for a length-to-dizmeter
ratio beyond the wvalue of 20.

Rousel and Rouvillois / 43_7 discussed flow patterns and
‘the CHF data in swirl flow and presented a teatative flow zap
for sﬁirl flow boiling with velocity and quality as the co-
ordinates. |

Bergles et al./ 44 7 presented heat transfer character-
istics for dispersed flow boiling of nitrogen in the presence
of swirl flow. They noted that the swirl flow minimised the
thermal non—eqﬁilibrium.

Bunsbedt / 45_7 and Hunsbedt and Roberts / 46_7 reported
heat transfer performance data for a2 seven tube bayonet
tube forced recirculation evaporator. The departure from

nucleate boiling characteristics employing swirl flow
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genefators and steam side heat transfer coefficients were also
measured.

Lopina and Bergles / 47_7 showed that the sub-cooled
boiling tests of Gambill and Greene / 10_7 were in fact the
non=boiling tests and their superheat'calculaticns were in
error. They / 47_7 obtained a boiling curve during swirl flow
boiling with twisted tape insert and showed it to be similar
to the axial flow boiling curve.

Cumo et al. / 48_7 studied the influence of swirl flow
generated by twisted tape inéerts during R-12 flow in a double
Pipe heat exchanger. In this case R-12 was heated by forced
convection flow of water in the annulus (not simply the
uniform Joule heating). It was concluded that the twisted
tapes increased the CHF by 200% over the smooth tube values
under similar conditioms.

Nooruddin and Murti / 49_7 obtained data on heat transfer
during swirl flow of an air-water system using twisted tape
inserts of four different pitches. They observed two distinct
heat transfer regimes.

Van der Mast et al.[f50_7 used twisted tape inserts in
desalination evaporators.

Ornatskiy et al./ 51_7 investigated the CHF in concentric
annull of different sizes with and without swirl flow at the
inlet to thé tube and at different locations down stream of
the inlet. Subbotin et al.é-52;7 discussed the upper and lower

limits on the tube length using augmentation devices including
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swirl flow generators. Domanskiy and Sokolov / 53_7 analysed
the heat transfer problem in swirl flow of gas=liguid upward
flow using a semi-empirical theory of turbulent momentum and
heat transfer. Osipenko £f54;7 studied the mass transfer
problem from a thin continuous film of water evaporating-on
the inner wall of a tube with a swirl flow generator. Ryabov
et al.£f55;7 obtained experimental data on the temperature
distribution, heat transfer rates, pressure drop and the CHF
in rod bundles with different types of augmentation devices.
Drizus et al./ 56_/ measured the CHF in small diameter tubes
at higher heat fluxes and mass velocities with twisted tape
inserts. |

While there is a comnsiderable amount of experimental dat:
on heat transfer, burnout and pressure drop using boiling of
liquids inside channels with twisted tape insérts,very few
unsuccessful attempts were made to analyse the flow phenomena
associated with this type of augmentation technigue. Until
this can be accomplished additional experiments need to be
carried out to cover wider ranges of heat fluxes, mass flow
rates, with different channel sizes and geometries ahd

different fluids.

2.2 AUGMENTATICN OF CONDENSATION HEAT TRANSFER

Very few references were cited.in the literature about
the use of swirl flow generators in augmenting condensation
heat transfer inside tubes. Iin / 57_7 studied the augmenta-
tion of boiling and condensation aeat transfer by means of

static in-line mixers. Eis results showad that the mixers
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were effective in improving the boiling and condensation heat
transfer a2t the expense cf increasing the pressure drop. In
boiling the pumping power per unit heat transfer was conside-
rably lower for the mixers compared to smooth tube values.
However, the reverse was not true for condensation.

Very recently the use of twisted tape as an augmentation
technique was extended to condensation heat transfer inside
tubes. The only studies cited in the literature were those of
Royal and Bergles / 58,59_/, Luu and Bergles / 60,61_/. Royal
and Bergles / 58,59_7/ reported heat transfer and pressure
drov data during condensation of steam inside horizontal tubes
with and without twisted tape inserts. Luu and Bergles
/[ 60,61_7 reported similar data for R-113 condensing inside
horizontal tuEes with and without twisted tape inserts. The
results of these investigations will be discussed in detail
later. |

The objective of present study is to develop heat trans-
fer and pressure drop correlations which predict the heat
transfer and pressure drop during condensation inside tubes

with twisted tape inserts.
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CHAPTER III
CORREILATIONS FOR HORIZONTAL IN-TUBE CONDENSATION WITH
AND WITEOUT TWISTED TAPE INSERTS
One of the apprcaches followed in developing the heat

transfer and pressure drop design correlations for condensatior
in tubes with twisted tape inserts was through applying suitabl
nodifiers to existing smooth tube correlations. The experimente
data obtained during condensation inside horizcntal tubes, witl
and without twisted tape inserts by Royal and Bergles / 58,59 7
for steam and Luu and Bergles / 60,671_/ for R-113, were used
as the source for developing these correlations.

The first step in developing the correlations being sought
was to identify, among existing correlations, one single corre-
lation to correlate the smooth tube heat transfer data of stearn
and R=113 and one single correlation to correlate the smooth
tube pressure drop data of steam and R;113. The second step was
to find suitable modifiers to these smooth tubes correlations
to bring about the best possible correlation between the
experimental data and the predictions of pressure drop and heat
transfer for condensation in tubes with twisted tape inserts.

A brief description of the two experimental investigations,

mentioned above, is given in the following paragraphs.

2.7 EXPERIMENTAL DATA
Similar test sections were used by Royal and Eergles

£ 58,59_7 for steam condensation and by Luu and Berglss /50,671_

for R-113 condensaticn. EZach test section was a double pipe

exchanger and was divided into four, 3-foot long units to form
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the test condenser sections. These sections were arranged in
series, with the condensing medium flowing straight through the
test tube while the coclant was diverted through mixing secti-
ons before proceeding to the next section. Thermocouples were
used to measure coolant temperatures in the mixing sections at
the entrance and exit of each condenser section.

Test condenser tube wall temperatures were obtained from
thirty-six 30 gage copper-constantan thermocouples, spaced
axially in groups of three at one-foot intervals along the test
condenser. At each station, the three thermocouples were dist-
ributed circumferentially, with one at the top of the tube and
the others at 90° and 180°.

For each test section, the sectional condensation heat

transfer coeificient was obtained

, 2T rydz (tsat - two) To B -1
hz = ) S lIl( )
: K r + a'
4 0 0
(3=1)*
where
h_ = sectional average heat transfer coefficient

r, = inner tube inside radius
Az = length of each single section of the test condenser
= average cutside wall temperature of each secticn

q. = sectional heat transfer obtained by measuring
o} : .
coolant temperature rise through each section and
its flow rate
Esat=average saturation temperature in sach secticn

ot

*See Nomenclsture for the definition of symbols.
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%

thermal conductivity of ftube wall

a' thickness of the tube wall

In Eq (3-1) the aﬁerage wall Temperatures were obtained
by first averaging the circumferential temperatures at each
station, using Simpson's rule and then linearly averaging the
circumferential averages for each section. The average satura-
tion pressure for each section was obtained by linearly avera-
ging the static pressures of the condensing medium at each
section's entrance and exit.

The overall heat transfer coefficient was also calculated
from Eq (3-1) using the arithmetic average of the sectiocnal
average wall temperatures and linearly averaging ?sat for the
inlet and outlet pressures of the entire condenser tube.

In each of the above investigations / 59,61_/ one set of
data was obtained for smooth tube pressure drop and heat
transfer, and two sets of data were obtained for tubes with
twisted tape inserts. The ranges ¢f geometric and flow para-
meters covered are given in Tables 3.1 and 3.2 respectively.

Any further details about these two investigations can be

found in references / 59,61_/.

3.2 SMOOTH TUBE CORRELATIONS
3.2.17 HEAT TRANSFER

Several correlations / 62-76_/ are available in the
literature to predict local and mean heat transfer coefficients
during condensation inside tubes. Some of these correlations
are based on single phase heat transfer analogy, some are

based on the boundary layer treatment and analogy between heat
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and momentum transfer in the condemsate (liguid) film. Tkese
correlations differ widely in their predictions and no single
correlation predicts well the data obtained by different
investigations. Some of these correlations are described in
Appendix A. |

Royal and Bergles / 58,59 7 compared their smooth tube he
transfer data for steam with several of in-tube condensation
beat transfer correlations / 63-66,72_7. They found that the
correlations of Akers et al. / 63_7 and Soliman et al. /66_7
were reasonable predictors of their smooth tube heat transfer
data of steam. The correlation of Akers et al. [ 63_7 predicte
the sectional average heat transfer coefficieats within x 30%
for about 60% of the data points and the overall values were
predicted within + 15% for most of the data points. In general
this correlation predicted wvalues slightly higher than the
experimental values.

The correlation of Akers et al. 4?63;7 for the smooth tub

can be written as:

= 1 Ge D 0.8 g4 .
Bpp = 0.0265 - ( ) Pr, (3=2)
u.
1
ghere

hTP = mean condensation heat transfer coefficient for
smooth tube . :

Kl = thermal conductivity of the saturated liguid

My = dynamic viscosity of the saturated ligquid

Pri = Prandtl number of the saturated liquid
D = tube inside diameter
G, =

gquivalent mass welocity
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-6 % <-—-) (1D 1
Oy

X = arithmetic average of inlet and outlet gqualities

Gt = total mass velocity

Royal / 59_7 found that the correlation of Soliman et al.
£ 66_7 best predicted the sectional heat transfer coefficients
during steam condensation inside smooth tube.

Iuu and Bergles 477?,78;7 compared their smooth tube heat
transfer data of R=113 with the predictions of the correlations
in the references / 62-67, 69,71,72,74,76_/. They concluded
that Shah /76_7, Traviss et al. / 72_7 and Boyko and XKruzhilir
‘Z765;7 in that order,were the best predictors of their experi-
mental data. Since Boyko and Kruzhilin /65_7 correlations is &
average correlation, they adopted it with suitable modificatior
to correlate their data of R=113 with twisted tape insefts.

The correlation of Boyko and Kruzhilin /[ 65_/ for smooth

tube can be written as:

K, Gy D

&8
BEpp = 0.026 — (—) Pr,0+43
_ “l
‘,[(p/ “m)in +(p/0 )out]
(3=3)
2
where the symbols were defined earlier and
pl ;
(8/pg) = VTrx (gt (3-4)

Eq (3=3) predicted the ssctional and mean heat transfier

coefficients for smooth tube data of R=113 witkin + 30%.
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In a recent study Shah / 76_7 developed a correlation to
predict local and mean heat transfer ccefficients during film
condensation inside tubes. The correlation was tested against
474 data points from twenty-one independeat investigations,
covering a wide range of conditions encountered in practice.
The mean deviztion between the predictions and experimental
data was within 15%.

Shah's correlation‘£-7§;7i5‘}an extension of the one he
developed to predict the heat transfer coefficients during
boiling inside tubes / 79_7. The latter correlation / 79_7
was developed for saturated flow boiling for two regimes :

a) nucleate beiling in which bubble activity is predominant
b) pure éonvection boiling, also known as fully developed
boiling,'in which the bubble activity is completely suppressed.

In developing the boiling correlation, Shah / 797

defined the following non-dimensional parameters:

b = hz/b.1 (3=5a)
Eo = 3Boiling number
Co = Convection number
1=x Ry
_ — 0.8 — Y0.5
= (=) ( o ) (3=5¢)

where
h = local heat transfer coefficient

hl = liquid superficial heat transfer coefficient
that is, heat transfer coefficient assuming
liquid alone is flowing iz the pipe at its
mass flow rate

)

£z ° latent nest of vaporisation of the flui

heat flux at the inrer side of thke tube

18]
O
(]
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At low gualities, that is higher wvalues of convection
number, Co, the nucleate boiling effects are important and the
correlation is given by /797

¥ = 230 BoO*? " (3-6)

At high qualities, that is low values of convection

number, Co, the pure convection boiling exists and the correla

tion takes the following form:

“0 .8

¢ = 1.8 Co (3=7)

Eq (3-7) represents the condition of pure boiling in whicl
the bubble nucleation is suppressed and is applicable if the
following conditions are met : a) there is no bubble nucleatio:
and b) the entire tube wall is wetted by fhe ligquid film. Thess
two conditions are also met in film condensation inside tubes.
So Skah extended Eq (3-7) to film condensation inside tubes
[ 76_7. Eq (3-7)deviated by as much as 50% from experimental
measurements when applied to the condensation data. The trend
of the data indicated that the density ratio in the convection
number, Qo, is best represented by the reduced pressure, Poe
Therefore the correlation variable for condensation inside the
tubes was given by:

2 - (15X 0.8, 0.4 (3-8)

By analysing condensation experimental data, the correla-

tion was obtained as :
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¢ = [1+3.8270:-%] (3-9)

¢ igs defined by Eq (3-5a) and includes the local condensa-

tion heat transfer coefficient.

Using Egqs (3-8) and (3-9), the calculation procedure for

local heat transfer coefficients, during condensation inside

tubes, can be summarized as given below:

Te

Qe

Knowing the condensing fluid and the saturation pressure,
the transport and thermodynamic properties can be obtained
/80,81_7.

For a specified dryness fraction, x, the superficial heat
transfer coefficient, hl’ of the ligquid phase is calculated

from

Q.8
hl = hL (1=-x) | (3-10)
where hL is the heat transfer coefficient assuming all the
mass is flowing as a liquid and is given by Dittus-Boelter

equation

Q.8 Q

A
0.023 Re Bty Ky /p (3-11)

hL

where

ReL Reynolds number assuming all the mass
is flowing as liquid
G. D

dxw

Shah /[ 76_7 recommended that Eq (3-11) be used for

Re; > 350.

The parameter Z and ¢ are then calculated from Eqs (3=8)
and (3-9) respectively. Using Egs (3-8) to (3-10) the local

condensation heat transfer coefficient is given by:
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b o= by K1em08 4 3.8 20 76(1x)0- 0% 038 | (512

Mean Heat Transfer Coefficients _
The mean heat transfer coefficients can be defined in

different ways as given below:

Al *in
B =, ) B (3-13)
*in" out Xout -
or
By, k i (3-10)
s . b dz 314
= (I'a - L1 ) Lq z
gL
1 1 i dx
= = - (3-15)
Brp (%in= Toug)  Foup Bz

where I:.,1 and L2 are the axial co-ordinates, measured Irom tube
inlet, where the condensation process starfed and where it
is completed, respectively. If condensation is not complete

L2 is at tube outlet.

Eq (3=15) is a result of the energy balance over a differe
ntial length of the tube and which if integrated will result in
an overall average for the entire tube.

All these definitions of the mean heat transfer coceffici-
ents, generally, involve numerical integration.However,with the
use of certain assumptions the above integrals can be evaluated
in 2 closed form. For example, assuming linear variation of

quality with axial distance and complete condemsation, Shah
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/76_7 showed that the mean heat transfer coefficient defined

by Eq (3-14) is given

Egp = By (0.55 + 2.09 p;°'38) (3.16)

_In deriving Eq (3-16), from Eq (3-14), X;, Was taken as
out &S 0.0.

Shah /76_7 showed that there is a mean value of quality,

1.0 and x

X, that can be used in the local condensation heat transfer
coefficient equation, given by Eq (3-12), to obtain the mean
condensation heat transfer coefficient. For the above assump-
tions of linear quality variation and ccmpiete condensation,
Shah / 76_7 used X equals to 0.5 in Eq (3-12) to calculate
the mean condensation heat transfer coefficient and the value
differed from the one calculated using Eq (3-16) by only 5%.
The choice of correct mean quality, X, depends on the
rate of cooling and is usually less than 0.5. For the purpose
of present study a value of 0.4 was selected for X. Waen this

value was substituted in Eq (3-12), the following equation

resulted fO0T the mean condensation heat transfer coefficient

Bpp = by (0.665 + 1.86 pr"o'fa) (3=17)

where h is calculated from Eq (3=11).

3.2.1.1 RESULTS AND DISCUSSICHN
The correlation of Akers et al. /63 7 as given by

Eq (3-2) was used to predict the mear heat transfer coefficients

for the smooth tube data of Royal and Bergles / 58,59_7 for
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steam and Luu and Bergles / 60,61_7 for R-113. Properties
were evaluated at inlet saturation pressures from the refe-
rences / 80,81_7 for all the correlations tested or proposed
in this report. In all the experimental runs the inlet quality
was nearly 100% and the exit quality was nearly 0.0. There-
fore, a value of 0.5 was used for X in Eq (3-2). The results
of the predictions are compared in Figs (3=1) and (3-2). The
results in both the figures show that Akers et al. / 63_7
correlation predicted values lower than the experiments. The
disagreement was within 35% for R-113 and 25% for steam data.
In a few instances the disagreement exceeded these limits.

The Boyko and Kruzhilin / 65_7 correlation was not used
to evaluate the smooth tube data. The reason for this becomes
gvident in section (3.3.1.2).

Eq (3-12) averaged by Eq (3-15), Eq (3-16) and Eq (3=17)
were used in the present study to predict the steam and
R-113 smooth tube heat transfer data. It was found that Eq
(3-17) resulted in the best correlation for both sets of data.
The results of the predictions of Eq (3-17), using Eq (3-11)
for hy,are compared with the experimental data in Figs (3=3)
and (3-4). The disagreement between the predicted and experi-
mental values is between 5% and -15% for steam and within
+20% for R-113. In both cases, the correlation predicted
slightly higher values than the experimental data.

It can be concluded that Shah's / 76 _7 correlation
predicted best the mean heat transfer coefficients during

condensation of steam and F-113 inside smooth horizontal tubes
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compared to the other existing correlations.

322 PRESSURE DRCP
Two-phase pressure gradient for flow inside smooth horizon-
tal tubes can be written as a sum of frictional and momeatum

terms. Therefore,

: dp dp
(L) = (=) + (=), (3-18)
dz dz TPF dz M
dp
where (—) = total pressure gradient
dz
dp
({—) = two-phase frictional pressure gradient
dz TPF
dp :
and ( = ). = two-phase pressure gradient due to

dz M momentum changes.

The momentum pressure gradient can be written as:

G =
dp ) t dx [ 2(1 = %) 2%
—_— ) T = e— B e e
dz M 8 dz Dl<1 -¢) L
b (1=x) x (1= )]
+ = = (3=19)
Py x(1-¥) o y(1=x)

where ¢ is the void fraction.

The detalls of the derivation of Eq (3-19) are given in
the next chapter. |

To evaluate the frictional and momentum pressure gradients,

a2 two~phase friction factor for frictional pressure gradisnt
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and an expression for void fraction for momentum pressure
gradient are needed. Also, fhe knowledge of quality gradient
is necessary.

Royal and Bergles / 82_7/ identified five correlations
_[:83;86;7 including a hcmdgeneous mod3121795,96;7 for two-phase
frictional pressure gradient and seven void fraction corre-
‘lations /783, 90-94-7 including a Bomogeneous model £95,96_7 to
correlate their 59 7'pressure drop measurements of steam
condensation inside smooth, horizontal tube. A summary of
these correlations is given in Apendices B ard C.

All the possible combinations of frictional pressure drop
and void fraction correlations were tested with the smooth tube
pressure drop data of steam / 59_/. Royal and Bergles / 82_7
found that the combination of frictional pressure drop correla-
tion of Dukler et al. /[ 86_/ and void fraction correlation of
Hughmark / 90_/ was the best éredictor of their /[ 59_7 smooth
tube pressure drop data.

The Hughmark correlation / 90_7 for void fraction is
described in Appendix C. In the following paragraphs Dukler
et al. Zféé 7/ correlation for frictional pressure drop is
descrzbed.

Applying the dynamlc similarity principle to two-phase
flow in a conduit, Dukler et al. / 86_7 arrived at the following

equations:

Re =

TP (3=-20)
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and
dp
1 ( dz )TPF ( )
TP ‘ 2
2 "1 T
( )
where
1 = characteristic dimension
ReTP = two-phase Reynolds number
fTP = ‘two=-phase friction factor
Vm = mean two-phase velocity
Pmp = two=phase density
M = two-phase dynamic viscosity
QTP and knp can be given by:
- N2
b = |e—— & 3-22
T L1 =) b ]
fpp = [ull oy (1 - x)cg] (3-23)
[‘Volumetric flow rate of liquid ]
A=
Total volumetric flow rate
Cqs Cp = constants

The problem now reduces to finding c, and c,. Dukler et al.

2
£ 86_/ considered four special cases for cq and c, and developed
correlations for friction pressure gradient in two-phase flow,
for two of these special cases. Those two correlations are

described below:
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CASE - I: Homogeneous two phase flow is assumed and there is

no slip between the two phases. In this case,

cq4 = 1.8
C2 = 1.0
and A= (1 =) , (3-24)

Using the inside diameter for the characteristic length,s ,

Egs (3-20) to (3-23) can be written as:

4 wt
Re = | - (3=25)
NS 7D i
dp
(=2
dz "TPF
£ = (3=26)
NS 2
2 G
T
( — )
g D pNS
! - : - ) -
pNS = [pll + pv (‘1 A )} (./ 27)
and
Mg = [ulk + by (1 - Aj (3=28)
The subscript "NS" refers to no-slip or homogeneous
condition.

The above equations describe the two-phase, no=-slip
parameters.

The assumption of homogeneous flow permits the treatment
of a two-phase mixture as an equivalent single phase fluid. Thus
the correlation can be given by the single phase friction factor-

Reynolds number relation as:
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0.125 }

(3-29)
0.32

ReNS

Parameters used in Egs (3=-29) are defined by Egqs (3=-25),

(3=27) and (3-28).
CASE = IT: This is a special case in which slip takes place;

but ¢, and c, are assumed to be equal to umity. This is true
when the ratio of each phase velocity to the average velocity

remains constant over the flow cross-section. In such a case,

Repp = Reygg 8 (3-30)
xs |
and fTP = —-:B—- | (3=31)
where
) _ 2 | _
g = - '§ + = (1=1)° (3=32)
- PHS (M=) Pys ¥

ENS’ fyg 8nd Reyo are no-slip parameters defined by Egs
Using the definition of Reynolds number and friction
factor given by Eqs (3-50)-and (3-31), the two-phase frictional

pressure drop was given as:

dp 2 Gta fo s B
o ey ™% ™ - (3-33)
8. D Pyg

£, in Eq (3-33) is single phase friction factor evaluated at
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two-phase Reynolds number, ReTP’ the latter being defined by
Eq (3-30). f, can be calculated using Eq (3-29) with Reqp in
place of ReNS‘

e« in Eq (3=33) is the ratio of fTP to fo. By using four
hundred data points Dukler et al. / 86_/ arrived at the

following equation

£
TP 1n X

0 s w g —  (3-34)
L, [1.281 + 0.478 1nx + O.444 (1nd)

+ 0.094 (1m1)3 + 0.00843 (1n 1)%]

By using Egs (3-27), (3-28), (3-25), (3-32), (3-30),
(3-29) and (3-34) into Eq (3-33), the frictional pressure
gradient can be calculated for a given mass flow rate, quality
and saturation pressure.

Royal and Bergles / 82_7 used the Dukler et al. / &6_7
and Bughmark / 90_7 combination for frictional pressure
gradient and void fraction respectively, for smocoth tube
pressure drop data of steam. They / 82_7 assumed a constant
quality gradient for each sub-section of the test condenser.
This constant was determined from the enthalpy changes cof the
coolant in each sub-section of the-condenser. They /827
divided each sub-section into ten increments for computer
estimation of total pressure drop.

Royals and Bergles / 82_7/ concluded that Dukler et al.

[/ 86_7 and Eughmark combination predictions were higher than
experimental data and the disagreement was as high as 40%.

The reasons Ifor this can be attributed to Ifollowing:
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1. The momentum pressure gradient is of the same order of
magnitude as the frictional pressure gradient for all the
steam data. There are uncertainities involved in the

-momentum model and void fraction correlationms.

2. The frictional pressure gradient was calculated using the
friction factor developed for adiabatic two-phase, two-
component systems. The friction factor in condensation was
shown to be higher than the friction factor in adiabatic
flow by Linehan et al. / 97 7.

Using all possible combinations of frictional pressure
drop correlations / 72,83,86,88,89_7 including a homogeneous
model /95,96_/ and seven void fraction correlations / 83,90-
94_7 including a homogeneous model / 95,96_7, Luu and Bergles
£f77;7 compared their smooth tube condensation piessure drop
data of R-113 with the predictions of the above combinations.
Eowever they introduced a correction factor, suggested by
Silver and Wallis /98_7, to the adiabatic friction factor
calculated from the above mentioned frictional pressure drop

correlations. The correction factor can be obtained as described

below:
fc B
— | (Vo ) - (c/fd) (3-35)
ad ad a
where
fc = friction factcr in the presence of condensation

)]
L}

Iad adiabatic friction factor
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av

D A% IP—O.Sxd—x-
T = = — ] (3-36)

2x dz _ VFEF

vy = Void fraction

From their comparisens, Luu and Bergles / 77_/ concluded
that the combination of Lockhart-Martinelli correlation / 83_/
for the frictional pressure gradient and the momentum press-
ure gradient based on a homogeneous flow model described best
their experimental smooth tube pressure drop data of R=-113,

In another study Luu and Bergles / 78_7/ using all the
combinations cited above concluded that Lockhart;Martinelli
correlation / 83_/ predicted the experimental smooth tube
pressure drop data of R-=113 slightly better than Duckler et al.
/[ 86_7 correlation. It is to be noted at this point that
Traviss et al. 1f72_7 correlation is a combination of Lockhart-

Martinelli correlation / 83_7 and Zivi's correlation / 93_7.

%.2.2.17 PRESSURE DROP CORRELATION

In the present study the frictional pressure gradient was
calculated using Lockhart-Martinelli correlation / 83_/ along
with the correction factor suggested by Silver and Wallis
/ 98_7/. The void fraction was calculated using the correlation

of Zivi /93_7. The void fractiom is given by:

Y o= (3-37)

i P, 2/3
[’: + (B (== ]
. L
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This equation is simple to use and involves no iteration
as in Hughmark's correlation / 90_7.
The Lockhart-Martinelli correiation / 8%_7 was developed
for two-component, two-phase flow inside tubes. The correlation
is described below:

The parameter X was defined as:

@@ )

]
]

where

dp
(—f) frictional pressure gradient assuming that
dz/q liquid azlone is flowing in the pipe.

dp
(-—) frictional pressure gradlent assumlng that
dz - vapor (or gas) alone is flowing in the plpe.

The frictional pressurs gradients due to single phase flow
of liguid and vapor (or gas) depend upon the type of flow if
each phase is alone flowing in the tube. Thus each phase could
be in laminar or turbulent flow. For turbulent flow of both
phases, X in Eq (3-38) is designated by the subscript tt and is

given by:

W1 0.9 ,u
X, = C—?-‘-) 7 yPe

v Wyr

(= )° -3 (3-39)

For a two-phase condensing system with a givern qualtiy, x,

Eg (3-39) can be replaced by:
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1-x10.9 *1,0.1 Pv.0.
Ty = G0 @0 G0 (3-20)

Another parameter, 4,y Was defined as

‘ dp dp
o, = (=) /(=) 193 (3-41)
v dz dz/_ |
TPF v :
where
dp» .
(——- = two-phase fricticnal pressure gradient.
dz TP

In‘general, %v,is a function of X. Therefore,

. = £(X) (3=42)

Anelysing adiabatic two-component, two-phase experimental
data on pressure drop inside tubes, Lockhart and Martinelli
£[83_7 presented a family of curves for ¢ vs X. Soliman et

al. [ 66__7 approximated the curve for dav vs Y., for turbulent

‘ £t
flow of both Phases by:

0.52

oy = [1 + 2.85 Xtt ﬂ (3=43)
The frictional pressure gradients, due to vapor (or gas)

flowing alone in the tube, can be calculated from the well

established equations of single phase turbulent flow. In such

a case,



42

d 2 £ 6°x°

1 t

(_ . - (34
dz/ ., 8. P, D

where
Gt = total mass velocity
D = inside diameter of the tube

£ .- friction factor

The friction factor,-f, in Eq (3—44) for adiabatic two-

phase system is designated as fad and is given by:

0.045
faga = %2 - (3=45)
ev_

GtxD : '
Re, [ I (3=46)
Mo

To account for condemsatiom, f_4,is corrected by Eqs(3-35)

where

and (3-36) and the resulting friction factor, f.,is used in

, ¢’
Eq (3-44) & condensing fluid.

After obtaining the frictional pressure gradient due to
vapor flow, the two-phase frictional pressure gradient can be

obtained from the following equation:

dp s (dj) .
<d3> ¢v d W (5.47)

=7

where is calculated using Eqs (3-40) and (3-43).

q?‘v

3.2.2.2 SUMMARY OF CALCULATIONS CF PRESSURE DRCP

1e Assume the quality as
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dx
dz

o

where L = 1length of the condenser tube.
This assumption implies constant cooling rate.
2 For a specified condensing pressure and quality compute

the following:

1
b o=
T=x e
14 (—) )23
X 1
a2 B
i 2 P1
dy
D dx b= 0.5x ax

: . z a-; -\/—‘3,1—

s For a specified mass velocity and tube inside diameter

compute the following:

GtxD
ev uv
0.045
*sd T T o5
Re-O-g
v
fc =

4

[exp(C/zf J o= (t/f ) ]
ad ad
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4, From the above information compute the following:

(d@ 2 fc Gt2 xa

dz % & °v D
1-x09 “1

Lo = FO°7 G g =%

.- -[1 + 2.85 xtt°°521

Be Finally, the two-phase frictional pressure gradient can
be computed by:

@, - @

PY

The two-phase momentum pressure gradient can be computed by:

.2 .

(dp) t dx [ 2(1=x) 2% Y (1=x)
PRre—, = - A—— — _— + [FE—— S S ek
dz f o dz 91(1-ﬁ) P ¥ ¥ 5y x(1=4)

x(1=v) ]
0¥ (1=-x)

and

@ - @, - @,

Ly M

3.2.2.3 RESULTS AND DISCUSSION
For each experimental run of Royal and Bergles / 58,59_7
for steam, and Luu and Bergles / 60,61_7 for R-113, the entire
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test section was divided into twenty incremental lengths. For
steam and R-113 the quality gradient was assumed as in step 1,

iven in the previous section. The inlet quality in all the
runs was nearly 100%. By using the assumed quality gradient
and 100% inlet quality, the average quality for a given incre-
mental length was calculated. The pressure drop for each
incremental length was calculated using the above scheme. The
total pressure drop was sum of the pressure drops of all the
incremental lengths.

This scheme was implemented in a digital computer program
and comparisons were made,between the predicted and experimen-
tal data for steam data of Royal and Bergles / 58,59_7 and
R=113 data of Luu and Bergles / 60,61_7/,in Figs (3-5) and
(3=-6) respectively.

The.results show that the proposed correlation predicts
pressure drop values lower than the experimental values, for
steam. For R=-113 the disagreement between piedicted and experi-
mental data is within + 35% for a majority of the points except
at low flow rates where the disagreement exceeded these limits.
Several reasons could have contributed to this disagreement.
First uncertainity is the assumption of constant gquality
gradient, as in step 1, and second is the uncertainity in the

exXperimental results.

%.3 CORRETLATICNS FCOR TURBES WITH TWISTED TAPE INSERTS
5341 HEAT TRANSFER
Studies on the effect of twisted taps inserts on ccndensa-~

tion heat transfer apveared in the literature recently and are
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very few in number. Royal and Bergles / 58,59_/ and Luu and
Bergles / 60,61_7 obtained heat transfer and pressure drop data
with twisted tape inserts for low pressure steam and R-113
respectively. These investigations were discussed at the
beginning of this chapter.

Royal and Bergles / 58a/ selected Akers et al. / 63_/
correlation, the best predictor of their smooth tube steam heat
transfer data, to modify for the purpose of predicting heat
transfer coefficients, local and mean, during condensation of
steem inside tubes with twisted tape inserts. They identified
the effects of twisted tapes on pressure drop and heat transfer.
These effects are: 1. Tangential velocity effects 2. Tape fin
effects and 3. Wall shear effects. These effects are discussed
in the following paragraphs.

1. Tangential Velocity Effects: The twisted tape induces
swirl in the flow and a tangentizl velocity is added to the
velocity vector, which is otherwise axial. The tangential
velocity is a function of the radius from the axis. This addi-
tional component of velocity is needed to maintain the mass
flow rate in the presence of a twisted tape inside the tube.
The flow wvelocity in the presence of a twisted tape is the
vectorial sum of axial and tangential components. This increa-
sed velocity, due to the presence of tangential component, is
& function of radius. The tangential velocity component is

given by:

ct
[

T
o - ] ()
EYrO
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where
u = the velocity

a,t = refer to axial and tangential components
respectively.

Y = reduced half pitech of the tape, also known as
twigt ratio, defined as pitch of the tape per
1807 /Inside diameter of .the tube.

The total velocity, u, is obtained by vectorially adding

u, and u_ respectively. Therefore,

2 r 2 05
u = ua[_E(YFO') + 1 ] (3-49)

Since the interfacial shear stress is a function of
velocity at the interface, Eqg (3-49) has to be evaluated at
the interfacial radius. interfacial shear stress is important
to the heat transfer process. Since finding the interfacial
radius requires the knoﬁledge of the liquid film thickness, the
calculation procedure of which is tedious, Eq (3-49) can be
evaluated at the fube inner radius. This involves a small
error becausé the film thickness is small compared to the tube
radius. Now defining velccity correction <factor as the ratio
of total velocity to the axial velocity, it can be written
that

u
Fy = (g)
where,
Ft = velocity correction factor.

Evaluating u in Eq (3=49) at Ty» ¥, can be given by
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F = -2-% [ 72 v }0'5 (3-50)
Since Ft characterises the velocity increase due to the

presence of a twisted tape, it should be applied %o the

Reynold number of interest in the corrélation.

2. Fin Effects: A twisted tape in contact with the wall behaves

like a fin of length equal to the radius of the tube. Assuming

that the tape is in good thermal contact with the wall and the

tip of the fin, which is in the axizl plane of the tube., is

thermally insulated, the fin effectiveness can be given by

7997

tanh (m ro)

. (3=51)
m::'c
where
2 b,
m = )
Zet S41

hc = heat transfer coefficient over the twisted
tape surface

Ktt = thermal conductivity of tape material
Sgy * thickness of the twisted tape
To compute the effectiveness of the tape as a fin, the
heat transfer coefficient over the tape surface nesds %o be
determined. This inveolves an iteration process. Instead of
this approach a reasonable value Ior the effectiveness can bte
assumed without a sericus srror.

Defining the fin effect cor-ection factor, Feey @S the
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ratio of heat transferred with fin effect to heat transferred

without the fin effect, results in

-y (3-52)
D

T F = 1 +

tt

2
- {
™

(V=

The fin effect of the twisted tape increases the heat
transfer rate. Therefore the correction factor, Fris is
multiplied by the smooth tube heat transfer coefficient to
yield the heat transfer coefficient in the presence of a
twisted tape insert.

3. Wall Shear Effects: The presence of a twisted tape reduces
the flow cross sectional area and increases the wetted peri-
meter. The tape increases the wall shear and hence the total
pressure loss. This is accounted for by the use of a twisted
tape friction factor correction. Lopina and Bergles / 100_7
presented one such correction for single phase flow of water

and it was adopted for two phase flow. Therefore,

Hy

tt
P, = — = 2.75770:%08 (3-53)
£
c
where f = friction factor
tt and ¢ = refer to twisted tape and smcoth tube respectively
Y = twist ratic per 180° rotation

The changes in flow area and wetted perimeter is accounted
for by the use of an equivalent diameter in the calculations.
3

Neglecting the area occupied by the tape in relation to the

cross sectional area of the pipe, the equivalent diameter can
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be written as:

r 2

Dy = — - (3=54)
{ 7D + 2(D=6.) }

Incorporating the corrections discussed above into the
smooth tube correlation of Akers et al. / 63_/, Royal and
Bergles / 58a,59/ gave a correlation fﬁrrthe meen heat

tranéfer ccéffiéients in fhe presence of a twisted tape

- imsert. The modified Akers et al. correlation as uséd by

Royal and Bergles / 58a_/ is given below:

K Fe. Ge D
5 =o.oassi£t =

0.8 4.4 | |
Pr; By (3-55)

g u
De i
where
e
R N o N —
Gy = Gt{ % CF; +(1-x)}

X = arithmetic mean of inlet and outlet gqualities

Eq (3=55) predicted the heat transfer coefficients during
‘condensation of steam in the presence of a twisted tape insert
within + 30% of tke experimental values.

Luu and Bergles / 78 7/ modified the Boyko and Kruzhilin
[ 65_7, the best predictor of their smooth tube data for R-113,
on the same lines as discussed above. They, however, made a few
changes which are discussed below:
1. They evaluated the velocity in Eq (3-49) as an average

rather than at the inner wall. Therefore,
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8_‘{27 1 oo ]’!.5 : $5,58)
Ft = -5—12 {[Z (E) + 1] = =2

2. The fin effect correction factor was given by

.2 2.0.5 .
n(4¥= + %) BT VRN
= 14 21 o i (3-57)
: 2y D

Fig

They used 0.97 for the fin effectiveness,n.
2. The equivalent diameter was defined taking the tape area

into account. Therefore,

o D |
{702 - 4ps.. )

D, = £t | (3-58)
("D + 2(D = 644))

Following these changes the Boyko and Kruzhilin correla-

tion /657 was given as / 78 _7:

F_ G, D

t e e O.SP 0.45
|
M

Tt

By

B, = 0.024 =2 7 __ {
D
e

0.5 - 40.5
[,(p'g-m)in * (p'/"m)out]

(3-59)

2

Wwhere
'

(/og) = [1+ x5 - 1]

The modified Boyko and Xruzhilin correlation predicted

the experimental heat transfer data of R-113 with tapes within



+ 30%.

3.3.7.17 CORRELATICN FOR TWISTED TAPES

In the.present study a heat transfer correlation was
developed utilizing the heat transfer data for steam condensa-
tion inside horizontal tubes with twisted tape inserts.

For each experimental run with a twisted tape,the mass
flow rate and saturation pressure were identified. For these
conditions, for each run, a smooth tube mean heat transfer
coefficient was calculated using Eq (3-17) with the inside
diameter of the tube, as thé characterstic dimension. The ratio
of the experimentsl mean heat transfer coefficient with twisted
tape to the corresponding calculated smooth tube mean heat
transfer coefficient was calculated. This ratio was identified

8s R.

o)
B & {=—2% ) (3-60)

TP at the same
conditions
It was assumed that R, in general, is a function of:
1. The Reynolds number (ReL) assuming that all the mass
is flowing as ligquid, that is

G_ D
_ %
ReL = [ ]

u-l

2. the half pitch, ¥
5. the liquid Prandtl number, Pry
and 4. the reduced pressure Ppe

Therefore, in general,it can be written that
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R = £ (ReLv T, Prlv pl“)

Various correlation functions were atﬁempted. After
several trials it appeared that the reduced pressure, Pps and
the liquid Prandtl number, Pr,,bad little effect on R. It was
finaliy decided to correlate R with the ratio (ReL/Y). This
same parameter was used by Lopina and Bergles ZfH01_7 and Hong
and Bergles 17302;7'to correlate heat transfer data in single
phase flow inside the tubes with twisted tape inserts. As a
result the following correlation function was used.

; Re a
L |
R = [‘1 + ao {—Y_} ] (3=61)

Due to the fact that steam data of Royal and Bersles
/582,597 showed a definite effect for the twist ratio of the
tape, while R4113 data /760,61_7 didn't show the effect, the
constants aoand a, in Eq (3-61) were determined by using
steam data zlone. lLeast squares regression analysis was used

to determine ac and aq. The result was:

by ' Re. 0.19
R = =% = [1 + 0,02 (=) ] - (3-62)
Srp T

Eq (3-62) was then used to correlate R-113 data.

%3.3.1.2 RESULTS AND DISCUSSION
The modified correlation of Akers et al., Eq (3=55), was

tested for its capability to predict the twisted tape data of

R=-113 /61 7. A value of 0.97 was used for the fin effectiveness
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as suggested by Luu and Bergles / 78_7. Equivalent diameter
was determined from Eq (3-54). The Akers et al. / 63_7 corre-
lation doesn't éontain.any friction factor term. So there was
no necessity to calculate Fo. The results of these computatioas
are shown in Fig (3=7). The agreement between calculation and
experiment is within + 20%. The modified Akers et al. correla-
tion was used to calculate mean heat transfer coefficients
during condensation of steam in the presence of a twisted tape
insert. These results are shown in Fig (3-8). The disagreement
between predicted and experimental values is within 15% and
-30%. Most of the predictions were higher than the experimental
values.

The Boyko and Kruzhilin correlation / 65_/ was modified
by Luu and Bergles 1—78;7 to predict the mean heat transfer
coefficients during condensation of R-113 with twisted tape
inserts and was given by Eq (3-59). Eq (3-59) was used to
predict the condensation heat transfer data of steam with
twisted tape inserts. Using the local quality values from the
experimental data of steam with twisted tape inserts, a fourth
order polymomial interpolation function was cbtained to
calculate intermediate values of quality for each experimental
run. The fin effectiveness of the tape was taken as 0.97. Using
twelve incremental lengths for the entire length of condenser
and Eq (3-59) local heat transfer coefficients were calculated.
The mean keat transfer coefficient was obtained by using
Ea (3=-15). The numerical integration was carried out by a
modified trapezoidal rule / 103_7. The predictions were higher

Than experimental values and the error was in the range of €0
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to 90%. For this reason Boyko and Kruzhilin correlation / 65 _/
was not used to predict the smooth tube heat transfer data of
steam and R-113.

Figs (3-9) and (3=-10) show the comparisons between experi=-
mental measurements of steam and R-113 respectively with the
predictions of Eq (3-62). The disagreement between measurements
and predictions is within + 20% for steam and within + 25% and
=-10% for R=-113.

Therefore, it can be concluded that when both sets of
date are combined the proposed correlation agrees within +25%
of the experimental measurements.

3.3.2 PRESSURE DRCP CORRELATICN FOR TUBES WITH TWISTED
TAPES INSERTS.

The apprcach to the pressure drop calculation for tubes
with twisted tape inserts is similar to the one used for smooth
tubes. The total pressure gradient is expressed as a sum of
frictional and momentum pressure gradients; However, the
presence of a twisted tape increases the friction factor over
the smooth tube condensation friction factor. It also decreases
the flow area and increases the wetted perimeter. This is
usually taken care of by the use of an equivalent diameter in
place of inside diameter.

Royal and Bergles / 82_7 modified the Dukler et al.
correlation for frictional pressure gradient / 86_7 and used
Hughmark correlation £f90_7 for void fraction, in order to
correlate their pressure drop data during condensation of

Steam in the presence of a twisted tape insert. The following

modifications to the Dukler et al. / &6_7 correlation wers
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applied:
1. The use of equivalent diameter as defined by Eq (3=54) in
place of inside diameter as the characteristic length in
Eqs (3-25) and (3-33).
2. The use of a wall shear correction factor, Ff, as given by
Eq (3=53) to the adiabatic friction factor used in the smooth
" tube pressure drop predictions.

It is to be noted here that Royal and Bergles / 82_7 did
not apply a correction factor to the adiabatic friction factor
to take care of the effect of condensation on the friction
factor as was done by Luu and Bergles /[ 78_7 for R-113 for
smoocth tube. Using these modifications to the smooth tube
correlations, Royal and Bergles / 82_/ predicted the pressure
drop during condensation of steam in the presence of a twisted
tape insert, Their predictions were lower than the experimental
data, and the disagreement was as high as 50%.

Luu and Bergles / 77_/ modified the Traviss-Rohsenow / 72_7
correlations to predict the pressure drop during condensation
of R=113 in the presence of a twisted tape insert. The following
modifications were introduced:

1. the use of an equivalent diameter, defined by Eq (3-58), in
place of inside diameter, as the characteristic dimension.

2. the use of wall shear correction factor, Ff, as defined by
Eq (3=53), to the condensation friction factor, fc obtained
from Egs (3-36) and (3-35).

It is to be noted here that
1. The Traviss-Rohsenow correlatiocn / 72_7 is nothing but the

Lockhart-Martinelli correlation / 83_7.
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2. ILuu and Bergles / 77_/ applied correction to the adiabatic
friction factor to account for condensation, in smooth
tube pressure drop predictioans.

3. They‘[-77;7 also used a homogeneous momentum equation for
momentum pressure gradient in smooth tube pressure drop
calculations.

Using the above mentioned modifications to the smooth tube
pressure drop predictions, Luu and Bergles ZT??_?'pnedicted
pressure drop during condensation of R-113 in the presence of
twisted tape inserts. The agreement was within about 40%. The
predictions were lower than the experimental data.

In another report, Luu and Bergles / 78_7 modified Dukler
et al. correlation / 86_/ to which the following modificationms
were introduced: .

1. The use of an equivalent diameter, as defined by Eq (3-=58)

in place of inside diameter |

2. The use of a correction factor, Eqs (3=36) and (3=35), to

adiabatic friction factor to account for condensation.

3. The use of wall shear correction factor, Ffj given by

Eq (3-53), to the condensation friction factor to account
for the inecreased friction due to the presence of tape.

These above-mentioned modifications resulted in pressure
drop predictions which were within + 40% O0f their experimental
data.

3.3.2.17 PRESSURE DROP WITH TWISTED TAPE INSERTS
In the present study Lockhart-Martinelli correlation
[ 83_7, described in section (3.2.2.1), for frictional pressure

drop was modified by:
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1. the use of equivalent diameter, as defined by Eq (3-54), in
place of inside diameter in Eqs (3=46) and (3=44).

2. use of correction factor to adiabatic friction factor,given
by Eqs (3=-36) and (3=3%5), to account for condensation.

3. use of wall shear correction factcr;'Ff, given by BEq (3=53),
to account for increased friction due to the presence of
twisted tape.

The momentum pressure gradient was calculated using Eq

(3-19) and the void friction was calculated by Zivi's / 93_/7

expression of Eq (3-37).

3.3.2.2 RESULTS AND DISCUSSION

Using the above modifications to the smooth tube pressure

drop prediction procedure, (section %3.2.2.1) the pressure drops

during condensation of R=113 and steam were predicted. The
entire tube length was divided into twenty incremental lengths
and the total pressure drop was the sum of pressure drops in
the twenty sub-sections. This scheme was discussed in detail
in section (3.2.2.2).

The predicted and experimental pressure drop are compared
in Fig (3=11) for steam and Fig (3-12) for R=113. The disagree-
ment between predictions and experimental data is within +25%
for steam. The predictions were lower than the experimental
data. The R=113 predictions agreed within +40% with the expe-
rimental data. The larger error in this case could be due to

uncertainities in the pressure measurements.

5.4 SUMMARY

The results of this chapter can be summarized as follows:
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1. Shah's /[ 76_7/ correlation, given by Eq (3-17), can be used
to predict the méan heat tfansfer coefficients during conden;
sation inside smooth horizontal tubes.

2. Eqs (3=17) and (3-62) can be used to predict mean heat
transfer coefficients during condengation inside horizontal
tubes with twisted tape inserts.

3. Lockhart-Martinelli /83_/ correlation with the modifications
suggested in Section (3.2.2.1) and Zivi / 93_/ correlation
for void fraction can together be used to predict smooth
tube pressure drop during condensation.

4. Lockhart-Martinelli /[ 83_7/ correlation in item 3, given

above, with further modifications proposed in Section

(3.3.2.1) can be used to predict pressure drop during conden-

sation inside horizontal tubes with twisted tape inserts.

5.5 CONCLUSIONS

- The proposed correlation for pressure drop and heat
transfer prediétions during condensation inside tubes with
twisted tape inserts can by no means be considered as the
final word on this subject. Their validity needs to be tested
with more experimental data of different fluids, tubes and
twisted tape geometries. The validity of some of the correla=-
tions used for two-phase,diabatic flow friction factor and
void fraction is questionable. For example, the definition of
void fraction in two-phase adiabatic and diabatic flows in

smooth ftubes is well established and can be measured. In the

presence of 'a twisted tape insert the definition of void

fraction needs to ve re-examined. No experimental data on this
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available at the present time to verify these
in the present study. Until such time the proposed
can serve as reference for future studies. No claim

about the superiority over the ones developed by

Royal and Bergles [_58,59;7 for steam data and Luu and Bergles

/ 60,61_7 for R=113 data. The advantage of the present correla-

tions is that one correlation for heat transfer and one corre-

lation for pressure drop could correlate two sets of data of

steam and R-113. Alsc, the proposed correlations bring about a

closer agreement between predictions and experimental data.
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CHAPTER IV
ANALYSIS OF CONDENSATICN HEAf TRANSFER INSIDE A
SEMI-CIRCULAR TUBE
INTRODUCTION

The problem of condensation heat transfer inside tubes is
difficult to analyse because of the complex nature of the
phenomena connected with phase changes. Moreover, there are no
adequately accurate methods to evaluate the pressure drop and
void fraction during phase changes in two-phase,diabati
systems. Because of such difficulties only a few attempts were
made in the past to analyse the problem of forced convection
condensation inside circular tubes.

Azer et al. £"70;7 analysed the problem assuming annular
flow with axi-symmetric liguid film surrounding the vapor core.
They used a modified Lockhart-Martinelli parameter / 104 7/,
obtained ircm the_experimental data of R-12, to compute two-
rhase friction pressure gradient and Zivi's equation 1795_7
for void fraction. They were successful in predicting the local
heat transfer coefficients during condensation of R-12 /104 /
and R-22 /105_7.

Bae et al. /68,105_7 and Traviss et al. / 72,106_7
analysed the problem as flow over a flat plate, thus neglecting
the curvature effects. Their analyses were mainly for the
refrigerants. Mzking use of the range of physical properties of
refrigerants, Traviss et al. 1772;7 introduced certain siapli-
fications so that the final heat transfer eguation can be used
in the design of condensers. They used Lockhart-Martinelli

/ 83_7 and Zivi /93 _7 correlations for frictional pressure
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drop and void fraction, respectively.

To the author's knowledge the analysis of the problem of
condensation inside semi-circular tubecs with twisted tape
inserts has never been attempted. It has been shown by Royal
and Bergles / 58,59 / and Luu and Bergles / 60,671_7 that the
use of twisted tape inserts augment the condensation heat
transfer. Royal and Bergles / 58,59 7 showed a definite effect
of twist ratio, (pitch of the tape per 180° rotation of tape/
inside diameter of the tube), on heat transfer. As the twist
ratio increases, the tape becomes straight and the flow inside
The tube will be similar to the flow inside semi-circular tubes.
As a sftarting point to the analysis of the problem of ccndensa-
tion inside a tube with a twisted tépe insert, the problem of
condensation inside a semi-circular tube is analysed in the

present study.

4.1 PHYSICAL MCDEL

Assuming that the modified Baker's flow regime map of
Soliman / 107_/ holds good for the semi-circular tube, it can
be shown that, for high velocity vapor flow, annular flow
exists over a major portion of the tube. Therefore, in the
present analysis annular flow model is assumed without any
liquid entrainment into the vapor core. A smooth interface is
assumed to exist between vapor and liquid phases. Therefore,
the model to be analysed is that of condensation inside a
semi-circular tube, where a continuous liquid film flows along
the semi=-circular boundary while the remaining straight
boundary is insulated,as shown in Fig (4-1). No liguid film

exists on the insulated surface. It is assumed that inertizl
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Fig (4=1) Schematic Diagram of Two-Phase, Annular Flow Model During-
Condensation Inside a Semi-Circular Tube with Axisymmetric

Liquid Film.
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and shear forces dominate the flow. The analysis is based on
the following assumptions: _ 7 7
1. The wvapor ?hase is at the saturation temperature and fhe
interfacial temperature drop.is negiigible.

2. The flat surface is assumed to be aqiabatic.

5. The flow is steady and one dimensional. The liquid and vapor
velocities are in the axial direction.

4. The liquid film is axi-symmetric. |

5. The liguid film is in;turbulent motion. von Karman velocity
profile is assumed to describe the ligquid film flow.

6. The static pressure is uniform at a given axial location.

7. The thermodynamic and transport properties of both phases
are assumed to be constant.

8. Eddy diffusivitigs for momentum and energy transfer are
assumed %o be equal for the liguid film.

9. Axial heat conduction in the liquid film is negligible.

4.2 MODEL DEVEIOPMENT -
The governing equations for momentum and energy transfer

in turbulent flow in the liquid film are:

. ] [dul (4=1)

T 2 =— [u, + p, € — L]
R e
| dt |

qQ i r-Kl + p‘l Cl SH ] "'d-"y" (4=2)

where
T = shear stress at a distance y from the wall

q = Dheat flux at y
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9 =  axial velocity of liguid at ¥
uy = dynamic viscosity of the liquid
= density of the liquid
ey = eddy diffusivity for momentum transfer
tg = eddy diffusivity for energy transfer
. = thermal conductivity of liguid
1 = specific heat of the liquid
g, = gravitational constant
and t = Temperature at y
To solve Egs (4=1) and (4=2) the shear stress and heat
flux distributions across the liquid film and the ratio of the
eddy diffusivities for momenfum and energy transfer need to be
determined.
In single phase turbulent flow, for fluids of Prandtl

nunber greater than unity, assuming that ¢, and eg are equal,

M
introduces little error in the computation of Nusselt number.
In the present analysis also it is assumed that € equals

eg for the liquid film.

Eqs (4=1) and (4=2) can be rewritten in dimensionless

form as:
. du¥
Uty o= (s gh) -t (4=3)
1 » at”®
ks 1 LY |
where
Ty = wall shear stress

heat flux at the wall

el
o
(]
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<
L}

kinematic viscosity of the ligquid film

1
Prl = Prandtl number of the ligquid film
wt o= W
;:
v = (Togc/gl)o°5
F v
+
J v
1 : v* (£t -t)
gnd =¥ Fl c; 0
9

Solving Eq (4=3) for gﬁ/vl and substituting the result in
Eq (4=4) yields

- - - L F
qo : Prl EE dy
; | d?+

The initial condition for this first order equation is:

(4=5)

t" = 0 at 3y = o0 (4-6)

Integration of Egqs (4-5) with the initial condition in
Eq (4-6) yields the dimensionless temperature drop across the
liquid film, t: .Using t;.the local Nusselt number can be
determined as will be shown in a latter section.

In order to integrate Eq (4-5) the following quantities
have to be determined.
1. The velocity distribution across the ligquid film
2. The shear stress distribution aércss the liquid film
5« The local liquid film thickness, and

4. The heat flux distribution across the ligquid fila.
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These distributions will be determined in the following
sections. |
4,21 THE VELOCITY DISTRIBUTICN ACROSS THE LIQUID FILM

von. Karman velocity profile yielded reasonable results
for Nusselt number in annular flow ccn@ensation Zf72,75,104,
105_/. The same velocity distribution is used in the present
analysis to describe the liquid film velocity distribution.

Qhe von Karman velocity profile is given by the following

equations:
u+ = y"' Q< y"' <'5
+ + ' +
u = =3.05+51ny S5<y <30 (4=7)
vt = s5+251myt Fhao

4.2.2 THE SHEAR STRESS DISTRIBUTION ACROSS THE LIQUID FILM
The shear stress distribution can be obtained by writing

the momentum equation for the liquid differential element at

a radius r from the tube axis as shown in Fig (4-2). Referring

to Pig (4-3) the momentum equation for the differential element

can be written as:

EMout — My, = IE, (4-8)

The momentum flux rate into the element is given by:

. g A
2 — 0 < "
IM; [ulwl - uidwl] (4=9)
8¢ Al
where
u; = velocity of the condensing particles leaving

the vapor core and entering the liquid film at
liquid=vapor interface.



dz

-3

76

—

\\\\\\\X\\\\\\\\\\\\\\\\\\\\

¥
Pipe Uall Liquid
— T
// Differential.

| /.- Liquid Element

Flow emm—— ~ Vapor Core
0 r

| ;——Hat Tape

'rrr7 s/
Fig - (4.2) Basic Co-ordinate System of Two - Phase

Annular Flow Model

Tube.

For The Semi - Circular



-
P

r

(v

' p + dp
‘ / 1 [uW+ d(u W
gcuzwz ‘=79_C e £.+ el

-

77

17
e

p,dp

= + 2
-8) | uy di,
2

I
;—t—-— Flat Tape

e Represents force
=S Represents Momentum

Fig '(

4-3) The Differential Liquid Element with

Forces and Momenta.



78

The momentum flux rate leaving the element is given by:

1 IAr + dAr]
c

+ dAl]

(4=10)

[Al

The sum of all the forces acting-in the axial direction

cn the liquid element is given by:

LF, = =4,dp - trrdz + 7 (r ~8)dz (4=11)
where
T, = interfacial shear stress
4 = local liquid film thickness

The areas A, and A; used in Egs (4=9) and (4=10) are

given by:
A, = é (22 - (z-9)2] (4=12)
Ay ™ é EI1-.«2 = (ro“@al _— (4=13)

Since ¢ is small compared to Ty neglecting higher

order terms, one can write as :

2
A [(I‘+/r°+) + 2 §+/r°+ -1 1
= = (4=14)
Also,
A+ dh. = X [22 < (o = (s+ ds) )31
T T 2 - 0
) (4=15)
amd Ay e dhy o= 2022 (x, - (5r @) )]

By assuming that the changes in the film thickness are

gradual and smooth, by neglecting higher order terms aad noting
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that d.(a_/ro) << Ca_/ro), it can be shown that:

A + dA A
L L = I (4=16)
Al+d.Al Al

Substitution of Egs (4=12), (4=13), (4=186), (4=~10)
and (4=11) into Eq (4=-8) yields:

'[(I‘+/r°+)2 + 2 ‘5+/ro+ - 11 [‘_1_(“1"’1) -y iﬁ }
ESc .E$+/r°+ ] dz
T 2 N2 ap
- -é- [r° - (ro- §) ]—;)— TRD + rvw(ro-s) (4=17)

Solving Eq (4=17) for v yields

+, +42 +, + : i
L LETEE 2872t -] [u_ iy _d_(ulffl)j
i
Zﬂrgc[ 5+/ro+ 1 dz dz

1 (ro-é)2 74dp (.= 3)

Sl (2 ., B (s
2 r dz o

Since
I=2,=T
P et - 2" (4=19)

and since (y*/r +)2 << 1 it can be shown that
)



80

T =

- & (o).
]

’rogc‘m '(y+/ro"). i dz ) dz

2 (d'p> s, 5 =7/, (= /)
/2.5 |

== -

(1‘5+/r;f) (1=7"/2o*)

| I
- _i-vr( /25" (4=20)
£
k1-y /r°+ﬂ
Soliman et al. / 66_/ assumed that
u; = By - (4=21)

Bae et al. / 105_7 obtained a relationship between 8 and §*
using a value for uy averaged, across the film thiclkness.They
used the von Karman velocity profile to find an average liguid
velocity and obtained three equations for 8 as a function &*
depending on the\valuea*'. An integrated average value of g
from their equations fors' values upto 500 is 1.38, Traviss et
al. /£ 106_/ used the same equations obtained by Bae et al.
£ 105 7. Azer et al. /707, Soliman et al. / 66_/ and Soliman
[f107;7 used a constant value of 1.25 for 8. In the present

analysis this constant value is used for g . Therefore

u; = 1.25 uy (4=22)

With the use of Eq (4-22), and Zivi's equation /93_7 for

void fraction, Eq (4-20) can be written as



-yT/ig" C G2 13 dx (1=x)
Ta_[.'13'/6_] _[.t ro( *:)]__ e
L1—y*/r°+1 2 clgc(ﬂ-wb) dz (1=%)
- 2/3 g
. P 2 \dz 0
[x + (1-x) (X 2/3]2 f |
.’l
_ot 1=t/ * 18t/ +
[ (1=7"/pg+) - (1=6"/2,") }_ Fey ( T ﬂ (4-23)
(1=3%/2,")  (1=7"/2 D) (1-Y+/rc+.)_‘ |
where
G, = tctal mass velocity
p = density
x = local quality
d¥
— = quality gradient
dz

p = void fradtion
The details of the derivation of Eq (4=23) from Eq (4-20)

are given in Appendix D.

4.2.2.1 THE INTERFACIAL SHEAR STRESS _
The wall shear stress, T, Can be obtained from Eg (4=-23)

as the shear stress at y* = O. Therefore,
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Gtaro(ﬂ-x)de (1=x)
. = --{ {- 0.75 +
0 2gigccﬂ-¢)ldz (1=%)
v.2/3
('B"‘) ‘ I‘ d 2
o b= —[1-(1-6/ +)°1]
2/392 f < o
[x + (1~x)(pv) }
+;fv(1d§+/r +) (4=24)

Q

Solving Eq (4=-24) for Tt interfacial shear stress can be

written as:

2
| x dp G ., (1-x)
Ty ® |:"o + = o (1 - (= /2o 2*1';150('1-@
=z ‘ c
| (oxy2/
(075 + 2 | - i K
! . + (1=9) & bl - /r°+)
(x+(1 x)( )2/3)
(4=25)

In order to calculate the interfacial shear stress, T
from Eq (4=-25), it is necessary to obtain the wall shear stress,

v+ and the local pressure gradient, (%% .

d
4.2.2.2 DETERMINATION OF PRESSURE GRADIENT, o= AND WALL SEEAR
STRESS, 1q.

Referring to Fig (4-4) the momentum equation can be

written for an elemental volume of radius r, and length dz,
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which includes both the vapor and the ligquid phases.

l‘l
LM - LM, = E: d[ulwl + uvwv]

= IF, (4=-26)

where subscript v refers to the vapor phase.

In the present analysis, it is assumed that the wall shear
stress, To? is uniform and equal around the circumference of
the semi-circular boundary and on the flat diametrical surface.
As a result, the summation of forces is given by:

—- 2

'EFZ = - 20 dp - 10r0(2 + T)dz (4=27)

From Eqs (4=-26) and (4-27) one can write:

2 1 2t
(__E.) - - — dlugiy +u W 1= —2 (14 2/7)  (4-28)

where
A is the crosgs-sectional area of the duct.

It was shown earlier that

dp dp dp
(...) B} (....> . <_.> (4-29)
dz dz/M dz/ TPF

where subscript M refers to momentum term and TPF refers to
two=-phase friction.
By comparing Egs (4-28) and (4-29), the momentum and

frictional terms of the pressure gradient can be separated as:
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&, L e i (4-30)
— & e — [WW UV 4-30
dz M Ag, dz 1L vy
and
dp aio
(=) 2 = (1 + 2/7) ' (4=31)
dz TPF ro .

The momentum pressure gradient-éan be written as:

dp 6,2 dx [__ 1), =, #¥(1-x)  x(1-¥) ]
8, (1=¥) Pg¥ P x(1=¥)  p_y(1-x) .

(4=32)

The derivation of Eq (4-32) is given in Appendix E.
Evaluation of momentum pressure gradient needs an equation for
local veid fraction. In the present analysis Zivi's equation

/93 7, as given by Eq (4=33), was used for void fraction.

) 1
¢y =

(4=33)
1+ (=) G551
L
There are several correlations available in the literature
£f85-88;7 to predict the frictional pressure gradients in two-
phase flow. As sihown in Chapter III the Dukler et al. / 86_7
predicted well the pressure drop data during condensation of
steam / 59_7 and R-113 /[ 61_7 with and without twisted tape

inserts.



86

The frictional pressure gradient correlation of Dukler
et al. / 86_/ described in section (3.2.2), was basically
developed for two-phase, two-component adiabatic flow and was
used with limited success for two-phase, one-component,diabatic
systems, specifically for condensation. What is needed for the
present analysis is a correlation capable 5f predicting press-
ure gradient in a semi-circular conduit during condensation.
Such a correlation does not exist at the present time. To
surmount this difficulty it was postulated that the two-phase
frictional pressure drop correlation of Dukler et al. / 86_/
developed for smooth tubes could be applied to the two-phase
fiow inside a semi-circular tube by replacing the tube inside
diameter by equivalent diameter of the semi-circular tube. In

such a case

De = D/(q42/m) (4=34)

In Eq (4-34) the equivalent diameter is defined as:

De =

flow cross=sectional area
4 x (4=35)

wetted perimetexr

In calculating flow cross-sectional area and wetted peri-
meter the thickness of the tape (flat surface in this case) was

neglected.

4,2.3 THE LIQUID FIIM TEICKNESS
Referring to Fig (4-5) and from the continuity equation

of the liquid layer, it can be shown that



Fig (4-5)
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Differential Liquid Element for Liquid Continuity

Equation.
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To
]

Wy = [ Tru, % dr (4=36)
(r,=38)

where
1]

Wl = liquid mass flow rate through the semi-
circular tube.

Eq (4=36) can be rewritten as:

2 &
2Wl\"'l . + +y t o+
Wy —== s (r,)7 -7 4y (4=37)
v* o
where wl = liquid mass flow rate through the entire
¢ross section.
Since
W= (1=xDW, (4=38)

Eq (4=37) becomes

éw.al ‘}12 ¢ + +
f (2. - 9O 'tdy (4=-39)
(1=x)7* o °

_Wt--"-’»

The determination of §& involves an iteration procedure.
In such a case the total mass flow rate, wt, condensing
DTeSSuUTe, P_,.» and local quality, x, need to be speciiied.
The properties Py and il’ can be determined corresponding to

P « V* and r0+ can be determined as discussed in previous

sat
sections. Since the velocity profile across the liquid film

 is described by Eq (4-7), the right hand side of Eq (4-39)
can be determined after numerically evaluating the integral
for an assumed value of §'. This value is then compared to
the votal mass flow rate, W.. If the agreement is not within
a prescribed limit a new value of §° is assumed and the right
hand side of Eq (4=~39) is determined. The procedure continues

until the error critericn for wt is met.
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4.2.4 THE HEAT FLUX DISTRIBUTION ACROSS THE LIQUID FIIM
By applying energy balance on an elemental volume of

liquid, as shown in Fig (4=6), one can write

" t + to " £t + tO
- = I’ e W
qrr + Wy Cl( > ta) q 1T dz + WGy ( > to)
i v+ to
+ d[chl(*T— - tO)J (4—40)
where
n

Wl = mass flow rate of liquid into the elemental

volume
q, = heat flux at the inside tube wall
t = temperature of liquid at a radius r
to = wall temperature
qQ = heat flux at a radius, r
Ty = tube inside radius
Gl = gpecific heat of saturated liquid

The energy balance in Eq (4-40) is based on the mean
enthalpy of the liquid in the elemental volume. Eq (4=40) can
be rewritten as:

1 d

1n -
— [W,C, (£t - £_)] (4=41)
2rrg dz 11 °

+

"lo?

q —
qO

t
The ratio wl/w _is equal to the ratio of respective flow

1
areas. Thus,
W [1 - (e/eed®]
—_— = — (4=ir2)

Wy [4 " (1_a/ro)2]
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By using Eqs (4-38) and (4-42) in Eq (4-41) it can be
written as:

W, Gy (1 = (2/2)°T & (1=x)(t=t,)

4= e

{ }
dz  [1 = (1=8/, * Y
Q

H IOH

q

9 2rrq
(4=43)

The derivative on the right hand side of Eq (4-43) can

be written as:

!

d [ (1-x) (&=t ) } (£ ~t) dx
— |2 o | - -
az | [1- (=6, ) ] [ - (*1—6/1.0)2],_ o
1=3 d (t-t
+ 1 o (5% + (1-x) (%=t )
(1 = (1=8/, )1 dz °
Q
2 ; . (4=a4t)
dz 1 = (1=8/, )=
o]

In the present analysis it is assumed that (t-to) is
independent of z. Therefore the second term on the right hand
side of Eq (4=44) can be eliminated. Also assuming that neglec-
ting the third term involves little error, Eq (4=44) can be

written as:

o ORI o |

s (4=45)
- = o
T b - s )0 8 )T

o)
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Since
T = r -7
o . ro+ _ y+

B S
r/ro =r /ro
75/ +)% << 1
To
and :

. 2
(67/, +) << 1
o

the heat flux equation can be expressed by:

q 1 W, C dxe
- . o= — 7P (5 -t) (4=46)
9 1~y /. +) 2mrq s dz
Q
Since
‘ “roa
Wy = Gy 5

Eq (4=43) can be rewritten as:

Q 1 G. T dx .
— = ra 7 1 + —i.% —— t+y+' ( 4_47 )
qq (1=77/, +) 40, V87| daz

0

Equating Egs (4-5) and (4-47) and rearranging the terms

results in,

EE: _ {1 + u‘t+y+} - (4-48)
v [1-7"/¢ 4 [—-—1 +...__(T/T°> = '1]
Fo PP *
1 Gbu /dyﬁ
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Where
G_ o 21
a = _?:'_0._'._. - (4-49)
4ﬁ1V*6 dz

The initial condition for (4-48) is given by

t¥ = 0 aty" = 0

Eq (4-48) is non-geparable,non-linear, first order,ordinary

differential equation which needs to be solved numerically.

4.2.5 IOCAL HEAT TRANSFER COEFFICIENT AND NUSSELT NUMBER

By the definition of local heat transfer coefficient

94
h = (4=50)
z (t =t ..)
o sat
where
t = saturation temperature

sat
+
From the definition of t% at 5 (that is ty )

(to*tsat) = (4=51)
Substituting Eq (4-51) into Eq (4=~50) the local heat transfer

can be written as:

n, = (4-52)

and Nusselt number is given by
h De y Cl V*De
K

- (4-53)
.

Nuz =
1
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or
Nu, = E:_Qg (4=54)
'altﬁ
where
&l = thermal diffusivity of the ligquid film
4.3 RESULTS AND DISCUSSION

The computational steps for determining local condensation
heat transfer coefficients inside the semi-circular tube under
consideration are summarized in Appendix F. To start with the
computational process, the length and inside diameter of the
semi-circular tube, D, the total mass velocity of condensing
fliudd, Gt’dzhe local quality x, and an assumption on quality
gradient, = need to be known. Witk such information, steps
1 through 16 in Appendix F can be executed. 87 in step 18 is
then determined through the iteration procedure outlined in
section(#.2.3) by using the velocity profile given in step 17.
Simpson's one-third rule was used for numerical integration.

8% was divided into 100 intervals. A difference of 0.0 lbm/hr,
between the total mass flow rate obtained by the integration
process of the right hand side of the equation in step 18 and
the actual total mass flow rate, wt, was selected as the
convergence criterion. To avoid the iteration process another
approach was developed to determine §*. In this approach s+

is expressed by:

6+ O.5

= 0.902 Re, O ZRe; < 30 (4=55)
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$* = 0.6133 Re, 0777 50 LRe 685  (4-56)

0.8284

§¥ = 0.121 Rey 685 < Re, < 23,000  (4=57)

1

where

Re =

1

G, (1-x) De} -

*i

The basis for the above equations is given in Appendix G.
Using these expressions caused no significant change in the
computed heat transfer coefficients determined using N
obtained by the iteration procedure.

Once §7 isg known, steps 19 and 20 can be executed. In step
21, the numerical itegration.was carried out using a Runge-
Kutta=-Gill scheme with 100 intervals for 6*. This step yields
the dimensionless temperature drop across the liquid film, tg )
which can be used in step 22 to determine the loczal heat
transfer coefficient and Nusselt number.

A computer program was written in FORTRAN language to
implement the above procedure on ITEL/ASS digital computer. 4
listing of the computer program is given in Appendix H. The
computation procedure begins for an initial quality of 0.99
since a value of 1.0 represents a singular point in the
analysis.

All thermodynamic and transport properties of the satura-
ted liquid and vapor of the condensing fluid were determined
at inlet saturation pressure from the references / 80,81 /.

The quality gradient was assumed to be equal to (-1/L). This

amounts to assuming a constant rate of cooling.
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The steps outlined in Appendix F can be used for computig
the local heat transfer coefficients inside a c¢ircular tube
during annular flow, with only three changes in the above
procedure. The first one is to replace the equivalent diameter,

D_, by the inside diameter of the tube, D, in all the equati-

e’
ons. The second change is to replace the expression for

To
in step 14 by the following expression:
T, (dp) ( )
v = - \— 4-59
® 2  \gz/TPF

The third change is to replace the non-dimensional film thick-
ness, 5+, equations for semi-circular tube, Egs (4=55) to
(4-58), by the equations for circular-tube. These equations

were developed by Traviss et al. / 106_/ and are given below:

§* = 0.7071 Re ©*? 0 SRe; < 50 (4-60)

§* . 0.4818 Re1°'585 50 < Re;, < 1125 (4-61)

s* = 0.095 Relo'812 1125 < Re, (4-62)
where

Re, = [Gt“"‘m] (4-63)

b1
To test the validity of the present analysis, which is
essentially an extension of the analysis of Abis / 104_7,
comparisons were made between its predictions and the experi-
mental measurements reported by Abis /104_7. Abis /104 7

reported the local heat tramsfer coefficients during conden-
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sation of R-12 inside a horizontal tube. Figs (4—7)_and (4=8)
show such comparisons for the parameters indicated in the
figures. The results show, qualitatively, that both analyti-
cally predicted values and experimental data show the same
trend. Quantitatively, near the entrace region of the tube,
where the quality is in the vicinity of 1.0, the analytical
predictions are lower than the experimental values. Downstream
from the entrance, where the lower quality flow occurs, the
analysis predicts local heat transfer coefficients higher
than the experimental values. This type of behaviour can be
attributed to the following reascns:

1. Near the entrance of the tube the presence of interfacial
waves and a thinner liquid film, with possible dry patches,
give rise to higher experimental heat transfer coeffici-
ents. These effects were neglected in the present analy-
sis. |

2. The present analysis assumes that annular flow exists
over the entire length of the condenser tube. At lower
qualities the flow pattern is either wavy or slug flow
in which the experimental heat transfer coefficients are
lower than in annular flow. This explains why the analysis
over-predicts the experimental data at lower gqualities.

3. The friction factors used in the present analysis to
calculate the frictional pressure gradients were origi-
nally developed for adiabatic, two-phase flow conditions.

It was shown by Iinehan et al. / 97_7 that condemsation

friction factors are higher than the two-phase flow,
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adiabatic values.

4, The assumption of constant quality is not true. The
knowledge of true quality gradient requires the knowledge
of the rate of cooling or condensing heat transfer coeffi-
cient, which is the quantity being sought from this
analysis.

Despite these uncertainities in the analysis the results
in Figs (4-=7) and (_1-%»-8) show that the disagreement between the
analysis and experiment is within +30%.

Comparisons were also made between the predicted mean
condensation heat transfer coefficients using the present
analysis for smooth tube and the experimental mean values
reported by Royal / 59_7 for steam and Luu / 61_7 for R-113.
The mean heat transfer coefficients in the present analysis
were deteﬁmined by averaging the local values as shown below:

Xin
F . 5 [ n, &« (4-64)

z
(xin-xout) x
out

Simpson's rule / 103_7 was used to evaluate the integral
in Eq (4-64). The results of these comparisons are shown in
Fig (4=9) for steam and Fig (4-10) for R-113. In gemeral, the
predicted values are higher than the experimental measurements.
The difference is within -50% for steam and within +15% and
-30% for R=113, In a few instances the experimental values
are higher than the predicted values for R-113. Despite the
uncertainities in the analysis, outlined earlier, the tendency

of the predictions te¢ be higher than the experimental data was
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anticipated. The reason for this is that the analysis is based
on the assumption of annular flow throughout the entire length
of tube. In reality annular flow occurs only in the upstream
section of the tube and is followed by wavy or slug flow toward
the downstream section. It is well known that the condensation
heat transfer coefficients are higher in annular flow regime
than in wavy or slug flow regimes.

For the sake of comparison, local heat transfer coeffi-
cients during condensation inside a semi-circular tube were
calculated using the present analysis for the same flow condi-
tions as in Pigs (4=7) and (4-8). Similar comparisous were
made for stéam and R=11%. The results are shown in Figs (4-11)
and (4=12). The results of these comparisons indicate that
local values for semi-circular tubes are lower than éircular
tubes. This can be explained in the following way:

According to Eq (4-52) the local heat transfer coefficient,
hz3 is directly proportional to the local shear velocity, V*,
and inversely proportional to the local non-dimensional
temperature drop across the liquid film, t; . The local shear
velocity, V*, is defined in terms of the local wall sheér
stress, which is dependent upon the local frictional pressure
drop. For the same flow conditioﬁs the local frictional press=-
ure gradient for semi-circular tube is higher than for circular
tube, according to Eq (3-33). However, it can be shown that

the shear wvelocity, V*, is directly proportional to the friction

factor, fo’ evaluated at two-phase Reynolds number, ReTP' Since

fo'is inversely proportional to ReTP and for a given set of
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flow conditions Repp is higher for semi-circular tube than for
circular tube, the shear velocity, V*, far semi-circular tube
is lower than for circular tube. According to numerical compu=
tations the dimensionless temperature drop is nearly constant
for circular and semi-circular tubes under same flow conditi-
onsf The combined effects of V* and t; on h, is,therefore,to
reduce its value over circular tube value.

No experimental data exist, at the preseat time, for
condensation heat transfer coefficients, local or mean, inside
semi=circular tubes. Thg only data cited in the literature
were for condensation inside tubes with twisted tape inserts
of finite twist ratio / 59,61_7. As the twist ratio increases,
the tape becomes flatter and for infinite twist ratio of the
tape the flow inside a tube with tape is similar to the flow
inside a semi~-circular tube. The swirl induced and the secon=-
dary effects due to the presence of a twisted tape insert of |
finite twist ratio in the tube increase the heat transfer
coefficients, local and mean, over the semi-circular tube
values; Therefore,it was originally assumed that the present
analysis for semi-circular tube yields a lower bound for heat
transfer coefficients. This means that all the experimentai
heat transfer data with twisted tapes of finite twist ratio
are higher than the predictions of semi-circular tube analysis
for the same flow conditions.

Figs (4=13) and (4=14) show comparisons between the mean
heat transfer coefficients during condensation of R-113 inside

a borizontal tube with twisted tape inserts, as reported by
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Luu /61_/, and the analytical predictions of the semi-circular
tube of present analysis. The predictions are lowerithan the
experimental data as it was originally'anticipated.ZDt is to
be recalled that an annular flow model was assumed for the
entire length of the semi-circular tube analysis. In reality
annular flow occurs only near the upstream section of the tube
and it eventually changes . to wavy or slug flow towards the
exit section. The overall effect should result in predicted
values for the mean heat transfer coefficients lower than the
- predictions shown in Figs (4-13) and (4-14). Inspite of the
fact that the predictions in these two comparisons are lower
| than‘the‘expérimental measurements, tﬁe assumption that the
present predictions represent a lower bound for experimental
data is not totally realistic. Unless the analysis takes into
account the changes in flow pattern it cannot .be considered
to represent the lower bound for the experimental measurements.
Figs (4;15) and (4=-16) show comparisons between the mean
heat transfer coefficients during condensation of steam inside
horizontal tubes with twisted tape inserts reported by Royal
[ 59_7 and the analytical predictioms of the semi-circular tube
of the present analysis. The results show that the predictions
are higher than the measurements. This trend is opposite to
the trend exhibited by the comparisons for R=113, Figs (4=13)
and (4-14), where the predictions are lower than the experimen-
tal data. The only explanation one can present for such inconsi-

stency in the analytical results is the fact that predictions

in Fig (4=15) and (4=16) do not necessarily represent a lower
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bound for the experimental data as discussed above.

4.4 SUMMARY

The analysis developed in the present study for annular
flow condensation inside horizontal semi-circular tubes was
used to predict local and mean heat trénsfer coefficients for
R-12, R-113 and steam. The analytical predictions for c¢ircular
tube for local heat transfer coefficients were within +30% for
R=12 inspite.of the uncertainities in flow regime assumption
and the correlations used in calculating local pressure
gradients. The circular tube analysis, in general, over-predic-
ted the mean heat transfer coefficients during condensation
of R=113 by 30% and by 50% for steam. This was in accordance
with what was expected. However, in a few instances, at low
mass velocities, the analysis under-predicted heat transfer
coefficients by 15% for R-113.

The analytical, local heat transfer coefficients for the
semi-circular tube were lower than the circular tube values
due to a lower shear velocity for semi-circular tube, under
the same flow conditions. The mean heat transfer ccefficients
from semi-circular tube analysis were lower than the experi-
mental values of R-113 with tapes of finite twist ratios. A

reversed behaviour was observed for steam condensation.

4.5 CONCLUSIONS
The analysis developed in this chapter for condensation
inside horizecntal semi-circular tubes represents the first

attempt ever made to tackle this problem. This problem
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represents the condensation inside a circular tuﬁe with a
twisted tape insert having an infinite twist ratio. The
analysis was based on assumptions that were not verified
experimentally. For example, the two-phase pressure drop
correlations for adiasbatic two-phase flow were used for calcu-
lating the local two-phase pressure gradients inside the semi-
circular tube by replacing the diameter by the equivalent
diameter. Also, void fraction correlations used for circular
tubes were assumed to apply to semi-circular tubes. In addi=-
tion annular flow pattern was‘assumed to exist along the
entire length of the semi-circular tube. Despite these uncer-
taiﬁities, the predictions of the analysis for condensation

of R-113 were lower than the experimental measurements as was
originally anticipated. However, this trend was reversed for
steam results. Reasonable explanations were given for such
behaviour. Until the reliability of the correlations used for
pressure gradients and void fractions is established, no claim
can be made about reliability of the analysis. When this is
accomplished, the effect of the twist ratio can be incorporated
as a modifier to the predicted heat transfer coefficients from
the analysis of the problem of condensation inside a semi-
circular tube. Such modifier should reflect the effect of
secondary flows which are produced by the swirl flow associa=-

ted with the twisted tape.
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CHAPTER V
RECOMMENDATIONS FCR FUTURE STUDY

In the present study an attempt was made to analyse the
problem of condensation inside a semi-¢ircular tube assuming
an annular flow model to exist along the entire length of
tube. This case approximates the case of condensation inside
a circular tube with a twisted tape iﬁsert having an infinite
twist ratioc or a tube with a flat tape insert of width equal
Ito the inside diameter of the tube. The approach followed in
the analysis was similar to the approach adopted in
~earlier studies in the analysis of annular flow condensation
inside circular tubes by Azer et al. /[ 70_/. In the present
analysis, the frictional pressure gradient and void fraction
correlations, originally developed for circular tube analysis,
were used also in the semi-circular tube analysis by replacing
the tube diameter, whenever it occurred in these correlatioans,
by the equivalent diameter of the semi-circular tube. Several
uncertainities about this approach were identified and outlined
in Chapter IV. Before the validity of this approach can be
evaluated certain problems related to in-tube condensation
need to be investigated. The following recommendations are
made for future studies.

1. None of the péesently available frictional pressure
gradient correlations are very accurate in their predic-
tions for condensaticn inside smecoth tubes. They were
originally developed for adiabatic, two-phase, two=-

component flow systsms where ths flow is fully developed.
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Even then specific correlations apply to specific flow
patterns and not 'to others. Due to the fact that during
condensation the flow pattern changes in the direction of
flow from the inertia controlled flow (annular) to gravity
controlled (wavy or slug) flow, no single frictional
pressure gradient correlation can be expected to success-
fully correlate the condensation data along the entire
condensation tube. Experimental pressure drop measurements
need to be taken during condensation under different flow
patterns and proper correlations need to be developed for
each pattern. Suchco;relationsneed to be tested .for
different fluids, tube diameters before their wvalidity

can be established.

Additional studies are needed to establish the criteria
for transition between the different flow patterns during
condensation inside horizontal tubes. During the past few
years flow pattern maps were developed for this purpose.
Their reliability in predicting flow pattern changes have
not yet been established. When this is accomplished, it is
possible to predict the changes that occur in the flow
patterns during condensation, for a given fluid with
specified flow parameters. It is then by dividing the tube
length into subsections where a specific flow pattern is
dominant, and by applying the proper frictional pressure
gradient correlation to that subsection, it will be possible
to predict the pressure drop.

Void fractions correlations are needed to calculate the
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pressure gradient due to momentum change, in the analysis
of condensation inside tubes. Most of the presently used
correlations are empiricalin nature and their applicability
to condensation has not been established. Different wvoid
fractions for different flow patterns are needed.

No realistic analysis of the problem of condensation inside
tubes with twisted tape inserts can be done without the
understanding of basic flow characteristics of the swirl
flow produced by the tapé. If such an analysis is to be
successful the flow pattern need to be observed, under-
stood, before the governing equations of the flow can be
formulated. Several questions need to be answered; For
example: What is a flow pattern? Can the swirl flow be
treated as homogeneous flow? How can a void fraction be
defined in such a case?

Until such questions are answered, it appears that the

approach followed in Chapter 3 in the development of pressure

drop and heat transfer correlations will be one to pursﬁe

until the desired correlations are found.
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NCMENCLATURE

NOTE: Any definition, for a symbol, given in the text of the
thesis over-rides the definition given in this section.

Symbol
A

Aps A

a
al
ayy 24
Bo
c

Cq,Cg,cq,c2
Co

Definition
Flow cross-=sectional area

Areas as defined in Egs (4-12) and
(4=13)

Flow acceleration
Thickness of tube wall
Gonstants in Eq (3=61)
Boiling number, Eq (3-5b)

Specific heat,or,
A constant

Constants in Eq (3-23)
Convection number, Eq (3=5c)
Inside diameter of the tube

Equivalent diameter

Pressure gradient

Force

Variable defined by Eqs (4=-27) to
(A-29) and (A-47)

Wall shear correction factor, Eq (3=53)

Tangential velocity correction factor,
Eq (3-50)

Tape fin effect correction factor,
Eq (3-52)

Friction factor

Froude number



Symbol

Ga

hfg
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Definition

Mass velocity

Acceleration due to gravity 32.2 ft/secz

' Gravitional constant

4.17 x 10% 1b_ £6/1b, hp?

Galileo number, Eq (A-=9)
Heat transfer coefficient

Latent heat of vaporisation,or
condensation

Thermal conductivity ,or,
Flow parameter, Eq (C-4)

Condenser tube length
Characteristic length

Parameter defined in Eq (A-30)

Momentum flux

A constant
A constant
Nusset number

Pressure ,0r,
A constant

Reduced Pressure ( = system pressure p/
critical pressure of condensing fluid)

Prandtl number
Volumetric flow rate

Heat Flux ,or,
A constant

Ratio of experimental mean heat transfer
coefficient with twisted tape insert to
the predicted mean heat transfer coeffi-
cient for smooth tube at the same flow



Symbol

Greek Symbols

a

a!t
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Definition
conditions, Eq (3-60)

Radius from tube axis ,or,
A constant

Wetted perimeter

A constant

Temperature

Velocity

Velocity

Mass flow rate
Lockhart-Martinelli parameter

quality ( = ratio of mass of vapor to
the total mass)

Twist ratio defined as theoratio of the
twisted tape pitch per 180° rotation of
tape helix to the inside diameter of the
tube '

Radial distance from the wall
Parameter defined in Egs (3-8) and (C=5)

Axial co-ordinate

Ratio of two-phase friction factor to
the single phase friction factor at two-
phase Reynolds number, Eg (3-34) ,or,
Thermal diffusivity

Parameter defined by Eq (4=49)

Ratio of two-phase density to no-slip
density ,or,

Ratio of velocity of condensing particles
entering the liguid phase to the mean
liquid film velocity, EZq (4-21) ,or,

A constant in Eqs (4-6) and (E=7)

A constant in Eq (C-13)



Symbol

by

Subscripts

a

ad
anal
c

cal
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Definition

Thickness of ligquid film (if there is
no subscript) ,or,

Thickness in general (if there is subs-
, cript)

Turbulent eddy diffusivity

Parameter defined in Eq (3-36)
Efficiency of tape as a fin
Inclination of tube axis to herizontal

Ratio of ligquid volumetric flow rate to
the total volumetric flow rate

Dynamic viscosity

Kinematic viscosity

Density

Shear stress

Ratio of local two-phase heat transfer
coefficient to superficial single phase
liquid heat transfer coefficient ,or,
Peripheral angle measured from the top
of the tube.

Lockhart-Martinelli parameter

Axial

Adiabatic

Analytical

condensation

predicted through correlaticn

Equivalent



Symbol
expt

out

sat

Er

1P7
tt

Definition
Experimental
Frictional
Energy
Interfacial
Inlet to the tube

Liquid alone flowing at total mass
flow rate

Liquid ,or,
Liquid phase alone flowing in the tube

Momentum

Mean ,or,
Two-phase mixture

No=-slip

Inside surface of the tube wall ,or,
Single phase

exit from the tube
Saturation condition

Total ,or,
Tangential

Two=-phase ,or,
Smooth tube

Two=phase frictional

Twisted tape ,or,
Turbulent=-turbulent

Vapor alone flowing at total mass flow
rate

Vapor ,or,
Vapor phase alone flowing in tube

Local ,or,
Axial

121
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Symbol Definition
§ At liquid-vapor interface ,or,
At a distance from wall
) Peripheral
Superscripts
- Mean

+ Non-dimensional guantity
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APPENDIX A

CORRELATIONS TO PREDICT HEAT TRANSFER COEFFICIENTS
IN SMOOTHE TUBE DURING CONDENSATION

1. Akers et al. correlation / 63_7/:

The mean heat transfer coefficient is given by:

G.D
A (41>

where

C = 0.0265 and n = 0.8

G D
for (-:’—)«5:»:10‘L
_l _ 0.5
Ge = Gt{ (1=x) + x (;;) } (A=2)

X = Arithmetic average of inlet and outlet
qualities. :

When Eqs (A-1) and (A-2) are applied to the eatire tube,
the mean quality, X, used in Eq (A=-2) is the arithmetic
average of inlet and outlet qualities. When Eqs (A-1) and (4A=-2)
are used to calculate local heat transfer coefficients, the
tube length is divided into a number of sections and the mean
quality, X, in Eq (A=-2) is the mean for tae section in question.
All properties are to te evaluated at saturation tempera-

ture.
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2. Rosson and Meyers correlation / 64 /:

The correlation is for local bheat transfer coefficients
which vary in peripheral direction. Making use of experimental
data, three different equations were de#eloped for local
(peripheral) heat transfer coefficients. The equations corres-
pond to: a. The top of the tube b. The bottom of the tube and
¢. The middle of the tube.

a. Top of the Tube: The local heat transfer coefficient is

independent of amount of vapor in the pipe and is given by:

3 o Ve :
e o 2 [ 0 Cams g 1022
D

(4=3)
Zx
K v 8t
where
hfg = latent heat of vaporisation
8t = fTemperature drop across the liquid film
¢
- N tsat - % )
c = constant which is a function of wvapor
Reynolds number
By using the experimental data C is given as:
C = 0.31 Re 02 (A=)
where
G_xD
w - 2]
v B

e

b. Bottom of the Tube: Using von Karman analogy between

nomentum and heat transfer the loczal heat Yransfer coefficient

at the bottom of the tube is given by:
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_ o.5656 4 Relo'5 KlJ

h (A=5)

Zs ¥ 1n(5Pr, +1)

| D {1+ = }

Fry
where
¢.. = Lockhart-Martinelli parameter wkose exact form
¥ depends _on the type of flow of liquid and
vapor / 83
Rel = G’tC1"x)I)
"1

¢. Middle of the Tube: TFrom thé experimental datza it was

cbserved that the local peripkeral heat transfer coefficient
decreases linearly with angle from the top to the bottcm where
it is constant. This linear relation may be defined by the
location of tkhe middle point, angle ?M’ and the slope at that
point. At_%m the local peripheral heat transfer coefficient is
an arithmetic average of the heat transfer coefficients at the

top and bottom.

Defirne
*y
B = e (.4.—6)

8 can be determined from the following equations:

_ (20 |
8 = 0,27 Rev

0.6 o 0.5
R =
for [ Sv Re; ]‘ 6.4 x 1072 (4=7)

Ga

[1.74 x 10™5¢4]

B =
(Rev Rel)ﬁtg
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0.6 0.5
Re Re
for [ ks L ] > 6.4 x 10”2 (A=8)

Ga

where the Galileo number, Ga, can be expressed as:

> _— ,
[D nl(o%;v)g] (4-9)
'u,

i

Ga =

Z,¢
using experimental data and was given by:

The slope of the straight line, b vS. ¢ , was correlated

S AN 12000 (4=10)
ds (Re 4T)+C

where 'AT is in degrees °p.

3. Boyko and Kruzhilin correlation / 65_7:
The mean heat transfer coefficient during condensation

inside a tube is given as:

QS
— 3y 05 r0
_ (0 /5_). £P°/0 )
hTP = 0.024 El ReLO's Pr10.45 [ m‘in m‘ out
D 2
(A=11)
k3
where ReL = Ff-
1
bl
°fog = 1w x (=== 1) (4-12)
v

When applied to the entire tube length the inlet and exit
qualities are to be used in Eq (A-12). When local heast transfer

coefficients are needed tkhe entire condenser length is divided

into a number of sections and the inlet and outlet gqualities
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dsed in Eq (A-12) are those of a particular section in ques-

tion. All properties are evaluated at saturation temperature.

4. Soliman et al. correlation /66 _/:

Using the Carpenter and Colburn / 62_/ equation Soliman
et al. [ 66_/ arrived at a relation for local heat transfer
coefficients through an analysis that derived equations for,
friction, momentum and gravity forces in two phase annular
flow. The local heat transfer equation is given by:

g 0.C.5

i 1 0.65 o 0.5
h, = 0.036 === Pr F

wiere the exponent 0.5 for F_ was retained from the Carpenter

o
and Colburn / 62_7 equation. The exponment 0.65 for the Prandtl
number and the coastant 0.036 in Eq (A-13) were obtained from
the experimental'data during condensation of several fluids.

Fo in Eq (A=13) is'given by

Fy = Fppp + By 2 Fg (A=14)
where
G, ° 0.2, 1.8, 0.0523 0.47
Prpp = 0.0225 5 Rey 57(—) - (=7
0.105
1 53( )0 « 261 + 8. ’!’!(-—-) (,]_x)O.‘BJ-l-
v

40- 86(_)0 522} (4-15)
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Re

Reynolds number assuming all the mass
is flowing vapor.

Gt D

Hy

2/3

G 2 dx Py !
F. = 0.25 - D— [2(1-x) G T+ (g

M [4 dz
(=) 7+ 2(1=x-B+3x) (%) 1 (4=16)

where

velocity with which the condensing particles
leave the vapor core

=
[}

liquid film average velocity

£l
1]

w
]

1.25 for turbulent liquid film
a 2.0 for laminar liquid film

2

G
F = 0.25—= [1= {1+ ( D5 (p Svy2/3,-1 (4-17)
g 5

where Froude number, Fr, is defined as:

e
Gy,
Tr = e (A=-18)
[aDnv(pl-Ov)']

g sin ¢ (A=19)

o
]

g = acceleration due to gravity

8 = angle of inclination of the tube axis
to the horizontal

In Eq (A-19) only absolute wvalue of sin has to be
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considered.

If the tube is horizontal %é-equals to ze:o. This correla-
tion can predict the onset of liquid runback in the presence
of an adverse gravitational field. This criterion can be

obtained by equating F. to zero. This amounts to setting wall

o)
shear stress to zero.

5. Azer et al. correlation / 67,70 7:

Analysing horizontal in-tube condensation for annular flow
conditions and using a modified Lockhart-=Martinelli parameter,
bips Azer et al. 1770_7 arrived at an equation for local heat

transfer ccefficient as given below.

By u P, 0.5 b
1 0.9 'S 1 0.9 N4
B = 0.153 == Pr. Re (—) (=) x —
# D L b Py tg
(4-20)
where
¢, = MNodified Lockhart-Martinelli parameter /[ 104_7
= 1+ 1.09 x.,.°°0%° (4-21)
P
tE x pl Mo
t; = 3.88 Pr, 0" (4.67-x) (4-22)
and
G.D
Rev = [—-L]
L's

The expression given for B in Eq (4-21) was developed

using R-12 data /104 7.
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6. Bae et al. correlation /68 7:
The local heat transfer coefficients can be calculated

from the following equation:

P, C, V*
h = i ‘ (4-23)
B
where
V* = friction velocity based on wall shear stress
- 0.5 ‘
= (79 gc/°l) (A=24)
A ,dp
o = - 3§ (Frer (4-25)
A = flow cross-sectional area
8 = wetted perimeter
dp
— in Eq (A-25) can be obtained by using Lockkart-
dz’ TPF

Martinelli correlation / 83 /. The Lockhert-Martinelli correla-

tion can be given by

5 ) .
(93) . oo G2 _o.e[ <18 4 5.0 (21,0.0523
@eer T 5 n
p ;
v
P, _
(1_x)0.94 x0.86 (Ef)0.522 J (4-26)

(= 5]

5 in Eq (A-23) is given by:

5 = § Pr, for 0 < §F &5 (4-27)

kxf
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5+
F2 = 5Prl + 51n {1 + Prl(?r»+ 1)}
for 5 < 67 < 30 (A=28)
( ) =2
F = 5Pr. + 51ln(1 + SPr +
2 1 1 10M 0.5
1 + }
+
Prlﬁ
i 10M Q.5 GOM 104 o.
2M -1 + (1 + 5 1 - (1 + ) ﬂ
Pr &+ §+ Pr. &7t
L 1 1
* 1n ﬁ -
10M )
) 0.5 60M 10M
24 =1 - (1 + - ) — -1 (1 —p 0.5
L L 1 Pry
for 30 < &7 (4-29)
M in =Zq (A=-29) is given by:
¥ §¥ v
g ow L (4=30)
To V*
where 2
d.P a o Gt dx
F,= - (——) e N N o
dz &e gcpv dz
1 o (1-x)(2=-8) Pv
[ ey F G = § ) — } (4-31)
(1= °1 g ‘

(1-9)>

[

The void fraction, s iz calculated using Zivi's expre-
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ssion /93_7 given in Appendix C by Eq (C-15). The second term
in Eq(4-31) is the gravity contribution to F_ and equals to

zero for horizontal tubes. For other orientations,

a = g sin e (4~32)

where
g = acceleration due to gravity
8 = tube axis inclination from horizontal
B in Eq (A=31) is the ratio of wvelocity condensate partic-
les at the interface, u;, to the average liquid velocity El'
B was obtained by Bae et al. /68 7 using Fig. (3) in that

reference.

dp
(-w> in Eq (A-31) is given by:

dz
‘dp dp / dp dp
<—> = <-—> + k—-}. + (—) (A-33)
dz dz/ TPF Ndz/M dz/g
where
dp
(r—> is calculated by using Eq (A-26)
dz/ TPF
dp
The momentum pressure gradient -— ., is given by:
dz M
dp 6.2 ax [ 0, /3
dz/M 8. %y dz - 1

p 2/5

+ (1-2x) (EE) - 2(1—x)(§f).l (4=34)
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The pressure gradient due to gravity is given by:

2

dp) A LY Py ; :
e = ———-T S - —_— = ) ! (A--as)
<dz g g, P DFT [ (pv) }k(9v ]

where Froude number, Fr, in Eg (i-55) is based on the total
flow and is given by:

(Gt/b )

a

where a is given by Eg (A-32) and is always taken as positive.
By using Eqs (A-34) to (A-36) and Eq (A-26), (%%) can be
calculated from Eq (A;55).
in this correlation 6% is calculated by'trial and error

from one of the following equations.

Re, = 2(§*)° for 0 < 8t < 5 (4-37)
Rey = 50 - 22.28" 4+ 20 6% 1n §*
for 5 < &Y < 30 (A-38)
and
Re; = =256 + 12 §* + 10 ¢ 1n st
for 30 < &t (A=39)
where
Re, = [Gt(ﬂ_XDD] (A=-40)
l H

1

Altermatly, Fig (4) of the reference / 63 7 can be used

to calculate §" by using Re; from Eq (A=40).
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7. Cavillini and Zecchin correlation /69,73 7:

Bp = 0.0‘5% ﬁeeo's ?rl°‘53 (a-41)
where
]-!v Ov -0- ' :
Re, = Rev(;i-) (-2—1) + Rey (A-42)
G_.xD
- Gt(1-x)D
Rel =
u

The mean equivalent Reynolds number §ee used in EZq (A-41)
is calculated using Eq (A-42) as an arithmetic aversge of
equivalent Reynclds number at inlet and exit of the tube. The
mean Prandtl ZTumber in Eq (A-#41) is the arithmetic mean of
inlst and exit Prandtl numbers each being determined at the

corresponding pressure.

8. Murthy and Sarma correlation / 71_7:
Using a homogeneous model for horizontal condemsation
inside the tubes Murthy arnd Sarma gave the following equation

for mean heat transfer coefficient:

N " hes . D
S = 16.3 (1 + Pry = )(~=) Cagit (A=43)
Fu | “st T



e

where
NuTP = mean condensation Nusselt number
defined as
EﬁP_D
D = inside diameter of the tube
Nuo = mean single phase Nusselt number given by:
ReL = Reynolds number assuming all the mass
is flowing as liquid
: 4Wt :
= --:r- _ (A=-45)
w
D 1 |
hfs = latent heat of condensation (or vaporisation)
Cl = specific heat of liguid '
At = temperature difference between saturated
vapor and tube wall
and L = length of condenser tube.

The ranges of applicability of Egs (A-43) and (A-44) are

as given below:
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9. Traviss, Rohsenow and Baron correlation 1772_7:

The local heat transfer correlation is given by:

0.9
Re Pr
- El e T | -1 ~0.47
h, = 0.15 (X~ + 2.85 X, %
(A~46)
where
Gt(ﬂ-x)D
Rel = [—-———]
u
I
X,y = Lockhart-Martinelli parameter
1-x 0.9 ¥y 0.5 P; 0.1
= (=) (=) (=)
X Ul ek ¢4
and |
F, = 0.707 Br, Re "’ O £Re, £ 50 (4-473)
2 *h 1 L il Ao
P, = SPr; + 5ln[1 + Pr,(0.09636 3910-585 -1y ]
50 < Re; = 1125 (A=475)
F, = SPr; + 5Im[1 + 5Pr;] + 2.5 1n(0.00313 Re,°-812)
a3 3 Ry (4-47¢)

Eqs (A-46) and (A-47) were derived for refrigerants in
annular flow inside a horizontal tube where both the phases
are in turbulent flow.

The mean heat transfer coefficient can be obtained from:

X
= >x[

"‘Iﬁ

(A-48)

TP (X Out
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10. Izumi et al. correlation / 74 7:

The mean heat transfer correlation is given by:

- 3 W 0.
Bpp = G4 Re > Pry 533 Por Re < 850 (A=49)
= 0.8 o.
Bpp = C, Re Pr 535 _ For 850 < Re (A-50)
where
Re = Re; (1= v ) (A-51) -
Rel = [ Gt("-x)D]
hl
X = mean quality

void fraction

1
; — (4-52)
[‘1 + ()5 ‘ﬁ
X 1
¢, = 0.16 pO-85
c, = 0.069 pP-85 (4-53)

where the nominal diameter, D, is expressed in millimeters.
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APPENDIX B
FRICTIONAL PRESSURE DROP CORRELATIONS FOR TWO PHASE FIOW

The correlations of Lockhart-Mertinelli / 83_/ and Dukler
et al. / 86_/ are described in section (3.2.2).
Hughmark correlation / 84 7/:

Through the use of lost work Hughmark gave the following

correlation for frictional pressure gradient in two-phase flow

2
dp Trp V2 Prp
— = (B=1)
dz/TPF Ech
where
V = velocity of homogeneous two-phase mixture
w 0 () * f_
- T pl o)
v
QTP = Two=-phase density.

The void fraction, ¢, is calculated by means of Hughmark

correlation /90 7 given in Appendix C.
0.085

. DV
Using ReTP(Ff) (

presented a family of curves using (fTP/fo) and the liquid

) as a parameter Hughmerk / 84 7/

volume fraction (1) as the coordinates. f,is the single phase
friction factor corresponding %o two-phase Reynolds number as

given below:

. (3-2)




and

Re

G.D

;ul(ﬂ-‘b) + uvw_}

0.043

o L ] 2
ReTP

150

(B=3)

(B=4)
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APPENDIX C
CORRELATIONS FOR TWO-FHASE VOID FRACTION

1. Lockhart-Martinelli correlation / 83_7:
The correlation was developed using the experlmental data
on two-phase, two=component systems through the use of the

following parameters:

,d d .
X = [(‘ﬁ) /(.f.) J°'5 (C=1)
dz/L,1 “AZLL,¥

where

dp
(-—) =  frictional pressure gradient assuming
dz/£,1 liquid alomne is flowing inside the pipe

dp
(-—) = fractlonal pressure gradient assuming
dz/f,v _ vapor alone zs flowing inside the pipe

It can be shown that Eq (C-1) is equivalent to:

m
Re C1 W, 2

¥ 1 p
X - = — (=) D (c=2)
Re Re,_ = Heynolds numbers assuming each one of

vp’ 1P tne phases is flowing alone in the pipe

m, n, Gy, C, = constants in the Fanning friction factor

- equation
c

f =
Red

For turbulent flow of both phases Eq (C=-2) reduces to:

Ty = (-;-) (;I) (== (C=3)
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The transition from laminar to turbulent flow for each
one of the phases was given by Lockhart and Martinelli ZT85;7
to correspond to Revp and Relp values between 1000 and 2C0C.
Once the type of flow, laminar or turbulent flow,in each
of the phases 1is determined X can be calculated from Eg

(C-2). The void fraction can then be determined from Fig (4)

of reference / 83_/ corresponding to the calculated, X.

2. Hughmark correlation / 90_7:
Following the single phase variable density model of

Bankoff ZTWO9;7 the void fraction can be written as:

] K
. C-it
(1=z) o, (-
(1 + . (—
- x °1

where X is a flow parameter.
Hughmark / 90_/ developed a correlation between K and

a parameter Z using experimental data. The parameter Z is

given by:
2e1/6 5.1/8 |
i = )\1/4 (C"’5)
where
G4D
Re = (C-6)
[('I-w)ul +r#uv]
72
Fr o= e (c=7)
gD
v = Homogeneous velocity of two phase mixture
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(1-x)
- ol —
1
acceleration due to gravity

x
+ — ] (c-8)
Py

am
]

liquid volume fraction

g

- - (C=9)
X
[1 N s
(q""X) pl

By using experimental data Hughmark £f9047 tabulated the
values of K and Z. The tabulated wvalues can be approximated by

the following expressions:

E = exp [-1f98 + 0,666 1ln Z + 2.635 (1n 2)2
4.5 (1n 2)° + 3.611 (1n 2)* - 1.148 (1a 2)°
+0.243 (1n 2)° 1 0 <2z 27 (c-10)
K = exp [~4.707 + 9.149 1n 2 - 7.817 (1la Z)°
+ 3.503 (1n 2)° - 0.861 (1n 2)* + 0.11 (1n 2)°
- 0.0058 (1n 2)° ] 7 <2 <130 (C=11)
K = 0.98 130 < 2 (C-12)

Calculation of void fraction using this correlation
involves an iteration process as the value of void fraction is
needed in Eq (C=-6). Assuming an initial value for void frac-

tion, y, Z can be calculated from Egs (C=5) to (C=9).
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Depending on the value of Z, K is calculated from Eqs (C=10)
to (C-12). Using the value of K in Eq (C=4) a new value of
void fraction, ¢ , is calculated. This procedure is repeated

until two successive values of ¢ are within an error criterion.

3. Baroczy correlation / 91_7/:

Using air-water and mercury-nitrogen hold up data Baroczy
showed that ratios of liquid and vapor densities and viscosi-
ties are also parameters in hold up correlation, in additiom
to Lockhart-Martinelli parameter, Eq (C=1). For turbulent £low
of both the phases, using Xtt as a parameter Baroczy presented
a family of curves plotted with hold up, (1-v), and (”l/"v)o‘a
(pv/ol)-as the co—ordinates.

Calculation procedure for void fracticn is summarised as
follows:

1. Calculate X ., using local quélity, from Eqg (C=3)
2. Calculate (“l/nv)o'2 (dv/nl)
3. Read hold up,;(1=¥), from Fig (3) of reference / 91_7/.
4. ¥ = 1 = (1-9)
Range of variables for this correlation are:

0.0 i'xtt £ 100

e 0,2 ¢
0.0001 = (=2) "S(=%) <1
Hep pl

4. Thom correlation / 92_7:
Using steam-water data Thom correlated local void fraction
through the use of a dimensionless slip factor, which is a

function of saturation pressure. The void fraction can be
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given by:

 m —— (c-13)
Ll [1 + x(Y-1)] B

where Y is the dimensionless slip factor.
Using the tabulated data for v and system saturation

pressure, Y,can be written as:

Y = 258.8 - 0.875 p (C-14)
4.7 < p £ 250

where p is in psia.

5. Zivi Correlation /93 _7/:

Formulating the kinetic energy in a steady,twb-phase flow
in a finite length of conduit in terms of void fraction and
aprlying the priaociple of.minimum entropy production, Zivi

could derive an expression for veid fraction as given below:

/‘
Y = (0-15)
{1 LU by 2/3}
L X pl -

The flow regime assumed was annular.

6. Turner-Wallis correlation / 94 7:

Turner and Wallis showed that two-phase two-component
void fraction data of Martinelli et al. / 110_7 can best be
described by:
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1

1 —

0.8
1 + Xtt

where Xtt is given by Eq (C=3).
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APPENDIX D
DERIVATION OF Eq (4-23)

The average liquid velocity and the liquid mass flow rate
at a given axial location can be written in terms of local

gquality and void fraction as given below:

(1-x) W
W o ow e— (D-1)
(1-¥) °,4
Wy = (1-x) W (D=2)
Therefore )
dw, (1-x)wt dx
ul — = = et e—— (D—B)
dz (1-¢)APl dz
and
a W2 4 (1-x)?
— () = = —¢ ) (D-4)
dz Ay dz (1-¥)

The void fraction given by Zivi's 1?93_7 expression is:

— 1
1= a/:
e S "]

By the use of Eq (D-5), it can be shown that:

2
-2(1=x) W dx (1=x)
= (u,W) =1 E -3 {1ema
iz (1-¥)a0, ¢ 2 (=9
(Pv/#)%/3

) (p-6)
[x + (1-x) (2)2/372
1
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Substituting Eqs (D-3) and (D-6) in the momentum change
term in Eq (4=20)

aw d | (1-x) wta dx
{125 gy == = - (ulwl) } 2 - —_—
dz dz (1—¢)Aol dz
. (q_x) (pv/pl)2/3
[ et v v 2/3 2]
(1-¥) {x + (1-x)(;x) }

1
| (D-7)
Substituting (D-7) into right hand side of Eg (4-20)

and rearranging terms,the first term on the right hand side

of Eq (4-23) is obtained.
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AFPPENDIX E
DERIVATION OF TWO-PHASE MOMENTUM PRESSURE GRADIENT
i *2 ( | W) E-1)
_—y = = e— u. W, + u -
(dz)M ‘ Ag, dz *d ¥ (
The local . phase velocities are given by:
Wt(q-X)
up = ——— (E-2a)
ElA(J‘-’Iﬁ.’)
and
g L X (E-2b)
L) o AY
The local mass flow rate for each phase is given by:
Wl = ('l-x)wt (E-3a)
Using Egs (E-2) and Eqs (E-3) in Eq (E-1)
(dp) G't2 d 1 (1-}:)2 1 x°
o R R Ry A e )
dz/M g, dz 1 (1-¥) g, Y
6,2 1 4 (1-x)®2 1 a4 z°
= -L = = 1 +— — (=) (B-2)
&, 91 dz (1=¥) Oy dz ¥
Now
d 2 2 dv
(1=-x) 2(1=x) §x (1=x) dv dx
= - - — + g = = (2-58)
dz [ (1-4) (1-9) dz  (1=9)7 dx dz

and



- (=) = il
dz b -

Substituting Eqs (E-5) into Eq (E-4)

2

(dp G~ dx 2(1=-x)
dz M ) g, dz ni(ﬂ-w)
(1~x)2 x2

dv

dx

‘
NE= 2
(1=¥)To, ¥

o]

v

dz

2% .
+ —+.
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(E-5b)

(E-6)

According to Butterworth / 108_7/ the void fraction can

in general be written as:

g

1+ T (TS

x 1

where 8, p, g, T and s are constants.

Let ‘ u
1=xq ,’v.r ,"1.S
$ = — e e
P (5% (7 D)
Therefore, _
g
Wo=
1T + ¢
Then
d i dv d¢
C dé dx
dyp 8
d9 (1 +4)2

and

(E-7)

(E-8)

(E-9)

(E-10)

(E=-11)
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de d J=X q [} r ul s
— = p— {(—)1 () (=)
P4 q_g.g=1 Py.T “l.s
= - Y =) )
;Z * Ay v
Therefore,
dé D - P u
ki o T . I i L AP S (E-12)
dx x(1-x) x Py My

Substituting Eqs(E-11) and (E=-12) into Eq (E-10) yields
e QP i
av  pa (EEGDHT ()P
— - L = v - (EB-13)
x(1=x) (1+4¢) '

Substituting Eqs (E-7) and (E-8) into Eq (E=-13) yields

dy _ v g , $
dx x(1=-x) 1 + ¢
Now
(1 +9¢ =8)
(1 =-%) = (E-15)
(1 +¢)
If B = 1 then,
]
(1 =-9) = (E-16)
| (1 + ¢)
Substituting Eq (E-16) into Eq (E-14) yields
dy vg (1=9)
—_ = E-1
= (E=-17)

x{1=x)
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Using Eq (E-17) in Eq (E-6)

dp : Gt2 dx ?2(1—x) 2x ¥ (1=x)
(=) = = % —[——— + —+ql———
dz M g, dz ‘Zﬂl(’l-l}!e) . olx("l-w)
(1= %)
- ———] (2-18)
pvw(ﬂ-x)

For g = 1, Eq (E-18) reduces to Eq (4-32)

Derivation of Eq (4-=32) from Zivi's Expression:

The void fraction expression of Zivi / 93_/ is given by:

' 1
v o= (E=19)

1+ (1F) (53]
X 3}

Comparing Egs (E-7) and (E-19) it can be shown that:

3=’l=p=q
r = 2/3
and s = 0

Now it will be shown that (4-32) can be derived using

Zivi's expression for void fraction, namely Eq (E-19).

Let
o = 1+ (25 (%3)2/5 (E-20)
1

Using Eq (E-20) the void fraction can be written as:
1

(1+4)

v = (E=21)
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Then
d v dv  d¢
i (E=22)
dx dé¢ dx
dv 1 -
—_— = — . (E=23)
dé (1 +9)

and
d¢ 1 Py 2/ 1=x 1 oo 2/3 :
—_— = - — = - ) (=) E-24
dx ;E (pl) ( x x(1-x) "1 ¢ )

1-x 1 Py 2/3

dv ( ) 1= (?")
S e e ) E (E-25)
o (1+ ¢‘)2

Using Egqs (E-20) and (E-21),Eq (E-25) can be rewritten as:

dav
- : (E~26)
dx x({1=x) (1+¢)
and ”
(1_4,) = (E—Q?)
(1 +4)
Using Eq (E-27) in Eq (E-26)
d P (1=1)
—" & (E-28)
dx x (1=x)
Using Eq (E-28) in Eq (E=6)
2
(EE), = - EE; EE =l1-%) + = + {1~
dz'M &, dz bl(q_w) p Y o z(1=9)
Rl (3-32)
pv¢(1-x)
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SUMMARY OF COMPUTATIONAL STEPS
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APPENDIX G
ALTERNATE APPROACH TO DETERMINE &

According to Traviss et al. / 106_/ the local superficial
Reynolds number can be defined, assuming liquid alone is

flowing, as follows:

Gt(ﬂ—x)De
Rey = ———— (&-1)
-1
since G = 4Wt/ED2 (G=2)
4wt(1~x) D
Re, = G
1 ulﬂDzi (6=3)

Neglecting the curvature effects, the liquid film flow
inside the pipe can be considered as flow past a flat plate
of width equals to the pipe circumférence. Considering an
elemental area ("D x dy), at a distance y from the surface of
the plate, the liguid continuity equation can be written as:

$

W, = ®Doe, é uq dy - (G=4)

Since,

Wy = Wy (1-x) (6-5)
Eq (G=4) can be rewritten as:

TD ul 8

E ;v gyt (G=6)
(1-x)

Substituting Eq (G-6) into Egq (G=3), it can be written
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that:
4p 8
Re; = —=2 J u' gy’ (6-7)
L D o

The integral in Eq (G=7) was evaluated using von Karman
velocity for the liquid film,: Eq (4—7); . The following

results were obtained for the superficial Reynolds number,

Rel:
2. Dg 4% 02 & <5 (G-8)
1 D
Re; = -~ [50 - 32.2 §* + 20 &7 1n §F1
D
5¢ 87 2 30 (G=9)
D, + + +
Re; = == [-256 + 1257 + 10 & 1n &7 ]
D

20< st (G=10)

Neglecting the area occupied by the flat tape and the
tape thickness the equivalent diameter, defined as four times

the hydraulic radius, can be written as:

D

—_— (G=11)
1+ 2/7)

Using (G-11) and (G=1) ¢7 can be obtained from Egs (G-8)
to (G=10) by iteration as they are non-linear. Or, Eq (G=8) to
(G=10) can be approximated by straight lines om a log-log
graph. Using Eq (G=11) and these piecewise curve fits &% can

be written as an explicit function of Re, as:
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5+

0.902 Re;""? O < Rey < 30 (4=55)

s+

0.6133 Re,""27%7 30 < Re, < 685 (4-56)

8% o 0.121 Relo'aza4 685 < Re; < 23,000  (4-57)

The error involved in calculating 8 using Egs (4-55) to
(4=57) and using Eqs (G=8) to (G=10) is less than 8%. The
error involved in calculating the heat transfer coefficient,
using Egqs (4=55) to (4-57) to calculate §% and using iteration
procedure to calculate §% as in section (4.2.3), was found to

be negligible.
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APPENDIX H
COMPUTER PROGRAM
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NE Q=1
PI=3.1415926
6GC=4.17312€E08
NY=2

DG 2 IY=1.aNY
READ 1000, NPWNX
FORMAT(2I5)

DO 1 I=1+NX
IF (I.EQ.1) G(Il=.99
IF (1.6E«2) Q(I)=la=(I-1)%a.1

CUNTINUE

DO 2 IP=1.NP
RE4D 1205, (TITLE{LI).I=1,22)
FORMAT(204A4) ’
READ 1000, NG
READ 1010, OsL+KL L Lo HFG
FORMAT{5F15.8)
READ 1010, TSAT.PSAT
READ 1010y RHOL.RHOV.UL»UVePRL
PRINT 5030, (TITLEl{I1)I=1.,20)
FGEMATILHL//33X.2084/ /)
PRINT 5005¢ LeDsTSAT«PSATPRLeKLHCL

FORMATL1O0X.'"PIPE LENGTH = 1 ,F5.2,1X."FT*2X.'PIPE DIA
eF5.301Xe *INCH®//710X%s "SATURATION TEMP = " yF 843+1LXs"F 45X

¢ ' SATURATION PRESSURE = ' ,FBa3,1X."PSIAY/ /10X,
"LIQUID PROPERTIES : PR NO = " ,,F8.%,2X,

YTHERMAL CONDUCTIVITY = V,FB.5, 1X«'BTU/FT HR F?+2X
TCL = " oF 741 X+"BTUL/LBM FV/)

PRINT 5010, RHOL<RACOV.ULUV.HFG
FURMAT (10X *DENSITIES {(LBM/FT %% 3) = LIQUID 3

Fl2.6¢2Xe "VAPCR 3 ' ,F12.6//10X,*VISCCSITIESILBM/FT 51

o BX e YLTQUID 3 VT4F15.92Xs "WAPGR 2 ",F15.9//10X,
YLATENT HEAT = "oF3 432X "BTU/LBNMY/)
UL=UL*3600.,
Uv=Uv*3600.
D=D/12.
RO=D/2.
ARFA=PI*RO%RD
DE=0/(1.+42./P1)
RATDEN=RHOV/RHUOL
DXBYDZI==1./1
DO 3 I=1.NX
LAMDACTI=1 o/ {1.+Q(1 )/ ({1a—0(1))*RATDEN))
RGITI}=1a/{1e4+ {1l —QUI)I*RATDEN%*.,6667/Q11))
RLITI=1.-RG(I)
CONTINUE
o0 2 IG=1 +NG
READ 1015s GT«HEXPTPOUT.PIN
FORMAT{4F10.3)
AT=GT*ARFA
DO 11 I=1.NX
X=0{(1}
Xl=1.—-X .
AL=LAMDAC(T)
AAL=1.-AL
V=RG(1)
VV=RLI(I1]}

LIQUID FILM THICKNESS

REL=GT*XL*DE/UL
iF  (REL-30.) 4eb,5

»
-
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DEL=.902%SO0RTI{REL)

GO TO &
IF (REL-685.) 38,9
DEL=eb6133%REL*%,5G07

GG TO &
DEL=,121%REL*%, 8284
DTAPLS{I)=DEL
STEP=DEL/FLOATI( N&)

PRESSURE GRADIENTS

RHONS=RHOL*AL+RHOV* AAL

UNS=UL*RAL+UVHAAL

RENS=4%wT/(PI*DE*JNS)

RETA={FHOL*AL*AL/ VV+RHOV*AALXAAL/ VI /RHBINS

RFETP=RENS*BETA

A==ALGGUAL)

ALPHA=1 «0+A/(1.281-0.4T8%A+0 .44 4% A% A-0.094*%A**3+0.00843%
A¥%4)

F0=.0014+.125/(RETP*%.32)
DPFLI)==2.%GT*GT*FO*ALPHA*BETA/ {GC¥DE*RHONS)
DPMIT)I==GT*GT*OXBYDZ/GC*(—2.%XL/(RHOL*VV)+2.%X/ [RHOV*V) +
VEXL/URHOL ¥X*VV ) =X*VV/ [RHOV*V*XL ) )

DP{I)=DPF{I)+DPM{ 1)

oDP=DPLL)

CALCULATION GF SHEAR STRESSES

TOUNOTUI )==5%RO*¥DPF(I)/{1la+2./P1)
TO=TOUNGT (1)

VSTARIT }=SORTIT0*GC/RHOL)
VVSTAR=VSTARI(I)
ROPLUS=RO*VVSTAR¥RHCL/UL
RP(I)Y=ROPLUS ’
DELTA(I)=DEL*UL/(VVSTAR%RHOL}
Al=1.-DEL/ROPLUS
42=TO+.5%RO*DIDP*(1.-A1%Al1)
AJ=RO*GTH*GT* XL¥DXBYDZ /(2. ¥RHOL*=GC*VV)
abG=X+XL¥RATDEN*¥*,66E7
L5==oT75+X1l *RATDEN** .6 657/ {VV*A4%A4)
TOUVII)=(A2+A3%A5) /Al

T¥=TOUV I}

RGDEF{T)=A1%*Al

CALCULATION OF T DELTA +

ALFA=GT*RO*DXBYDZ /L 4. *RHCL*VVSTAR*DEL)
TPLUSI1 )=0.
YPLUS=0.
RAl1)=0.

DG 10 KRKG=1.N4
CALL RKG INEQ.STEP,YPLUS.TPLLS.DY.QQ)
TOPLUSITINI=TPLUS (1)
H{IT)=RHOL*CL*VVSTAR/TCPLUSI(I)
NUTT)I=HL{I)*DE/KL

CONTINUE
RE=GT=®DE/UL
CALL asF (Dl eHaZZsNX)
HTP=ZZ2INX) /{1.-CINX))
KAT I0=HEXPT/HTP
FRRUOR=100.% (HEXPT-HTP)/HEXPT
AVNU=HTP%DE /KL
EXPTNU=HEXPT*DE/KL
PRINT 5020
FORMAT{ /730K PKESSURE GRADIENTS*//10X.* QUALITY? 410X,
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ITOTAL PRESSURE GRADY// 30X 'LBF/FTH%2/FTY 417X
VIBF/ET#%2/FTY o LT XK "LBF/FT*%2/FT /)
PRINT 5025 (QC13 UPF(I)DPMLI)OPLI) oI=14iX)
FURMAT{ 10X s FTe5015XsF15.6513XaF15.6412X,F15.6)
PRINT 5030
FORMATU/Z/7/7730X, ' walll & INTERFACTAL SHEAR STRESSES'//10X
eTCUALITY ' s 10X, *WALL SHEAR STRESS 'y 10X,
'INTERFACIAL SHEAR STRESS (TOUV) ! ,5X.*SHEAR VELOCITY,.7X
eTRD PLUSY//32X'LBF/FT#%21 18X VLBF/FT#%21 ,25X, 'FT/HR!
77)
PRINT 5035, (QUT),TCUNOT(I}»TOUVII) +VSTARLI) JRPLIDeI=L,
NX )
FORMATIIOX oF Te 5 sl 99X sF 126 15K eFl2 .6 420XeFl3 %G XFlla21
PRINT 5040
FORMATIIHL/ /10X o3 CUALITY ', 12X« ' VOIL FRACTIGN' 214X,
YHOLD UPYL 10X« 'LAMDAY W10X,,'VOID FRACTICN BY DEFINITION!
i)
PRINT 5045+ (Q01)+RGII),RLITI)LAMECALT)WRGDEF{I)sI=L4NX])
FORMAT L IOX oF T7aB501 65X eF 6269 15X oFBat ol OXFBabs10XeFBub)
PRINT 5050
FORMATI//Z10X.'QUALITY 10X, NCN-DIMENS ICNAL TEMP DROP',
22X« ' (T DELTA +)'//)
PRINT 5055, (QU1).TLCPLUSH{I),I=1,NX)
FORMAT( 10X+ F7.5.10X.F12.6}
PRINT 5060
FORMATI J/10X v GUALITY ' y5X,"DELTA? »10X, 'DELTA +1, 10X,
' H T COEFFICENT? ¢5Xe "NUSSELT NUMBERY/ /24X 'FT? 428X,
1ATU/FT %% 2 HR F'/ /)
PRINT 5065, {D(1)JDELTALI)»DTAPLS(I) «HII) oNUEL) «I=1,NX)
FORMATI 10X 1F7e5e5XeF10e8e5XeFTe4+8X2F15.4+4X,F15.5)
PRINT 5070s HTPAVNU+sHEXPT+EXPTNU,ERRGR.RATIO,GT+RE
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SXs "EXPT NUSSELT NUMBER = F,F10.4//13Xs"% ERRORK = ', Féal
vSXe"RATIO OF EXPT HT COEFFUTAPE) TO THE ANALYTICAL HT !
oVLOEFFICENT = 1.FT74//10X+'MASS VELOCITY = " sFd8s.l42Xs
VLBM/FT #% 2 HRY//1OX."REYNULDS NUMBER BASED ON UL & GT!
o1 = ' ,FB.1)
PRINT 5075
FORMATI1HL)

CONTINUE

STOP

END :
SUBRDOUTINF RKG (NEQsHeXsY+DY ,C)
LDIMFNSION a(2)
DIMENSIGN  YINES) «DYINEQ) WCINEQ)
AlL)=D.292893218813452475
A{2)=1.70710678118654752
H2 = o 5%H
CALL DER IV (NEQ +X+Y2DY)

00 1 I=1,NEQ
B=H2¥DY{1)-0(1)
Yil)=Y(1)+B
QUIN=G(IY+3.%B=H220Y( )
X=X+H2

DO 2 J=1,2
Cail DERIV {NEQ+X Y +DY)

DU 2 1(=1.NEQ
B=A{Jd)x{HEDY (1)}=-0(1))
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Yili=Y{][)+B
Q{I)=0(1)+3.%3=al(J) **x0Y( 1}
X=X+H2

CAalL DER IV INEQ ¢ X oY DY)

00 3  I=1l.NEQ
B=0.106666680606L60L60066% [HXDY{I)=2..%Q01))
Y(I)=Y(1)+B
T I=Q(1)+3.%R-H2%DY( I)

RETURN
END
SUBROUTINE DERTV {NEC.X.¥Y, DY)
CGMMON AlsA3+A5ALFADNDPDEL »PRLeRIJROPLUSTOHTV

DIMENSION ODY{NEQ}«Y{NEQ)
A61X)=1.-X/ROPLUS
AT{X)={1l.-X/DEL)/ABIX)
SHEARIX I={-A3%AS% AT [X )= 5*RO*DDP:(A1*(A6{X)/AL-AL/AG6(X))
J+TVHEAT/AG(X))/TO
IF (X.LT«5.) DUDY=1l.
IF (XeGEa9eeANDeXalEZ30.) DUIY=XS/5.
IF ([ XaGT304) DUDY=X/2.5
DY(1)=(1a+ALFA®XXY (1) )/ (AOGIX)#{ 1. /PRL+SHEAR X1*0UDY—14))
RETURN
END
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ABSTRACT

The success of twisted tape inserts in augmenting the
heat transfer in single phase flow and boiling inside tubes
has lead recently to their use in augmenting in-tube conden-
sation. No single heat transfer or pressure drop correlations
are available at the present time to correlate the existing
experimental data on condensation inside tubes with twisted
tape inserts. The objective of this study was to develop such
correlations.

To achieve this objective, two different approaches
were attempted. In the first approach a suitable heat trans-
fer correlation was identified, among the existing smooth
tube correlations, which correlates both the steam and R-113
condensation data that were reported récently in the litera-
ture. Modifiers were applied to the chosen smooth tube heat
transfer correlation to bring about the best agreement
between the predicted and the existing experimental conden-
sation data in tubes with twisted tape inserts. Similar
procedure was followed to develop the pressure drop correla-
tion,

The sécond approach was analytical in nature in which
the analogy between momentum and heat transfer in the conden-
4 sate liquid film was used. The model analysed was that of
condensation inside a semi-circular tube where a continuous
condsrsate film flows aleng the semi-circular boundary while
the remaining streight boundary is insulated and no conden-

sation occurs on it. This model represents the limiting case



of a twisted tape insert with an infinite twist ratio. This
analysis was based on the assumption that the pressure drop
correlations applicable to circular (smooth) tube condensa-
tion are also applicable to condensation inside semi=circular
tubes by replacing the tube diameter by the semi-circular
tube equivalent diameter. This is the'first attempt ever made
to analyse such a problem. No experimental data exist in the
literature at the present time for the verification of the
model analysed. However, a few comparisons were_made between
the heat transfer coefficients predicted by the analysis

and existing experimental data of condensation inside tubes
with twisted tape inserts having finite twist ratios. The
reliability of the analytidal predictions could not be
gstablished because of various uncertainities in the analy-
sis. Therefore, no attempt was made to modify the analysis

to account for the effect of twist ratio on heat transfer.



